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Abstract

For solid fuels, thermochemical conversion processes such as combustion and gasification are
especially suitable to be carried out in fluidized bed units because of the relatively high mixing
rates, fuel flexibility and the possibility to use active bed material to enhance process
efficiency. Mixing of fuel is important to ensure complete conversion and reduced emissions
of unburnt material. Furthermore, mixing of the bulk material has its importance in that it
governs the variations of the temperature field across the bed. Thus, in order to optimize the
operation of existing units and the design of new units, there is a need to understand and
guantify solids mixing.

Despite solids mixing in fluidized beds having been investigated for several decades, there is
still lack of knowledge in the area. Acommon approach is to quantify mixing using a dispersion
coefficient. However, values for the dispersion coefficients published in literature are
scattered over several orders of magnitude and have often been derived from small units
operated at ambient conditions, i.e. are not representative for industrial scale fluidized beds.

In the present work methods are presented to evaluate lateral mixing for both the bulk solids
and fuel particles and vertical mixing of fuel. The experimental work is conducted in fluid-
dynamically downscaled units and a large-scale unit, i.e.the results are relevant for
commercial conditions. A novel 3-dimensional particle tracking system based on anisotropic
magneto resistance sensors has been implemented which provides detailed information
about flow structures of the solids found within the bed. Furthermore a novel camera probe
has been used to enable tracking of several fuel particles in an industrial scale bed operated
at elevated temperature.

The lateral dispersion coefficients for bulk solids obtained in the present work are two orders
of magnitude larger than what has been published in literature previously, which is explained
by the application of fluid dynamic scaling to study large-scale units. Since wall effects are of



less importance in large scale equipment the data provided in the present work is of more
relevance to industrial units than previous data found in literature. Values of the lateral
dispersion coefficients obtained for fuel particles in fluid-dynamically downscaled units in this
work are of the same order of magnitude as data obtained in industrial scaled equipment
operating at elevated temperatures. This shows that application of fluid-dynamic downscaling
can be applied to predict fuel mixing in large scale fluidized beds.

Lateral solids dispersion is generally found to increase with fluidization velocity and bed
height, with an enhanced effect for beds with a gas distributor providing a high pressure drop.
The presence of a continuous flow of bulk solids across the fluidized bed is found to create a
convective contribution to solids mixing which fuel particles are found to follow to different
extents. Mathematical models are applied to account for such convective flow of bulk and fuel
particles. Furthermore this continuous flow of bulk solids is found to decrease the vertical
segregation of fuel particles in an industrial scale fluidized bed.

Keywords: Solids mixing, lateral dispersion, fluid-dynamic scaling, solids cross-flow
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1 Introduction

Thermal conversion processes of solid fuels, such as combustion and gasification, are suitable
to be carried out in fluidized beds due to the relatively high mixing rates and fuel flexibility of
these units. Fluidized beds can be classified as either bubbling or circulating depending on the
velocity of the gas that is fed into the bed in relation to the terminal velocity of the particles;
a circulating bed requires auxiliary equipment to separate and recirculate the bed solids.
Bubbling fluidized beds are used in small- and medium-scale boilers for combined heat and
power (CHP) applications [1] and in large gasifiers [2-5], whereas circulating fluidized beds are
employed in both medium-sized CHP and large power boilers (up to several hundreds of MWqj)
[1]. In the fluidized beds used for solid-fuel conversion, the solids can be divided into at least
two types: bed material (also called bulk solids); and fuel particles. Other solids may be added
as needed, e.g., limestone for sulfur capture when burning high-sulfur coal. Fuel particles,
which are typically coarser, lighter, and have more irregular shapes than the inert bed material
(make-up material or bed ash), usually constitute a mass fraction of <5%.

Fluidized beds are capable of handling several fuel types, and in recent years, in large part due
to the need to reduce anthropogenic CO; emissions, research has focused on the use of
biomass and waste products. Compared to fossil fuels such as coal, these fuels are
characterized by high contents of moisture and volatile compounds, which are characterized
by their fast release rates. Thus, the lateral mixing of the fuel is a key parameter that needs to
be controlled, so as to improve the performance profiles of fluidized bed boilers and gasifiers.

In boilers, sufficiently fast lateral mixing is required to minimize the number of fuel feeding
ports and to ensure even fuel distribution over the entire bed cross-section [6]. Too slow
lateral mixing of the fuel may result in maldistribution of the volatiles, with the consequence
of emissions of unburnt volatile matter and the promotion of hot-spots within the boiler [7].
To counteract this, one must apply higher air-to-fuel ratios, which reduce boiler performance
and increase the operational and capital costs related to fan power and flue gas cleaning.

For fluidized bed indirect gasifiers (so-called ‘allothermal gasifiers’), which are connected to a
combustor that generates the heat needed for the endothermic gasification reactions [2, 3],
lateral mixing of fuel has to be maintained at a moderate level to allow the fuel sufficient time
to become gasified (which is a slower conversion process than combustion [8]). Thus, an
increase in lateral mixing results in an increased loss of char from the gasifier to the connected
boiler, where it is combusted [2].

Regarding mixing in the vertical direction, fluidized bed boilers and gasifiers at the commercial
scale have large cross-sectional bed areas and are operated with a low bed aspect ratio
(height-to-width ratio of the dense bed) [9], which makes solids mixing in the axial direction

less critical than mixing in the lateral direction in the dense bed [10]. The fuel and bed material
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are affected to different extents by the action of the rising bubbles owing to differences in
their physical properties (i.e., size, shape, and density). It was first described by Rowe et al.
[11] that lighter particles (flotsam) are preferentially dragged upwards by the bubbles, while
the denser material (jetsam) tends to sink to the bottom of the bed. In the case of fuel
particles, the difference in density between the bed material and the fuel may lead to
segregation, i.e., a lack of vertical mixing [12, 13]. The rapid release of volatiles from the fuel
may induce so-called ‘endogenous bubbles’ and amplify the floating behavior of the fuel
particles [14, 15].

While several studies of solids mixing in fluidized beds have been conducted, data relevant to
industrial-scale beds operated at elevated temperatures are scarce. Furthermore, in dual
fluidized bed (DFB) systems, an additional mixing phenomenon induced by the solids cross-
flow is introduced, which has not previously been investigated. In the present work,
experimental data for industrial-scale fluidized beds are presented and simplified models for
describing the solids mixing are presented and validated.

1.1 Aim

The aim of this work is to achieve a quantitative understanding of the mixing of solids, i.e., the
bed material and fuel particles, in the dense bottom region of fluidized beds, in order to
improve the rate of conversion of fuel in combustion and gasification applications. The work
is mainly experimental, with measurements conducted in three fluid-dynamically downscaled
cold flow models and in an industrial-scale indirect gasifier operated at high temperature. In
addition, mathematical models for the lateral mixing of fuel are formulated and validated
using the obtained experimental data.

The six papers of this thesis describe studies in which different measurement methods has
been applied, as schematized in Figure 1. The investigations in Papers |-V are conducted at
cold flow conditions using fluid-dynamic downscaling, while Paper VI uses measurements of
the fuel mixing at high temperature. A summary of the topic covered in each paper is given
below:

Paper | presents an investigation of the lateral mixing of bulk solids in bubbling fluidized beds
without any solids cross-flow, i.e., stationary beds. The effects of different operational
parameters and the gas distributor are studied.

Paper Il evaluates the relationship between the lateral mixing of the bed material and the
different fuel types. A cold flow model of a stationary bubbling fluidized bed is used in which
the fuel particles are tracked using a video camera that records the motion of the fuel particle
on the surface of the bed.



Paper lll introduces a novel particle tracking method that is based on magnetism, which allows
for 3-dimensional particle tracking in a fluid-dynamically downscaled bed. This method
provides information about particle trajectory and rotation with high spatial and temporal
resolutions.

Paper IV applies the method developed in Paper lll to obtain a deeper understanding of flow
structures in a 3-dimensional bed. The presence of mixing cells in a 3-dimensional bed is
shown, and the influence of the gas distributor characteristics on the particle concentration
within the bed is investigated.

Paper V investigates the mixing of fuel particles in a DFB system by sampling the residence
time distributions of batches of fluid-dynamically downscaled fuel particles. In systems of
interconnected beds, there exists a continuous flow of bulk solids between the reactors, which
represents an additional mixing mechanism. This paper explores the possibility of applying
simplified mathematical models to describe this mechanism.

Paper VI uses a video camera to investigate the lateral mixing and vertical segregation of the
fuel particles in an industrial-scale fluidized bed that is operated at high temperature. The
influence of cross-flow (discussed in Paper V) is also investigated.

Cold conditions: Hot conditions:

B
‘IJ Paper I: Tracer sampling
k
Paper IlI: Optical (without cross-flow)
F ;
u Paper lll: 3D tracking (development) Paper VI: Optical (with cross-flow)
e
I Paper IV: 3D tracking (applied)
Paper V: Tracer sampling (with cross-flow)

Figure 1: The order and contents of the papers included in the thesis.



2 Background

Solids mixing in fluidized beds has been investigated for several decades (see the review of
Breault [16]). In spite of this, there remains a lack of knowledge in this area, mainly because
of the difficulties associated with performing measurements in large-scale fluidized beds and
the fact that numerical simulations are too computationally expensive to provide a detailed
understanding of the mixing phenomena. Here follows a summary of the literature, which
includes both experimental investigations and theoretical studies.

2.1  Previous experimental work on solids mixing

The experimental work conducted on solids mixing has looked at either the bulk bed material
[17-30] or larger and lighter particles, which can be taken as representative of fuel particles
[31-50]. Furthermore, the experimental apparatuses used in previous studies have varied in
terms of size (mostly at the laboratory scale but some works at a larger scale [37, 51]),
geometry (narrow tubes, wider pseudo-2-dimesional units or 3-dimensional beds), and
operational conditions (cold or hot). An alternative to conducting experiments in industrial-
sized units is to apply fluid-dynamic downscaling (see Section 3). Fluid-dynamic downscaling
is a validated [45, 52-54] and convenient way for obtaining under cold flow conditions results
that are quantitatively representative of large-scale beds operated under hot conditions.

Figure 2 outlines the influences of bed geometry and fluid-dynamic scaling on the lateral
mixing of bed materials. The values for the lateral dispersion coefficients obtained in pseudo-
2-dimensional beds are typically lower than the values obtained in 3-dimensional beds (both
cold flow and downscaled), most likely as a consequence to the confined flow expected in
pseudo-2-dimensional beds. When fluid-dynamic downscaling is applied, the coefficients for
lateral dispersion are found to be larger than those for non-fluid-dynamically scaled 3-
dimensional cold flow beds under comparable operational conditions. Thus, while studies
conducted using pseudo-2-dimensional units and non-scaled 3-dimensional units can yield
useful qualitative knowledge about solids mixing, there is a need for quantitatively valuable
knowledge, which can be acquired by measuring in either large-scale beds or fluid-dynamically
scaled units (to the authors’ knowledge, there are no available data regarding bed material
dispersion in industrial-sized equipment at high temperature).

In Paper I, it is proven for the first time that fluid-dynamic downscaling applies to the mixing
of fuel particles, which supplements the previously verified scaling of the mixing of bed
material. A comparison of the lateral dispersion coefficients for solids, including fuel particles,
is described in Section 7.
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Figure 2: Lateral dispersion coefficients for bed material obtained for various arrangements of the
experimental apparatus. Data taken from [18, 24, 26-28, 30].

Evaluation of the mixing of the bed material in the bottom region of an industrial unit is
challenging. Bed material mixing is evaluated by either sampling batches of a tracer substance
or tracking a single bed material particle. Batch sampling involves the collection of samples
from a hot bed, which is difficult and time-consuming and cannot be easily executed with
sufficient time resolution to resolve the features of the solids flow. Single-particle tracking
using X-rays or radioactive tracer particles is in theory possible, although it requires large
pieces of equipment that are hard to fit into boilers, making single-particle tracking unfeasible.
Finally, magnetic particle tracking is not suitable for industrial applications, since the magnetic
field of permanent magnet tracers decays with increasing temperature.

2.2 Solids mixing theory

Itis generally accepted that the gas bubbles that rise through the bed are responsible for solids
mixing. Three main mechanisms of solids mixing that relate to the bubble flow have been
proposed in literature [55], namely:

1) Lifting in the wake of a rising bubble.

2) Sinking in the emulsion around the rising bubble, to fill the gap created by bubbles.

3) Splashing at the surface of the bed when a bubble erupts.
The three mechanisms are presented graphically in Figure 3. The figure also shows that
bubbles increase in size, as a result of bubble coalescence, as they rise along the bed. Just
before a bubble erupts at the surface, the height of the bed is increased locally and at the time
of eruption, the bed height is reduced locally to below the time-averaged level.
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Figure 3: Main mechanisms of solids mixing in relation to the bubble flow, as proposed in the
literature. Rising gas bubbles are responsible for all three mechanisms.

It has been experimentally determined that gas bubbles rise in preferential pathways, called
bubble paths [56]. Around each of these bubble paths a toroidal solids flow pattern (yielding
two vortices in a vertical 2-dimensional cut) have been detected by analyzing the trajectory of
a tracer particle that mimics a fuel particle [40]. The region that encompasses the bubble path
and the surrounding local flow structure has been denoted as ‘a mixing cell’ by Pallares et al
[40], whose experiments showed that fuel particles tend to populate the borders of a mixing
cell rather than the bubbles paths. Figure 3 shows a mixing cell and the main solids mixing
mechanisms responsible for the exchange of material between the mixing cells.

The growth of a bubble can be reduced by the insertion of a tube bank, as shown by Andersson
et al. [57]. The gas bubbles can, provided they have sufficiently high velocity, break down,
thereby resulting in what Andersson et al. [57] refer to as a ‘'multiple bubble regime’, which
creates a more even distribution of gas bubbles; as a consequence, solids mixing is improved.

Regarding diagnostics, a common method to characterize fluidization is to measure pressure
fluctuations. Baskakov et al. [58] linked the features in such measurements to bubble-related
phenomena inside the bed. Figure 4a shows an example of a time series of pressure
measurements. The pressure signal can be explained in the following way for a simplified case
with a narrow bed in the single bubble regime [59]. As a bubble approaches the surface and
until just before its eruption, the bed height is locally increased above the time-averaged
height, as shown schematically in Figure 3. This event increases the pressure signal above the
average value. As the bubble erupts at the bed surface, a sharp and rapid decrease occurs in
the pressure signal, since the bed height is locally reduced where the bubble emerged, yielding
the characteristic low pressure drops associated with bubble eruption.



It is common practice to analyze the pressure signal in the frequency domain rather than the
time domain, by computing the power spectrum density of the signal [60]. The power
spectrum density of the pressure signal shown in Figure 4a is plotted in Figure 4b. A clear peak
is evident in the spectrum and is referred to as the characteristic bubble frequency, i.e.,
corresponding to a bubble cycle, provided that the bed is in the single or exploding bubble
regime [59], with typical values in the range of 1-5 Hz. In addition, if the cross-section is much
greater than the bed height, there will be room for a number of bubble paths over the cross-
section. This means that a pressure measurement in the reactor wall will yield an average for
all the bubble passages, resulting in a broader power spectrum. The amplitude of the peak is

associated with the bubble size: the larger the bubbles, the larger the pressure fluctuations,
i.e., the larger the amplitude.
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Figure 4: a) Differential pressure between the atmosphere and the dense bed (measured 0.03 m
above the gas distributor). Just before a bubble erupts, the height of the bed is increased locally,
which results in a small increase in pressure, which is followed by bubble eruption. Bubble eruptions
yield a rapid decrease in pressure. b) Power spectrum density of the pressure signal in Figure 4a. The
peak occurs at the characteristic frequency of the bed. Taken from Paper I.



2.2.1 Modeling the dispersive mixing

In large-scale fluidized beds, several mixing cells co-exist across the cross-section, each of
which is related to a single bubble path. Since bubbles coalesce as they rise, the number of
mixing cells is not necessarily equal to the number of nozzles in the gas distributor, although
it does depend on the height of the dense bed. To describe mathematically on the
macroscopic level the transient solids concentration in a fluidized bed, the solids that are
located within any mixing cell are assumed to have equal probability of moving to any of the
neighboring mixing cells. This is an example of a Markov chain, which is mathematically
described by the diffusion equation:
oCy

—~ = DV%C
ot f

(1)

However, as Eq. (1) is applied to describe the solids flow macroscopically, the coefficient D in
the equation is termed the dispersion coefficient rather than the diffusion coefficient, since
the mixing results from a highly convective bubble flow. The dispersion coefficient is usually
determined experimentally.

For 3-dimensional beds, the exchange of material between mixing cells is in this work assumed
to occur only between orthogonally neighboring mixing cells, as shown in Figure 5. Obviously,
during the experiments, the material will also be scattered to the diagonal cells. This is taken
into account in the model by allowing half of the scattered material to exchange between two
perpendicular cells.

Figure 5: Mixing cells in a 3-dimensional bed extend along the two lateral directions. Scattering to
diagonal cells is accounted for in the model by allowing half of the scattered material to exchange
between two perpendicular cells.



The validity of Eq. (1) for describing the lateral mixing of fuel on a macroscopic level is shown
in Figure 6, which compares the fuel concentration found experimentally by Olsson et al. [39]
(solid line) to the solution derived from Eq. (1) (dashed line). It is clear that the solution to
Eqg. (1) estimates well the measured concentration on a macroscopic scale, i.e., the model can
describe the exchange of material between mixing cells. However, the diffusion model is
unable to capture the local/mesoscopic minimums and maximums related to the bubble paths
and their surrounding solids-rich regions. In Paper VI, the observations made under cold
conditions by Olsson et al. [39] are confirmed also under hot conditions, and it is found that
the solids cross-flow influences the mixing cells by smoothing them out.

6 . ‘
—Real fuel dist.

| = Diffusion model
t =20 min

5

&

N

Probability [obs/u.l.]
w

—_
T

0 02 0.4 06 0.8 1

Figure 6: Spatial distribution of the probability of observing a fuel particle was experimentally
determined by Olsson et al. [39]. The local minimum points correspond to the location of a bubble
path.

An initial step towards investigating lateral solids mixing in greater detail than allowed by the
experimentally determined values of the dispersion coefficients, D, was taken by Olsson et al.
[39]. They combined these values with the parameters of bed frequency, f, and cell mixing
size, L, in order to extract information regarding solids exchange between mixing cells. In the
present work, this approach is applied and the so-called ‘bubble mixing factor’, B, which
ascertains which share of the solids in a mixing cell is exchanged at each bubble cycle, is
determined from experimental data using Eq. (2). The characteristic frequency is typically
determined from pressure fluctuation measurements, such as those shown in Figure 4. The
characteristic length of the mixing cells, Lcs, is in the present work estimated visually by
inspecting the location at which the bubbles erupt, which entails a relatively high level of
uncertainty.
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The bubble mixing factors and lateral dispersion coefficients are determined under different
operational conditions and analyzed for bed material and fuel particles (three different types)
in Papers | and Il, respectively.

2.2.2 Models that account for solids cross-flow

In the case of a system with interconnected fluidized beds, such as an indirect gasification unit
[61, 62] or chemical looping combustion unit [63, 64], a continuous flow of the circulating bulk
solids crosses each reactor. This cross-flow of bulk solids creates in the dense bed a convective
flow field, which affects solids mixing and has to be considered to come up with an accurate
description of the solids mixing (see Figure 7).

Bulk solids
inlet Bulk solids

\ cross-flow

1222 a'a a2 a’ala’at

Bulk solids
1 1 | | |
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Figure 7: A convective flow field is superimposed on the dispersive flow as an effect of the flow of
bulk solids through the dense bed. Taken from Paper V.

The horizontal velocity field of the bed material in a dense bed, u, is difficult to measure; in
Paper V, it is modeled using the potential flow theory, i.e. determining a vector field (in this
case a velocity field) from the gradient of a scalar field [65]. Assuming that the transport of
bed material occurs through dispersive lateral mixing (Kunii and Levenspiel [66]), a diffusion
equation can describe the lateral transport, i.e., Eq. (1). By solving Eq. (1) and evaluating the
gradient of the solution, a vector field is derived. Details of the modeling approach and the
validation thereof are presented in Paper V. A second method for modeling the velocity field
is outlined in the Results section (Section 7.3) of the present work.

Since the mixing of fuel particles is affected by the solids cross-flow, the transport equation
that describes the fuel concentration needs to be modified to include a convective term. This
yields Eq. (3), where u is the velocity field created by the solids cross-flow and 8 is a cross-flow
impact factor that accounts for how well the fuel follows the convective flow of the bed
material.
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When experimentally determining lateral solids dispersion coefficients, if neither
measurements nor reliable modeling of the velocity field are available, the convective
contribution of the solids cross-flow can be lumped into the dispersive mixing of the bed
material, yielding a modified version of Eq. (1):

oC; 0 9 (4)

ac ac
_ bubble Ccross _f _ bubble Ccross _f
ot  0x <(Dx D) 0x ) * dy <(Dy +D57%) 6y>

Note that if the velocity field is different in the two lateral directions the apparent dispersion
will appear as non-isotropic, i.e., the lumped dispersion coefficients in the two lateral
directions will no longer be equal, as concluded from Eq. (4). The experiments described in
Paper VI were conducted in an industrial-scale fluidized bed with a significant level of cross-
flow. Since no measurements are available regarding the convective flow of the bed material,
Eqg. (4) can be applied to evaluate the lumped lateral mixing of the fuel particles.
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3 Fluid-dynamic downscaling

The experimental work described in Papers |-V was performed in three fluid-dynamically
down-scaled cold flow models. By employing fluid-dynamic scaling, two fluidized beds of
different scales and with different temperature levels could be operated so as to generate
similar fluid dynamics. Proper scaling of a reactor implies fulfilling two similarities: 1)
geometric i.e., the ratio between corresponding lengths is constant in the two systems; and
2) dynamic, i.e., forces acting on the system have a constant ratio at all locations [67]. There
are two different approaches to achieving similarity between reactors: Buckingham’s -
theorem [68]; and non-dimensionalizing the governing equations and boundary conditions.
However, both approaches yield the same results. Glicksman et al. [52] applied the second
approach to fluidized beds by deriving the governing equations for the motion of a multiphase
continuum and for individual solid particles in a dimensionless form. Thus, Glicksman's scaling
laws are based on the partial differential equations for continuity of the gas and solid phases,
Egs. (5) and (6), and for momentum transport of the same phases, Eqgs. (7) and (8).

de _ B (5)
E +V (eu) =0

d _ (6)
&(1—6)+V'([1—6]’U)—0

ou (7)
pfe[§+u-Vu]+pfge—V-Ef+F=O

ov 8
ps(l—s)[a+v-Vv]+p5g(1—e)—V-Ep—F=0 (&)

Based on Egs. (5) to (8), Glicksman et al. [52] derived a number of dimensionless parameters
(see Table 1), which need to be kept constant to achieve similarity of the results obtained in
the two systems. If all these relationships are kept constant, the scaling is referred to as
applying the full set of scaling laws. However, the full set of scaling laws places constraints as
to which scaling factor can be used. Therefore, Glicksman et al. [69] developed a simplified set
of scaling laws that allows for more flexibility in choosing the scaling factor. The simplified set
of scaling laws is valid in two different flow regimes: 1) the viscous-dominated region, which
is typical for beds with small particles and low fluidization velocities, where inertial effects are
negligible; and 2) the inertial-dominated regime, which is typical for beds with large particles
and high gas velocities, where viscous effects are negligible. A different set of scaling laws for
bubbling fluidized beds was developed by Horio et al. [70], and this was subsequently shown
by Glicksman et al. [69] to be equivalent to Glicksman’s simplified scaling laws for the viscous

regime. In the present work, Glicksman’s full set of scaling laws is applied, which means that
12



the parameters in Table 1 are kept constant in the different fluidized beds used. The length
scaling factor is obtained as follows:

G|

L=| coldl

)

Table 1: The dimensionless parameters derived by Glicksman et al. [52], which have to be kept
constant in order to achieve dynamic similarity between two different fluidized beds.
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Relation Parameters Physical interpretation
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In order to respect dynamic similarity and thereby reflect the flow in the hot unit, a crucial
parameter for the operation of fluidized beds is the pressure drop over the gas distributor.
Even though this is not formally a parameter that is considered according to the work of
Glicksman et al. [69], the ratio between the pressure drop over the bed and the pressure drop
over the gas distributor has been shown to be of relevance for the fluidization regime
established in the bed [59]. In the work conducted by Bonniol et al. [71], it was shown that
additional scaling parameters that consider the pressure drop ratios over the bed and
distributor should be used to complement Glicksman’s scaling laws. Thus, the pressure drop
ratio is also kept constant in the present work. While nozzles are used in the large-scale unit,
a combination of a fine metal grid and an orifice plate is used in the cold flow models. The
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pressure drop over the distributor is determined by the downscaling, while the diameter of
the orifice is calculated according to the procedure of Kunii and Levenspiel [66] once the
targeted pressure drop is known.

The scaling laws proposed by Glicksman et al. [69] have been experimentally verified for the
fluid dynamics of the bed material using tracer experiments [52, 54, 72] and the pressure drop
measurements carried out in a CFB riser [53]. An example of the similarity between the
pressure drops in a large scale riser and in a fluid-dynamically downscaled (using Glicksman’s
simplified laws) cold flow model is shown in Figure 8 (for details, see Johnsson et al. [53]).

8
1 ~ 12 MW CFB
T A 1/9 model, simplified scaling laws

s - B B

Pressure drop, p-Peyit [kPa]
~
|

O T T T T T 7]" '-::IL‘{;“*:V._i‘"_]' h ‘|
0 2 4 6 8 10 12
Height above air distributor, h [m]

Figure 8: The similarity of the pressure drops between a large-scale boiler and a fluid-dynamically
downscaled cold flow model (scale factor 1/9). Taken from Johnsson et al. [53].

Fluid-dynamic scaling of the bulk solids has been applied by several authors to characterize
fluidization in various applications [63, 73, 74]. However, the use of fluid-dynamic scaling to
study the mixing of fuel particles has neither been applied nor validated to date. In Paper II,
an experiment is conducted to validate the method for fuel mixing and, thereafter, a large set
of data is presented.
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4 Experimental setup

The experimental work presented in this thesis used the four fluidized bed units shown in
Figure 9, i.e., three fluid-dynamically down-scaled bubbling beds operating under ambient
conditions and an industrial-scale bubbling fluidized bed operating under hot conditions as a
gasifier in the DFB system at Chalmers (for details, see [2, 62]). For the three down-scaled
beds, Glickman’s [69] full set of scaling laws was employed (see Table 1). In the design, it was
assumed that either air or steam at 900°C was used in the large-scale units depending on
whether combustion or gasification was investigated. From the scaling laws, the
corresponding length-scale factors are computed as 1/5 or 1/6, respectively. The size of the
fuel particles is also scaled using the same length-scaling factors (yielding a constant Rep).

The cold flow model A (Figure 9a) was used in Papers | and Il to investigate the lateral mixing
of bed material and fuel particles in the absence of cross-flow. This model has a quadratic
cross-section of 0.09 m? and is a fluid-dynamic downscale of the bottom region (the first 0.5 m
above the gas distributor) of the Chalmers 12 MW FB boiler (for details of this boiler, see
[75]).

The cold flow model B (Figure 9b) was used in Paper V to study the effect of cross-flow on the
lateral mixing of the fuel. This model is 0.039 m? in cross-section and is a downscale of the
Chalmers 2—4' MW indirect gasifier [2, 62].

The cold flow model C (Figure 9c) was used in Papers Il and IV, which apply 3-dimensional
particle tracking experiments (one of the sensor modules for the tracking system is seen in the
foreground of the photograph). This unit does not have any particular large-scale bed
associated with it, and it is scaled using the assumption that it is a bed to be used in a
combustion process.

The Chalmers 2-4 MW, indirect gasifier (Figure 9d) was used for the evaluation of fuel mixing
at high temperature, as described in Paper VI.

The dimensions and operational conditions applied to the four beds are summarized in Table
2, where the data for the three fluid-dynamically scaled beds are presented under up-scaled
conditions, i.e. refers to the conditions of the large-scale unit operating at high temperatures
and not under the conditions of the laboratory-scale cold flow model.

1 While the gasifier is usually operated at 2 MW, it was actually designed for operation at 4 MW,
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a) Cold flow model A, bottom region of the b) Cold flow model B, downscale of the Chalmers
Chalmers 12 MWt boiler, used in Papers | and 2—-4 MW, indirect gasifier, used in Paper Il
I1.

¢) Cold flow model C used in Papers Ill and IV d) Chalmers indirect gasifier, used for the high-
temperature investigation in Paper VI

Figure 9: Fluidized beds used in the experimental studies presented in the thesis.
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Table 2: Summary of the dimensions and operational conditions applied to the four fluidized beds
used in the present work; data are given for up-scaled conditions for cold flow models A—C. Bed D is
an industrial-scale fluidized bed.

A B C D
Area (m?) 2.25 1.44 0.72 1.44
Ratio: length to 1 ~2 1 ~2
width
Bed height (m) 0.15-0.55 0.30 0.25-0.35 0.30
Fluidization 0.08-0.83 0.16-0.21 0.16-0.45 0.08-0.18
velocity (m/s)
Fluidization Air Air Air Steam
medium
Bed material Bronze Bronze Bronze Iron oxide

The relevant parameters obtained from the fluid-dynamic scaling of the systems are listed in
Table 3. As a result of fluid-dynamic scaling, bronze powder was used as the bed material to
maintain approximately the ratio between the gas and bulk solids densities during scaling (see
Relationship 2 in Table 1). In addition to the parameters specified by Glicksman et al. [69] in
the full set of scaling laws, this work also kept constant the density ratio between the bed
material and fuel particles. Different fuel types were investigated, namely wood pellets, wood
chips, and char from wood pellets, which scaled-down to aluminum, polyamide, and
polyethylene terephthalate, respectively. For the experiments conducted with the 3D tracking
system, an NdFeB permanent magnet that resembles anthracite coal was used. In Table 3
suitable densities are reported for the solids to fulfill scaling together with the densities used
in this work. In the present work, the bed height was varied between 0.03 m and 0.11 m
(scaling up to 0.15-0.55 m). At each bed height, several fluidization velocities were evaluated,
ranging from 0.04 m/s to 0.37 m/s (scaling up to 0.08-0.83 m/s). The influence of the gas
distributor pressure drop was investigated by using designs with different characteristic
pressure curves while maintaining the same number and positions of the orifices.
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Table 3 : Summary of the parameters for the large-scale and downscaled beds.

Parameter Unit Hot large-scale Cold down-scaled bed; Cold down-scaled;
bed according to scaling laws actually used
Density, bed material kg/m3 2600 10600 8900
Density, char pellet kg/m3 400 1370 1200
Density, wood pellet kg/m3 950 3290 2700
Density, wood chips kg/m3 500 1710 1400
Density, anthracite kg/m3 1890 6470 7310
Density ratio (bed material / char pellet) - 6.5 6.5 7.4
Density ratio (bed material / wood pellet) - 2.7 2.7 3.3
Density ratio (bed material / wood chips) - 5.2 5.2 6.4
Temperature °C 900 20 20
Length-scaling factor, combustion m Lc L/5 L/5
Length-scaling factor, gasification m Lg Le/6 Lg/6
Velocity-scaling factor, combustion m/s Uc uz/5 u?/5
Velocity-scaling factor, gasification m/s Ug 2/6 2/6
Time-scaling factor, combustion s tc m m
Time-scaling factor, gasification 3 tg \@ \@
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5 Overview of available experimental methods for
studying solids mixing
Different methods have been described in the literature to characterize experimentally solids

mixing, an overview of which is given below (an extensive review is provided by Chaouki et al.
[76]).

5.1 Tomographic methods

Tomographic methods generate a 3-dimensional reconstruction of the interior of the studied
bed by combining measurements from several 2-dimensional planes. There are several
different tomographic methods, and in fluidized beds, x-ray and y-ray transmission
tomography have been applied [55, 77-79]. These techniques are based on one or several
radiation emitters placed on one side of the object under investigation and a single or a set of
receivers placed on the opposite side. By measuring how much of the emitted radiation passes
through the object to the receiver, a density distribution in the object can be back-calculated.
By rotating the radiation source and receiver around the object, a 3-dimensional view is
obtained. Investigators report a spatial resolution in the order of 1 mm [76]. However, since
multiple scans are required at numerous angles to create a 3-dimensinal view, the time
resolution is limited to a period of between hours and minutes depending on the numbers of
emitters and receivers used. Furthermore, since metals efficiently block x-ray and y-ray
radiation, these measurement techniques cannot be used if fluid-dynamic downscaling is
applied. The equipment required for x-ray and y-ray tomography is typically very expensive
and there are obvious safety concerns associated with ionizing radiation [80]. A schematic of
the two types of tomographic setup is given in Figure 10.
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Figure 10: lllustration of the principles of x-ray and y-ray transmission tomography.

Electrical impedance tomography is based on measuring the electrical properties, such as
capacitance, resistance or inductance, in the medium of the studied object. If the medium
conducts electricity, resistance or inductance measurements can be applied, whereas for an
insulating medium, such as a fluidized bed, capacitance measurements can be used [76].
Electrical capacitance tomography (ECT) has been applied to fluidized beds by several
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investigators [81-84]. The ECT works by building up an electrical charge in one of the sensors
at a time while measuring the electrical field with other sensors, and thereafter alternating
the sensor that builds up the electric charge. Since the capacitance (the amount of charge that
a sensor can hold) is dependent upon the size of the sensor, higher accuracy is achieved with
larger sensors [85]. In contrast, the spatial resolution is determined by the number of sensors,
and the number of independent measurements are given by: N(N-1)/2 where N is the number
of sensors. Thus, there is a tradeoff between the spatial resolution and accuracy as only a
certain amount of space is available for placement of the sensors around the object of the
investigation. As most studies use either 8 or 12 sensors, resulting in an image that contains
either 28 or 66 pixels, the spatial resolution of ECT is very limited. However, the sampling
frequency is high; investigators have reported sampling frequencies of up to 400 Hz [86]. ECT
has been used in industrial applications and should work with the metallic bed materials used
in fluid dynamic downscaling. A schematic of an ECT system is given in Figure 11, where one
of the sensors is charged and the other sensors are measuring the electrical field (indicated by
dashed lines); the electric field is symmetric so only half of it is depicted.
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Figure 11: Schematic of the electrical capacitance tomography (ECT) system.

Since the present work applies fluid dynamic downscaling metallic bed material is used (since
ambient air is the fluidization medium), thus x-ray and y-ray tomography cannot be used due
to the short distances such rays can penetrate. Since the ECT method allow provides low
spatial resolution it is not suitable either for the purpose of this work.

5.2  Particle tracking methods

Several methods are available for tracking a single particle in fluidized beds. While these
methods are not tomographic, they can provide information about flow structures and
particle concentrations. Positron emission particle tracking (PEPT) is based on tracking
positron-emitting particles that have been activated in a cyclotron or are naturally radioactive
[87, 88]. When a positron collides with an electron the two particles are annihilated and two
y-rays are emitted back-to-back. Using detectors similar to those employed for y-ray
tomography, the location of the particle collision, i.e. the location of the tracer, can be
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calculated. With PEPT, 3-dimensional information about the tracer trajectory is obtained to a
precision of 5 mm, with a sampling frequency of 50 Hz [89]. The safety requirements for PEPT
are higher than those for x-ray and y-ray tomography, since the tracer particles are
continuously emitting positrons, whereas the ray-based systems are only emitting during the
period that that the equipment is operational [76].

Radioactive particle tracking (RPT) is similar to PEPT but instead of positron emission the tracer
particle typically emits y-rays directly. RPT was first applied to fluidized beds in 1964 by
Kondukov et al. [90]. However, due to the limited data processing capability at the time, no
guantitative information was obtained. More recent investigations using RPT [12, 91, 92] have
acquired quantitative 3-dimensional information regarding tracer flow fields in fluidized beds.
RPT has been reported as having spatial resolution of 7 mm and sampling frequency of 100 Hz
[93]. As with the other methods in which y-rays are used, RPT is not applicable to fluidized
beds that have a metallic powder as the bed material.

Optical methods for particle tracking have been applied in several studies. In pseudo-2-
dimensional cold flow units with a transparent wall, a continuous particle trajectory can be
detected, and modern cameras can provide high spatial and temporal resolutions (see Table
4) [40, 49, 94]. However, the flow is naturally confined in a pseudo-2-dimensional system,
which establishes solids patterns with wall effects, so it is not necessarily representative of 3-
dimensional units. Some authors [39, 45] have applied optical methods to the bed surface of
a 3-dimensional bed under cold flow conditions and shown that the particle trajectory is not
continuous, as the tracer may become immersed in the dense bed, such that long video
recordings are required to obtain statistically robust information about the mixing of the
tracer (for further details of these methods, see Paper Il). This thesis contributes to the
development of optical methods by showing how it is possible to measure particle trajectories
in industrial-scale fluidized beds operated at high temperatures. Paper VI demonstrates such
a method, in showing that camera calibration enables a spatial resolution of 0.8 mm at a frame
rate of 30 frames per second.

Magnetic particle tracking (MPT), which is a relatively recent development, has been used by
several investigators [47, 95-98]. The MPT method tracks the magnetic field surrounding a
permanent magnet, yielding not only the position of the magnetic tracer but also its
orientation; this combination of information is not provided by any of the aforementioned
techniques. As the magnetic field is not blocked by metallic powders, MPT can be used in fluid-
dynamically downscaled beds provided that a non-magnetic bed material is used. In Paper lll,
it is shown that the spatial resolution is approximately 1 mm and that temporal resolutions in
the order of milliseconds can be achieved with MPT. In Paper IV, it is shown that time for
processing the raw measurements can be reduced significantly. The drawbacks of MPT are
that it cannot be applied to units that are operated at high temperatures and that the distance

21



from the tracer particle to the detector is limited to 0.3 m (for magnets with sizes chosen
according to the fluid-dynamical down-scale of a typical solid fuel in a fluidized bed).

Similarly to what was mentioned for the tomographic methods RPT is ruled out because of its
inability to penetrate far in the metallic bed material. Therefore optical and MPT methods are
suitable and these are applied in the present work,

A summary of the abovementioned tomographic and particle tracking techniques is given in
Table 4.

Table 4: Measurement techniques used in investigations of solids mixing in fluidized beds.

Technique | Tomographic | 2D/3D Resolution Fluid Other Ref.
dynamic
scaling
x-ray/y-ray Yes 3D 1 mm, minutes to No Safety | [55, 77-
hours issues 79]
ECT Yes 3D Several No [81-84]

centimeters, 0.003
S

PEPT No 3D 5mm,0.02s No Safety | [87, 88]
issues

RPT No 3D 7 mm, 0.01s No Safety | [12,91,
issues 92]

Optical No 2D <1 mm, 0.03 s or Yes [40, 45,

better 49, 94]

MPT No 3D 1 mm, 0.001 s Yes [47, 95-
98]

Optical methods are used in Papers Il and VI and MPT is used in Papers Ill and IV.
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6 Data evaluation

The data obtained with the optical and MPT methods mentioned in the previous section need
some processing before the results can be extracted, this processing is described in this
section. The methods applied in this thesis to evaluate the lateral mixing of solids can be
classified as either indirect or direct. Each of these methods yield distinct types of information
and entail different data evaluation methods, as presented below. Furthermore, Kalman
filtering is applied to the trajectory data obtained in Papers lll and IV to reduce the influence
of measurement noise, as well as to the data in Paper VI to allow the simultaneous tracking of
multiple particles, as explained briefly below. Finally, a multivariate data analysis method
called principal component analysis (PCA) is applied to uncover trends among the operational
parameters applied and the lateral dispersion coefficients for both the bed material and the
different fuel types investigated.

6.1 Indirect methods

When the indirect method is applied, a batch of tracer material is fed at one corner of the bed
and samples are collected over time at intervals of a few seconds. This yields a residence time
distribution within the reactor [99-101]. By solving the transient transport equation (e.g.,
Eqns. (1), (3) or (4)) and comparing the results to the measurements, the concentration field
in the reactor can be obtained. In the present work (Paper I), a mixture of bronze powder and
iron power is used to evaluate mixing of the bed material, whereby the iron powder can be
separated magnetically to allow quantification of the tracer concentration in each sample. For
evaluation of the mixing of fuel particles, it is sufficient to count the number of fuel tracer
particles collected in each sample.

An example of a measured concentration profile and the fitted solutions of Eq. (1) is given in
Figure 12 for a case without solids cross-flow. The outlet tracer concentration plateaus when
the bed becomes well-mixed. If a solids cross-flow is present in the system, the tracer
concentration decreases after peaking, owing to the dilution effect of the bulk cross-flow.
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Figure 12: Typical tracer concentration profile for a case in which the indirect method is used in the
absence of solids cross-flow. Values are shown on a downscaled basis. Taken from Paper |.
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6.2 Direct methods

Direct methods provide information about the location of the tracer particles at different
time-points. Thus, there is no need to collect samples of the tracer particles. In the present
work, the optical and MPT methods are applied in a direct fashion.

Papers Il and VI apply optical methods to track tracer particles by recording their movements
with a video camera. By coating the tracer particles with different fluorescent markers
(colors), multiple particles can be tracked simultaneously using the direct method when
applied to a cold flow model, as shown in Paper Il. In Paper VI, the tracking of multiple particles
was applied to biomass in an industrial-scale bed. Since the video camera is mounted above
the bed, this method can only detect particles as they emerge at the bed surface.

The lateral dispersion coefficient is evaluated from the tracer particle positions using Einstein’s
equation for Brownian motion, Eq. (10), where At is the time between two particle detections
and AL is the distance traveled by the particles between detection events.

D= AL? (10)
T 2At

Since the dispersion approach is valid on a macroscopic scale, particle movements that are
too small have to be filtered out before the dispersion coefficient can be determined with Eq.
(10). Thus, the algorithm shown in schematic in Figure 13 is used to remove the particle
movements that occur within the same mixing cell. Such movements are not contributing
effectively to the macroscopic lateral mixing described by the dispersion coefficient. In Figure
13, a particle has been detected at the locations indicated by the solid black dots, and the
dashed arrows indicate the movement of the particles between two consecutive particle
detections. A thin solid arrow is used to indicate when a particle moves to a different mixing
cell. However, it is only the distance and elapsed time to the first detection event in a new
mixing cell that are relevant in the evaluation; these are marked with thick solid arrows.
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Figure 13: The algorithm used in the direct method filters out particle movements that are too small
to contribute effectively to the macroscopic mixing, which is described by dispersion. Taken from
Paper Il.
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6.3 Kalman filtering

In applications used for tracking moving targets (e.g., tracking airplanes with radar or position
estimation using GPS), it is common to improve tracking the estimation of the tracer particle
position (and velocity) by applying a Kalman filter [102, 103], whereby the measurements are
combined with a model so as to reduce measurement uncertainties. The model used is based
on Newton’s laws of motion, wherein the second derivative of the tracer particle position (i.e.
acceleration) is related to the forces acting on the tracer particle. Since sampled data are used,
the differential equations need to be discretized, resulting in the following state-space

formulation:
xk1 = Fxk + wk (11)
y* = Hxk + vk (12)

where the matrix, F, contains a linear model of the physics, and H is a matrix that relates the
estimated states to the actual measurements. Furthermore, Gaussian noise is added to both
the model and the measurements by means of the vectors w and v, respectively. The noise
vectors w and v have covariance matrices Q and R, respectively. The state vector is iteratively
updated through a prediction step (taking into account the model) and a correction step
(accounting for measurements). In these two steps, both the state vector and a covariance
matrix are updated through a number of matrix vector operations.

Prediction step

Predicted (a priori) state estimate Xipie-1 = FRk—1jkc-1

Predicted (a priori) estimated covariance Prjk—1 = FPe_qe—1F" +Q

Correction step

Measurement residual Yk = Zx — HXj 1
Residual covariance Sk = HPk|k_1HT +R
Kalman gain Ki = Prpe—1H" S
Updated (a posteriori) state estimate Xk = Xijk—1 + KV
Updated (a posteriori) estimated covariance P = (I — Ky H) Pyjge—q

Where z is a vector contains the measurements.
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6.4  Principal component analysis

In the experiments conducted for this thesis, fluidization velocity, bed height, and gas
distributor are the parameters that are varied in order to study their influences on the
resulting output parameters. The outputs evaluated in this thesis are the lateral dispersion
coefficients (for bed material and three fuel types), mixing cell size, and pressure fluctuations.
As several of these parameters are coupled, it is difficult to visualize the trends in the data,
and many dimensions would be required in the plots. To overcome this obstacle, multivariate
data analysis is used, in particular the technique called principal component analysis (PCA)
[104]. Using PCA, the dimensionality of the data is reduced by projecting the data to a
subspace of lower dimensionality, while maximizing the variation in the data. Thus, it is
possible to discover trends and patterns in the original data and present them in a 2D or 3D
graph. An example of PCA is shown in Figure 14, where a 2-dimensional dataset is projected
onto a line (1D data). PCA chooses the line that captures the maximum variation of the data
and assigns to it the first principal component. The line chosen by the PCA algorithm is a linear
combination of the original variables; a physical interpretation of this line is not
straightforward as it combines several parameters. When PCA is used, the projection is made
orthogonal to the line, in contrast to the least-squares method, which only considers the
vertical direction, as indicated in Figure 14.

S
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Figure 14: The data shown are 2-dimensional but can be projected onto the 1D line without too much
loss of information. The line shown in the figure is the first principal component. When PCA is used,
the projection is made orthogonal to the line, as opposed to least-squares (LS), which projects in the
vertical direction only.

When performing PCA, two sets of data are obtained and these are referred to as ‘scores’ and
‘loadings’. The scores are the representation of the original data-points in the reduced
dimensional space. Thus, when the data-points in Figure 14 are projected onto the line the
locations on the line become the scores. Data-points that are located in proximity to each
other are similar, and the loadings explain what makes the data-points similar. The loadings
also give an indication of what proportion of the original variables is present in each principal
component.
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7 Results

In this section, the main results from the six papers of this thesis are summarized and the
connections between the papers are elaborated. The section starts with the confirmation of
the existence of mixing cells in 3-dimensional beds, which is the basis for the dispersive mixing
assumption. Next, the dispersive model is applied and the dispersion coefficients are
evaluated. Finally, the influence of bulk solids cross-flow on the mixing of fuel particles is
considered.

7.1  Existence of mixing cells

As mentioned in Section 2.2, mixing cells have been observed in 2-dimensional beds [40]. In
Paper VI, the movement of fuel particles on the surface of an industrial-scale fluidized bed was
analyzed, revealing that similar patterns of fuel-rich and fuel-lean regions occur in the absence
of cross-flow, as shown in Figure 15a. This indicates the existence of mixing cells in large-scale
fluidized beds. The regions with low concentrations of fuel particles correspond to regions
where the gas bubbles emerge, and the regions with high concentrations of fuel particles
correspond to the regions where the particles sink. Thus, mixing cells can be observed by
evaluating the fuel concentration at the bed surface, as shown previously by Olsson et al. [39].
However, when a cross-flow is present the mixing cells are less well-defined and the
convective contribution of the cross-flow influences the mixing cells (Figure 15b). The
existence of mixing cells within 3-dimensional beds is further explored by applying the MPT
technique to a fluid-dynamically downscaled bed (Figure 16).
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Figure 15: Localization of fuel particles at the surface of an industrial-scale fluidized bed: a) in the
absence of cross-flow b) in the presence of cross-flow.
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Figure 16: Analysis of slices from a 3-dimensional bed using MPT reveals flow patterns consistent
with mixing cells. Taken from Paper IV.

Using the MPT technique, the mixing cells were observed to increase moderately in size with
increasing gas velocity, whereas no clear trend was seen when the bed height was varied,
probably due to the limited range of bed heights used in the MPT tests. However, when a
wider bed was used in Paper Il, visual inspection revealed that the mixing cells grew
approximately linearly with the bed height. Papers Il and IV both show that greater drops in
pressure over the gas distributor increased the sensitivity of mixing cell size to the operational

28



parameters. This may be explained by the fact that in low-pressure-drop distributors, more
gas passes the bed as a through-flow rather than in the form of visible bubbles. Preliminary
results indicate that the mixing cell size, Lcen, in Eq. (2) can roughly be described as a linear
function of bed height, h, as follows:

(13)
Lcell =a-h + b

where the intercept, b, is dependent upon the gas distributor characteristics. However,
further investigations are needed to confirm these results.

The change that occurs in the mixing cell size with operational conditions is one of the reasons
for the observed difference in behavior between the lateral dispersion coefficients and the
bubble mixing factors. While the lateral dispersion coefficients increased with both gas
velocity and bed height, the trends for bubble mixing factors were less clear. In Paper I, we
report that for the bed material, the bubble mixing factor increased with the gas velocity but
was essentially independent of the bed height. In Paper Il it was found for all the investigated
fuel types that the bubble mixing factor was independent of the gas velocity when a low-
pressure-drop distributor was used. For the high-pressure-drop distributor, the bubble mixing
factor increased with the gas velocity for char and pellets but not for wood chips.

The existence of mixing cells in 3-dimensional beds and beds operated at high temperatures
justifies the use of dispersive models for describing the bubble-induced mixing of solids.
However, such models require dispersion coefficients, which will be considered in the
following sections.

7.2  Lateral dispersion without cross-flow

The lateral dispersion of bed material was found to increase with both fluidization velocity
and bed height, and the influences of the operational parameters became more pronounced
when a high-pressure-drop distributor was used. The dispersion coefficients listed in Paper |
are one to two orders of magnitude larger than the values presented previously in the
literature, possibly due to the fact that the data in the literature are derived from small units
(in which wall effects are of greater significance) without employing fluid-dynamic scaling.

When the data from the bed material experiments were evaluated using PCA (an analysis that

is not presented in Paper |), deeper knowledge of the fluid-dynamics was gained. The loadings

from the PCA are shown in Figure 17, and with the use of three principal components, 93 % of

the variation of the data is explained. The lateral dispersion of bed material was clearly

coupled to the flow of gas bubbles, as evidenced from the amplitude of the pressure

fluctuations and the finding that the dispersion coefficient loadings being located in proximity
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to each other. As expected, the amplitude of the pressure fluctuations increased with
increases in bed height, due to bubble coalescence. As the bubbles coalesced, the number of
bubbles decreased, so the characteristic frequency of the bed decreased. As shown in Figure
17, the amplitude and frequency are negatively correlated. In the same figure, it is clear that
the lateral dispersion coefficient is increasing with the gas velocity.

s

LEN Yo

E Dist. ‘ —

£ o Disp.

g 0 ™ 1/Freq. Phed

g T Ampl.

O -0.5 i :
0.5 J

C t2
omponen Component 1

Figure 17: PCA of the data obtained for bed material mixing. The dispersion coefficient for the bed
material is coupled to the flow of gas bubbles.

For the lateral dispersion of fuel, the application of fluid-dynamic scaling laws was validated
initially, which was not done previously in the literature. This validation was based on an
experiment that was conducted in cold flow model A, resembling the investigation of
Niklasson et al. [37] in which fuel mixing was investigated in a large-scale boiler operated
under hot conditions. As shown in Figure 18, the use of fluid-dynamic scaling yields a lateral
dispersion coefficient similar to that measured by Niklasson et al. [37] at a larger scale. It is
also worth noting the considerable variability in the complementary literature data (Figure
18), which range across several orders of magnitude. For cases where the same bed is used
the variation in the measured lateral dispersion coefficient is explained by varying operational
conditions. However, there is a trend seen in Figure 18 that the lateral dispersion coefficient
increases with the bed size. This is explained by the stronger influence of wall effects observed
in small-scale equipment, which reduces solids dispersion. It is also noteworthy that when
Olsson et al. [39] investigated lateral dispersion under cold conditions in a large-scale unit of
approximately the same size as the unit used by Niklasson et al. [37], the resulting dispersion
coefficient was two orders of magnitude lower than the value derived by Niklasson et al. [37].
Therefore, when studying solids mixing, it is important to consider the effects of both
temperature and bed size.
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Figure 18: Comparison of data from the literature regarding lateral dispersion coefficients. The
present work employs fluid-dynamic scaling to resemble the large-scale hot case reported in
Niklasson et al. [37]. The data plotted with ranges indicated that operational conditions were varied
in the investigation. Values are shown on an up-scaled basis. Data taken from [18, 19, 24, 30, 31,
35, 37,43, 45, 105]. Figure taken from Paper Il.

Using PCA of the data presented in Papers | and Il, it is possible to evaluate the influence of
bed material mixing on the mixing of fuel particles, in addition to the influence of the
operational parameters alone. Figure 19 shows the PCA of the data; with three principal —
components, 94% of the variation in the data is explained. The lateral dispersion coefficients
for the pellets, wood chips, and bed material are strongly correlated, as their loadings are
located in almost the same place. In contrast, the lateral dispersion of char is not as heavily
influenced by the bed material mixing, as the point Dchar is not clustered with Dpeq. Char is the
particle type with the lowest density of all those studied. Therefore, it is not unexpected to
see a different mixing behavior for this particle type.
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Figure 19: PCA of the data presented in Papers 1 and 2 shows a strong correlation between pellets,
wood chips, and bed material. The lateral dispersion of char particles is mainly influenced by the
pressure drop over the gas distributor. Taken from Paper II.
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7.3 Solids mixing with cross-flow

As mentioned above, the lateral mixing of pellets is coupled to that of the bed material.
However, in the previous discussion, only the bubble-induced, dispersive bulk mixing in a
stationary bubbling bed was considered. When a solids cross-flow is present through the bed
a second mixing mechanism, which is convective in type, must be considered. In Paper V, it is
shown that a 2-dimensional convection-diffusion equation can be used to describe the mixing
of fuel particles when a cross-flow is present. A method for estimating the velocity field using
the potential flow theory yields a reasonable velocity field at low computational cost. An
alternative approach is to apply the method of Kobayashi et al. [21] (and references therein),
solving the Navier-Stokes equations for a single-phase flow. Kobayashi et al. investigated
convective transport in the vertical direction of dense bottom beds; this is now applied to the
lateral direction instead. Kobayashi et al. used values for the apparent viscosity in the range
of 0.2-1.0 Pa-s. Estimating the lateral velocity field using this method gives the results shown
in Figure 20, where the colors indicate the velocity in m/s. Here, a value of 1.0 Pa-s is used for
the apparent viscosity, although additional investigations are needed to establish an accurate
value. It should be noted that the shape of the velocity field differs from that obtained using
potential flow, and that there is now a region to the left of the inlet where the velocities are
very low; a feature that is not captured by potential flow. Manual inspection of the videos
taken in the Chalmers gasifier reveals that the fuel particles have a tendency to accumulate
and move slowly in the region where low velocities are predicted. If the time and
computational resources allows to solve the Navier-Stokes equations the approach based on
the findings of Kobayashi et al. is feasible. However, this was not elaborated in Paper V
because one of the goals was to propose a method which gives reasonable results at minimum
computational effort.
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Figure 20: Alternative simulation of the velocity field induced by solids cross-flow. The apparent
viscosity is 1.0 Pa-s. The color map shows the magnitude of the velocity in m/s.

In Paper V, it is shown that there is a certain slip between the bed material and fuel particles,
which has not previously been investigated. In Figure 21, this slip of fuel particles with respect
to the bulk cross-flow is quantified using a cross-flow impact factor, 6. A value for 6 of zero
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means that the fuel does not follow the flow of bed material (full slip) and a value of 1 indicates
that the fuel and bed material attain the same velocity (no slip). The cross-flow impact factor
is evaluated experimentally by fitting the measured tracer concentration (sampled at the
outlet after a batch of tracer particles were added to the fluidized bed) to Eq. (3).
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Figure 21: The presence of a solids cross-flow through the bed influences the lateral mixing of the
fuel, as indicated by the impact factor 6. The values are shown on a down-scaled basis. Taken from

Paper V.

In DFB systems for indirect gasification, it may be relevant to increase the residence time of
the fuel particles while maintaining a large cross-flow of bed material, which provides the heat
for endothermic reactions. In an attempt to decouple the fuel particles from the flow of bed
material, a tube bundle was inserted into cold flow model B, as shown in Figure 22a [38].
When the cross-flow impact factor is fitted to the measurements (presented in Figure 22b)
using Eq. (3), it becomes zero, which indicates that the lateral mixing of fuel is decoupled from

the convective flow of the bed material.
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Figure 22: The mixing of fuel particles is decoupled from that of the bed material by inserting a
tube bundle. a) The location of the tube bundle in cold flow model B, as viewed from above. b) The
results of the experiment show that decoupling has been achieved.

In Paper VI, the influence of cross-flow on fuel mixing in an industrial-scale bed was
investigated. It is shown that the lateral velocity of the fuel particles increases with the cross-
flow (Figure 23). Furthermore, the investigation in Paper VI shows that an increased cross-
flow reduces the vertical mixing of the fuel. This is evident in Figure 24, where a high mixing
index, Xmix, indicates a well-mixed bed. In Paper VI, the influence of fuel density was also
investigated; it is shown that lighter particles yield higher lateral velocities due to their lower
inertia.
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Figure 23: The influence of cross-flow on the lateral velocity of the fuel (pellets). Increases in the
cross-flow shift the distributions to the left, indicating a convective mixing mechanism. Taken from
Paper VI.
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Figure 24: Vertical mixing (quantified with a mixing index, Xmi) is reduced when the cross-flow is
increasing. Error bars are included for the measurements, which were repeated. Taken from Paper
VI.

7.4 Pyrolysis time of fuel particles

In Paper VI, the time period over which it is possible to track a batch of fuel particles is limited
to 60—70 seconds before the particles become no longer visible. This time can be compared
to the time of pyrolysis of the fuel particles, which is assessed by abruptly terminating the fuel
feeding during steady-state operation and measuring the pyrolysis components, such as
methane, (y), with an online instrument. This procedure was applied by Larsson [106] and is
used in the present work to quantify the pyrolysis time of the fuel particles in the Chalmers
indirect gasifier. Since the gas analyzer is located far away from the devolatilizing fuel particles,
the gas mixing and transport delay need to be accounted for when studying the transient data
provided by the gas analyzer. This was achieved by shutting off the flow of the purge gas, i.e.,
the dry flue gas, to the cell feeders and monitoring the change in CO; concentration, which
yields a step response, (hswep). The measured methane concentration (y) is a convolution
between the impulse response of the gas mixing and transport delay (himpuise) and the methane
concentration leaving the devolatilizing particles (x), according to Eq. (14):

; (14)
y(©) = j X (D himpuase (£ — D)dt

0
where the impulse response (himpuise) is the time derivative of the measured step response

(hstep). The concentration of methane at the bed surface is obtained by solving Eq. (14) for (x).
Since convolution in the time domain corresponds to multiplication in the Fourier domain, the
deconvolution of Eq. (14) can be performed in the Fourier domain according to Eq. (15), where
the Fourier transform and its inverse are represented by F and F2, respectively.
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Deconvolution is an ill-posed problem [107], so noise in the measurements distorts the
analysis. In the present work, a function is fitted to the measured data to reduce the influence
of measurement noise and the subsequent deconvolution is applied to the fitted curve (see
Figure 25).
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Figure 25: Measured concentration of methane over time following abrupt termination of fuel
feeding. A function is fitted to the data, which are used in the subsequent deconvolution.

Despite the noise reduction obtained through curve fitting, the deconvolution is unstable,
resulting in non-physical concentration values at around 10 s, where negative values occur,
thereby explaining the gap in the graph in Figure 26. However, since the objective is to
estimate the pyrolysis time, the absolute values of the estimated concentration of methane
at the bed surface is not relevant. Instead, the time-point at which the concentration transient
has decayed, indicating complete pyrolysis. From Figure 26, it is clear that the transient
vanishes at around 70 s, which is roughly the time-point at which the fuel particles are
observed with the camera in Paper VI. Thus, it seems likely that only those particles that are
devolatilizing are captured by the camera.

Since the effect of the volatile matter that is being released from the particle is not reproduced
in cold flow experiments, valuable information regarding solids mixing is gathered using a hot
camera probe, even if it cannot capture particle motion after pyrolysis finishes. Thus, the
combination of measurements from the high-temperature and cold flow experiments
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complement each other. Thus, the complete fuel conversion process, i.e., fuel mixing for both
pyrolysing and non-pyrolysing particles, can be investigated.
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Figure 26: Estimated concentrations of methane at the bed surface using deconvolution. The
transient vanishes at around 70 s, which is the estimated pyrolysis time.

7.4.1 Additional information obtained with the hot camera probe

The camera probe used in Paper VI has been upgraded over a period of several years so as to
improve its robustness in relation to the harsh environment inside the Chalmers indirect
gasifier. In the current version of the probe, a high-temperature-resistant lens is mounted at
the front of the camera, which allows for the camera to be located further from the harsh
environment at the probe tip and provides it with adequate cooling.

In an earlier version of the camera probe, the camera was placed at the probe tip without the
additional temperature-resistant lens. With this configuration, the probe design allowed the
use of a camera that was different from that used in Paper VI, providing a higher resolution
and color video. With this system, unconverted char exiting the Chalmers CFB boiler could be
observed at the bed surface of the indirect gasifier (Figure 27). At low fluidization velocities,
the release of volatiles from the fuel fed to the gasifier could clearly be observed. The rapid
release of volatiles increases the flotsam behavior of the fuel particles, an effect previously
reported in the literature [14, 15, 34]. However, as the release of volatiles could not be
captured visually at fluidization velocities >3-times the minimum fluidization velocity, the
enhanced floatability is negligible at higher fluidization velocities.
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Figure 27: Char particles from the Chalmers boiler float on the bed surface of the Chalmers indirect
gasifier while fluidized at 1.5U .

In summary, several particle-tracking techniques have been applied in this thesis. It is
important to note that all of these techniques require the ability to distinguish individual
particles, which limits the number of tracer particles that can be used. This in turn results in
negligible interactions between the fuel particles, which is not what one would expect in
industrial boilers and gasifiers (at least in proximity to the fuel-feeding locations). Thus, fluid-
dynamic interactions between fuel particles need to be investigated by other means, either
further developed experimental methods or through the use of mathematical modeling.
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8 Conclusions

The conclusions of this work can be subdivided into: 1) those related to the bed material and
fuel and the developed methods; and 2) those linked to the results of the experiments and
the modeling.

8.1 Bed material

By applying fluid-dynamic downscaling, a lateral dispersion coefficient for bed material is
obtained that is in the range of103-107, i.e., up to two orders of magnitude higher than the
values reported in the literature (sampled in lab-units without consideration to fluid-dynamic
scaling). The lateral dispersion coefficient for the bed material increases with increases in the
gas velocity and bed height, in line with increases in the bubble size. The lateral mixing of bed
material is be correlated with both bubble size and bubble frequency, which is in agreement
with previous findings.

Lateral mixing of the bed material is induced by the bubble flow and has a dispersive nature,
which can be well described by a diffusion equation. In the presence of a cross-flow of bulk
solids, the macroscopic velocity field induced can be described by applying potential flow
theory or using the Navier-Stokes equations for a single-phase flow.

8.2  Fuel

Three experimental methods to study the fuel mixing have been developed. First, a method
was derived based on video recordings of the bed surfaces of fluid-dynamically downscaled
units. Second, a cooled camera probe was designed and used to capture multiple individual
fuel particles on the bed surface of the Chalmers gasifier operated at high temperature. Third,
a magnetic particle tracking (MPT) method applicable to 3-dimensional, fluid-dynamically
downscaled fluidized beds was developed. The spatial and temporal resolutions are
approximately 1 mm and 1 ms, respectively. This provides sufficient accuracy to characterize
the fuel flow patterns within the dense bed. Furthermore, a data processing algorithm has
been developed and implemented that allows online tracking at 100 Hz. Taken together with
the low cost of the components, the MPT technique is very competitive compared to the
options previously used by fluidized bed investigators.

The applicability of fluid-dynamic downscaling to the mixing of fuel particles has been
validated experimentally, thereby allowing cold flow models to be used in investigations of
both bed materials and fuel particles. The lateral dispersive mixing of wood chips and pellets
is strongly coupled to that of the bed material, while that of char shows a smaller dependence.
In the presence of a solids cross-flow, there exists a slip between the induced convective
mixing of the fuel and the convective field of the bulk solids. This slip decreases linearly with
fluidization velocity, i.e., the cross-flow impact factor increases with gas velocity. Tube bundles
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fully decouple the lateral fuel mixing from the solids cross-flow. Furthermore, increased solids
cross-flow reduces the vertical mixing of fuel.

The lateral mixing of fuel particles can be described by a convection-diffusion equation, which

accounts for the dispersive mixing coupled to the bubble flow and the convective mixing
related to the solids cross-flow.
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9 Future work

During the course of this work, several avenues for future studies have emerged. These studies
would improve the accuracy of the results and could also result in time savings in the
experimental work.

9.1 Particle tracking in 3 dimensions

The MPT method has so far only been applied to bubbling fluidized beds. It is of obvious
interest to apply it also to circulating fluidized beds. This should in theory be possible, although
additional sensors will be required, some of which may need to be inserted into the bed to
ensure that the magnetic tracer particle is never located too far from a sensor. Work to realize
such a measurement system is ongoing. Furthermore, since the earth’s magnetic field can
influence the orientation estimation of the tracer, additional equipment is needed to
counteract this background field.

As mentioned above, the tracer particle is currently not representative of low-density fuel
particles and only cylindrical (i.e., resembling pelletized fuel) geometries of the tracer particle
have been used. In industrial-scale beds for biomass, it is more likely that wood chips are used
as the fuel, which requires the use of tracer particles with other shapes and densities. Tests
with such tracers are ongoing, although at the time of writing of this thesis, these
measurements had not yet been evaluated.

9.2  Additional possibilities with camera measurements

The camera applied in the industrial-sized gasifier has to date only been used to evaluate the
mixing of fuel particles. It should be possible to calibrate the camera against a source of known
temperature, to investigate the temperature distribution over the bed surface. This system
should be much less expensive to use than an IR camera.

Investigations of 2-dimensional fluidized beds have been performed to characterize the
particle trajectory in the freeboard after a bubble eruption as being parabolic, whereby
correlations for a ballistic object can be used to predict the motion. This behavior is likely to
be similar in industrial-sized units, although this remains to be confirmed. Therefore, two
cameras at slightly different positions could be calibrated for stereovision, which should
resolve the 3D trajectories of the fuel particles in the freeboard.

9.3  Further investigations of cross-flow

Even though the influence of cross-flow has been investigated in this thesis, the experimental
results should be confirmed and the modelling of the flow field should be developed further.
Important features of both lateral and vertical mixing that are influenced by the cross-flow
remain to be elucidated.
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