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Abstract

In this work the utilization of some novel metal oxide bed materials in dual-fluidized bed
gasification systems has been investigated. For this purpose, metal oxide based bed materials
can be 1) directly utilized in the dual fluidized bed gasifier (DFB) or in the Chemical Looping
Combustion (CLC) process in order to achieve higher gasification rates, or 2) employed in
downstream hot gas conditioning processes, e.g. Chemical Looping Reforming (CLR), in

order to reform hydrocarbons in the raw gasification gas.

When utilizing such bed materials directly in the primary loop of a DFB gasifier or a CLC
fuel reactor, it was shown in this work that the char gasification rate can be increased by
different mechanisms. First, the gasification rate can be increased by reducing hydrogen
inhibition of the steam gasification reaction. This decrease is caused by the rapid reaction of
the metal oxide bed materials with hydrogen produced by the steam gasification. Thus,
hydrogen is effectively removed from the vicinity of the gasifying char particle. Second, the
gasification rate can be enhanced by the introduction of a potent catalyst for the gasification
reaction via the bed material, which is then transferred onto the gasifying char and catalyzes
the steam-carbon gasification reaction. This sequence of events has been demonstrated with a

Manganese ore that contained Potassium as an effective catalyst for char gasification.

Low-temperature gasification processes such as the DFB process commonly produce a raw
gasification gas that is heterogeneous in its composition and that contains, among other
contaminants, significant quantities of condensable and non-condensable hydrocarbons.
Active metal oxide bed materials can therefore be employed in a hot gas conditioning process
such as the CLR process for the purpose of conditioning the raw gasification gas by reforming
tars and lighter hydrocarbons. In this work, a large number of transition metal oxides were
screened as potential bed materials. Based on the screening results, two promising groups of
bed materials for this application were developed. The first group, Cu-impregnated alumina
materials, exhibited high degrees of ethylene conversion, but did not reform monoaromatic
compounds. The second group, Fe,Sr-doped lanthanum zirconates, achieved high degrees of
ethylene and benzene reforming while retaining methane in the gas. The benzene and ethylene
conversion could be further improved by co-feeding O, with the gasification gas. A benzene
conversion of up to 80 % and an ethylene conversion of about 95 % could be achieved at a
temperature of 850°C and at a rather high Gas Hourly Space Velocity (GHSV) of 6800 h".
Considering the expected lower costs and lower toxicity of this material compared to Precious
metal- and Nickel-containing catalysts, these metal oxide bed materials are highly promising
candidates for application in gasification gas conditioning with the CLR process, in particular

when methane is the desired end-product.

Keywords: Gasification, Chemical Looping Combustion, Chemical Looping Reforming, Dual
Fluidized Bed, Tar reforming, Hot Gas Clean-up
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1. Introduction

The gasification of a variety of solid fuels (biomass, coal, fuels of opportunity like petcoke)
presents an interesting and economically viable way of producing either electricity, various
chemical intermediates (syngas, synthetic natural gas, methanol, DME, Fischer-Tropsch
liquids etc.), heat or a combination of these'~. Gasification of solid carbonaceous fuels can be
conducted in a large variety of different gasifiers. As the gasification reactions using steam or
CO, as gasification agent of solid carbon to produce CO and H, are endothermic in nature,
heat needs to be supplied to maintain the reactor temperature. This can be achieved either by
directly heating the gasifier by supplying oxygen to it and thus utilizing the heat of the
exothermic oxidation of carbon, or by heating the gasifier indirectly by providing the heat via
a heat transfer medium. The former is commonly referred to as autothermal gasification and
the latter as allothermal gasification, and gasification processes can thus be roughly classified
according to how the heat is supplied. Many different concepts exist as to how to practically

realize autothermal or allothermal gasification™.

Prominent examples of autothermal gasification processes include Moving-Bed processes,
Entrained Flow processes and Circulating Fluidized Bed processes’. Entrained Flow processes
are usually operated at high pressures and high temperatures. The high temperature of
gasification enables rapid thermochemical conversion, but, at the same time, limits the
maximum achievable chemical energy contained in the resulting syngas, as some of the
product gas is inevitably combusted’. A further disadvantage of common autothermal
gasification processes stems from the necessity of providing oxygen to the gasifier. Oxygen
can either be provided pure, which requires a separate Air Separation Unit (ASU), or in the
form of air, which leads to a dilution of the product gas with nitrogen and thus a lower heating
value of the product gas. When the product gas is combusted to generate electricity the
presence of nitrogen can also be cumbersome when the separation of CO, from the flue gas is

required.

Although allothermal gasification processes are usually designed to operate at rather low
temperatures <950°C, they do require a heat source of sufficiently high temperature. A
process that has been suggested in the 1980s is the utilization of waste heat of hot helium gas
from a nuclear High Temperature Reactor (HTR). In this process a heat exchanger is placed
within a fluidized bed gasifier, transferring the required heat for gasification’. A more recent
proposal suggests the utilization of exhaust heat from a Solid Oxide Fuel Cell (SOFC)
available at around 900°C, by immersing tubular SOFCs directly in a fluidized bed gasifier’.
In this concept, termed Super-Integrated Gasification Fuel Cell (S-IGFC), syngas is produced,
shifted, cleaned and then utilized in the SOFCs to generate electricity. Another approach is to

retrieve some of the char from the gasifier and combust it in a separate reactor




vessel/compartment to generate the heat needed for the gasification. This heat of combustion
is then transferred back to the gasifier. As the transfer of this heat from the combustion flue
gas to the gasifier directly in a gas/gas heat exchanger within the gasifier would require very
large heat exchanger surfaces, alternative concepts for such a heat transfer are required”. One
strategy is the use of closed tubes called heat pipes, in which a small amount of a liquid is
continuously evaporated and condensed, leading to very high heat transfer coefficients and a
10 to 20-fold reduction in required heat transfer area"’. Another proposed strategy is the use of
a solid heat transfer medium. In the Dual Fluidized Bed process (DFB), char is combusted in
a fluidized bed and the heat of combustion is transferred onto the bed material (e.g. sand). The
hot particles are then circulated to the second fluidized bed, in which their heat is utilized to
drive the gasification of the solid fuel'. The somewhat colder bed material is then recirculated
back to the combustion chamber together with some unconverted char. A variation of this
allothermal DFB process is the recently proposed Triple Bed Circulating Fluidized Bed (TB-
CFB) process integrated into a so-called Advanced Integrated Gasification Combined Cycle
(A-IGCC) plant™". In such a process, an additional downcomer reactor is envisioned in order
to separate the pyrolysis and the gasification'. Also, the heat required for gasification is only
partly provided by combustion of the char, and is complemented by heat provided by the gas

turbine exhaust in order to increase the overall electrical efficiency of the process”.

Another process which can be considered a variant of the DFB process is the Chemical
Looping Combustion (CLC) of solid fuels"". In this process, the aim is to completely oxidize
the fuel in the fuel reactor/gasifier by providing oxygen to the gasifier via the bed material.
This can be achieved by choosing appropriate metal oxides as the bed material which are able
to take up oxygen during exposure to air, transfer it to the gasifier and utilizing it for the
combustion of the fuel. The reduced bed material is then recirculated back to the air reactor
where it is reoxidized. Contrary to the DFB process, in CLC it is desired to achieve full
conversion of the char in the gasifier and to avoid combustion of the char in the air reactor.
The heat needed to drive the gasification reactions is instead obtained from the strongly
exothermic oxidation of the bed material in the combustor. The obvious advantage of such a
process over other combustion processes is that neither an ASU is required to generate
oxygen, nor is the flue gas diluted with N,. This allows for easier purification of the flue gas

to obtain pure CO, that can be sequestered or utilized.

In summary, it is observed that the majority of proposed allothermal gasification processes are
carried out in fluidized beds and at rather low temperatures <950°C in order to achieve high
efficiency and to avoid agglomeration of the bed material. However, the low operating
temperature also brings about a number of challenges for the design of the gasification

process. Two of the most prominent are 1) to achieve high gasification rates, since at low




temperature, the gasification reaction is kinetically controlled, and 2) to remove or reform

hydrocarbons and other contaminants found in the raw product gas.

For both of these challenges, transition metals / metal oxides based bed materials could
present a potential remedy. Particular metal / metal oxide pairings or combinations thereof
possess catalytic activity or redox properties of interest in the context of addressing these two
challenges. These materials can either be employed directly in the gasifier or in a separate

reactor system downstream of the gasifier.

In this thesis, such a use of active bed material will be demonstrated by two examples:
Challenge 1 is addressed in the context of the DFB and the CLC process, where high char
gasification rates at rather low gasification temperatures need to be realized. This can be
achieved by the presence of active metal /metal oxide materials in the gasifier, the

mechanisms of which will be discussed in Chapter 2 and Papers I-I1I of this thesis.

Challenge 2 will be addressed in the context of gas cleaning / upgrading of raw gasification
gas in a separate downstream unit referred to as Chemical-looping Reforming (CLR). Here,
active metal / metal oxides materials are employed in a Dual Fluidized Bed to reform tars and
other hydrocarbons, which represent a significant type of contamination of the product gas.
This will be discussed in Chapter 3 of this thesis and Papers IV-VIIL.

A schematic of the DFB, CLC and CLR processes and their terminology are shown in
Figure 1.
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Figure 1: Schematic of the DFB, CL.C and CLR processes.




2. Enhancing the char gasification rate in a CLC/DFB gasifier by
the use of active metal oxide bed materials

When a wet solid fuel is introduced to a CLC/DFB gasifier, it undergoes three distinct
conversion steps. First, it is dried. Upon further heating, it undergoes devolatilization/
pyrolysis, in which volatile compounds are released and a solid, carbon-rich residue usually
referred to as char is obtained. The fraction of the fuel released as volatiles as well as the
nature of the volatile compounds depend on the conditions under which the fuel is
devolatilized such as temperature and pressure and the nature of the solid fuel. For coal, the
volatile matter content depends on the rank of the coal. Low rank coals such lignite may yield
as much as 50 wt-% volatile matter whereas high rank coals such as bituminous coals and
anthracites yield significantly lower amounts of volatile matter. The main gaseous products of
the devolatilization of coal are C, to C, hydrocarbons, monoaromatics, light gases such as CO
and H,, and tars". The volatile matter content of biomass may be as high as 80 wt-%". In a
third and final step, the char is gasified and the volatile compounds may be further reformed.

Either steam or CO, can act as gasification agents for the char:
C+H,0 —» CO+H, (1)
C+CO, -2 CO 2)

In comparable reaction conditions (temperature, partial pressure of gasification agent), the
steam gasification rate is usually up to one order of magnitude higher than the gasification
rate with CO, as gasification agent”. In this work, the focus will thus be on steam gasification.
The rate of char gasification is of great importance in order to achieve a high degree of char
conversion at a reasonable residence time of the char in the gasifier. In the CLC process, full
conversion of char is desirable. In contrast, in the DFB process, only a certain fraction of the
char is to be gasified in order to be able to combust the remaining char for generating the heat

necessary for driving the endothermic steam gasification reaction.

In this chapter, the mechanisms of char conversion will be reviewed briefly. Then, measures
that have been proposed to increase char conversion in low temperature gasifiers will be
discussed, with a focus on the use of active metal oxide bed materials for increasing char
conversion. Some experimental results obtained in this context in this work are then briefly

summarized.




2.1.Mechanisms of char gasification in a low temperature gasifier

Char gasification with steam as a gasification agent can either proceed non-catalytically or
can be catalyzed by a variety of metals. In both cases syngas consisting of CO and H, is
predominantly formed. Both the catalytic and non-catalytic gasification steps are inhibited by

their respective product gases.

2.1.1. Non-catalytic gasification of char

In order to understand the mechanism of non-catalytic char gasification, it is necessary to

investigate the steam-carbon reaction more in detail.

The gasification of carbon can be split up in two sequential steps™. First, an adsorbed water
molecule and a free, active gasification site C, generate a C(O) surface complex and a

hydrogen molecule (oxygen exchange)™:

k
C; + H,0 - C(0) + H, 3)

The C(O) surface complex then reacts to gaseous carbon monoxide and a new free, active

gasification site (gasification):

k
C(0) = CO +C; 4)
According to Hiittinger et al.” the hydrogen inhibition of the steam gasification can be
described by three different models as elaborated below.

The oxygen exchange model is based on the assumption that reaction (3) is reversible:

k_
C(0) + H, = C; + H,0 5)

Furthermore, two different models based on hydrogen adsorption have been suggested. The
first hydrogen inhibition model assumes dissociative hydrogen adsorption on the carbon

surface:
1 ks
Ce + §H2 = CH) 6)
k_3
The second hydrogen inhibition model assumes “associative” hydrogen adsorption:

ky
Ci +H, k_i C(H), (7)




A Langmuir-Hinshelwood type rate expression can be derived for the oxygen exchange model

as follows, taking into account eqns. (3) to (5):

rco = kyCeoy 3)

rco) = —K_1Cc0)Cx, — koCc(0) + ki Cc,Cyy,0(1 — 0) )

_ Cco
e_%r (10)

0 denotes the surface coverage. Assuming steady state

dC
2 =r1¢0) =0 (11)

Ch,0 * pu,0 and Cy, & py,, with ¢ being a lumped constant, yields the expression (12) for

the rate of steam-carbon gasification. The rate expressions for the other models can be derived

accordingly.
Oxygen exchange model r=— ckllf’szO (12)
1 +épH20+k;zlpH2
Dissociative hydrogen adsorption r=— Ck'pﬂio — (13)
1 +épH20+é\ sz
“Associative” hydrogen adsorption r = ckiPry0 (14)

St ka4
1+k2pH20+k_4pH2

As equations (12) and (14) are formally identical, it is more complicated to distinguish

between these two inhibiting effects.

It is believed that the inhibition due to the oxygen exchange model, equation (5), and the
inhibition due to the formation of C(H,) complexes, equation (7), are reversible™”. A
permanent reduction of the number of free, active gasification sites by these inhibition
mechanisms is therefore omitted and the rate of gasification of carbon depends solely on the

current hydrogen partial pressure in the reactor’.

In the past, a number of researchers have observed hydrogen inhibition of the steam

gasification reaction that follows an LHHW rate expression with a square root dependency on




the hydrogen partial pressure and therefore inhibition due to the formation of C(H)

21-24

complexes” . The C(H) surface complexes were found to be stable and therefore the

hydrogen inhibition was assumed to be irreversible”.

The reversible or irreversible nature of the H, inhibition was, however, explicitly investigated

20,21

by only few authors Hiittinger et al.” conducted gas exchange experiments and

gasification experiments with H,-pretreated carbon and observed a large irreversible H,
inhibition. Lussier et al.” observed an irreversible H, inhibition only at the very beginning of
the gasification process and could not observe irreversible inhibition in gas exchange

experiments.

Since the rate equations for the oxygen exchange model and the associative hydrogen
adsorption model have the same mathematical structure, distinguishing between these two
models is somewhat complicated. Lussier et al.”’ have investigated the hydrogen inhibition for
steam/hydrogen gasification using temperature programmed desorption (TPD) for annealed
Saran char. The authors showed that associatively adsorbed hydrogen is completely desorbed
at temperatures above 727°C during TPD. Consequently, associative hydrogen adsorption
should not be present at temperatures higher than 727°C and therefore should not inhibit the
reaction. Thus, it can be concluded that at higher temperatures the oxygen exchange

mechanism is likely to inhibit the gasification reaction™.

2.1.2. Catalytic gasification of char

The gasification of carbon can be catalyzed by a broad range of inorganic constituents, the
most active being transition metals, alkali metals and alkaline earth metals”. Their activity
depends on the gasifying conditions, the gasifying agent (in this case steam) and the
dispersion of the catalyst. Nishiyama suggested the classification of catalysts for the carbon
gasification reactions into three distinct groups based on their observable influence on the
resulting catalytic gasification behaviour. He classified the catalysts into the alkali metal
group, the alkaline earth metal group and the iron group, containing Ni and Fe”. Mims
suggested a classification based on catalyst morphology and thus its mode of attack on the
carbon surface. That is, the strength of the interfacial attraction of the catalyst and the carbon
surface determines the wetting tendency. Thus, catalysts with weak interfacial attraction tend
to form discrete particles resulting in a channelling mode of catalytic attack. On the other
hand, catalysts with strong interfacial attractions tend to form thin films resulting in edge
recession as the dominant mode”. A channelling mode of attack has been observed for
transition metals such as Ni, Fe and V whereas an edge recession mode has been observed for
alkali and alkaline earth metals such as K and Ca”. As the initial dispersion of the catalyst is
crucial for the effective catalysis, the method by which the catalyst is introduced into the fuel

is of relevance. Often times the catalyst is introduced to the solid fuel by wet impregnation”.




Out of the potential catalysts, the alkali metal group, in particular potassium, has been
researched most extensively. This is due to the abundance of potassium in the earth’s crust
and thus its low price and the high activity it exhibits towards the gasification of coal”™. The
mechanisms and kinetics of alkali metal catalyzed gasification have therefore been
investigated thoroughly by a number of researchers. It was found that the main mechanism of
catalysis involves the supply of oxygen from the catalyst to the carbon. McKee et al. proposed
a catalytic cycle initiated by the carbothermic reduction of the alkali carbonate”. For the K-

catalyzed steam-carbon reaction the suggested catalytic cycle can be written as follows:

K,CO; +2C - 2K +3CO (15)
2K + 2 H,0 - 2 KOH + H, (16)
2 KOH + CO - K,CO; + H, (17)

Mims and Pabst” proposed a rate equation for the catalyzed steam gasification analogously to
the rate equation for the uncatalyzed steam gasification reaction, which also includes a

hydrogen inhibition term.

_ szO
TCHH,0, catalyzed =K3 ———— (18)
2 2

Meijer et al. derived more complex kinetics for the alkali catalyzed steam gasification and

observed, additionally to H, inhibition, severe gasification inhibition by CO™.

Many solid fuels that can be utilized in low temperature gasification processes such as coal, in
particular lignite, and biomass can already contain rather large quantities of alkali metals such
as Na and K, either bound in mineral matter or bound to the organic structure of the fuel.
These can exhibit catalytic activity towards the steam-carbon gasification reaction and thus

lead to an inherently increased char gasification rate™.




2.2.Measures to increase char conversion in a low temperature gasifier

In the low temperature steam gasification of solid fuels in fluidized beds, the operating
temperature is constrained either by a desire to maintain a high cold gas efficiency of the
gasification process or by fuel-related ash softening or agglomeration issues. For a given fuel
at a given temperature and pressure, an increase in char conversion in the gasifier can then be
achieved either by increasing the rate of char gasification or by increasing the residence time
of the char in the gasifier. This can be practically realized by either changing the physical
layout of the gasifier, by altering the fuel prior to its introduction into the gasifier or by using
an active bed material. An attempt at categorizing proposed measures to increase char

conversion according to these classifications is shown in Table 1.

Table 1: Overview and categorization of some proposed measures to increase char conversion

Increasing avg. char residence time

Increasing gasification rate

Design

optimization

e Change of solid fuel flow pattern in
gasifier by
o insertion of internals (tubes,
baffles)”

o installing Carbon stripper™”

e Separating gasification and pyrolysis
o Triple-Bed CFB with
downcomer"
o Dong et al. concept™
o VIKING gasifier”

¢ Impregnation of catalyst on
27

Alteration of fuel oraw fuel

o demineralized fuel (e.g.

HyperCoal process)™

Use of active bed ¢ Catalyzing gasification by in-situ
material

to char (Paper III)

Average char residence time can be potentially improved by design measures that alter the
flow of the solid fuel through the gasifier. For the DFB process, the insertion of internals such
as tubes and baffles has been suggested and investigated”. For the CLC process the residence
time of the fuel in the gasifier / fuel reactor has been shown to be significantly increased by
the installation of a Carbon stripper’”. In such a Carbon stripper, the unconverted char is
separated from the bulk bed material particles by exploiting the difference in terminal velocity
of the char and the bulk bed material as a consequence of a difference in density and/or
particle size™”. The unconverted char is then reintroduced to the gasifier / fuel reactor,

whereas the bulk bed material is circulated back to the combustor (see Figure 1).
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An increase in gasification rate can be achieved by constructive measures that separate the
char gasification and the pyrolysis physically in order to avoid exposure of the char to
volatiles generated during the pyrolysis. It has been demonstrated that such an exposure leads
to a decrease in char reactivity”. The reason for this decrease is believed to be that the steam
reforming of volatiles generates hydrogen radicals which then induce a condensation of
aromatic ring systems in the char, leading to its graphitization”. Many different reactor
designs have been proposed to avoid such volatile-char interactions. Matsuoka et al. proposed
a Triple Bed Circulating Fluidized Bed (TB-CFB), in which an additional downcomer reactor
is installed in which the fuel is pyrolyzed and then the char is introduced to the gasifier"*"*
In the VIKING gasifier, the fresh fuel is first pyrolyzed and the volatiles are then partially
oxidized at high temperature, and that gas is then used to gasify the remaining char’’. Dong et
al. proposed a reactor concept with a counter-current flow of solid fuel and gas in which the

fuel is thought to be devolatilized before it reaches the char bed™.

As described in section 2.1, the char gasification rate can also be increased by impregnating
the fuel with an effective catalyst prior to its introduction into the gasifier. Either the raw fuel
can be impregnated directly, or the fuel can be pre-treated by acid-leaching of ash forming
minerals”. Ash-free coal termed “HyperCoal” impregnated with K,CO, has been shown to
achieve even higher rates of gasification than raw coal impregnated with K,CO, due to the
avoidance of deactivation of the catalyst by the interaction with mineral matter contained in
the raw coal™. However, both of these options require the treatment of all of the fuel that is to

be gasified, which may result in high costs due to the large mass flow of fuel.

Finally, the gasification rate of the char may also be increased by using a fluidized bed
constituted of active bed material in the gasifier. In the work presented in this thesis, this
approach of increasing char conversion was pursued. Two different ways in which an active
bed material can increase the gasification rate were investigated. First, an oxidized metal
oxide bed material could provide lattice oxygen to convert some or all of the product gases of
the steam-carbon reaction, which would result in a decrease of the H, concentration in the
environment in which the char is gasified. As discussed in section 2.1, H, is a potent inhibitor
of the char gasification reaction. In Papers I and II of this thesis the effect of H, removal on
the inhibition of the char gasification is discussed and experimentally quantified. In these
papers, this effect is studied at rather low hydrogen pressures that are to be expected in the
vicinity of active metal oxide bed materials. A second way of increasing char gasification rate
considerably by using active bed materials is the introduction of a catalyst via the bed

material to the gasifier. This is discussed and demonstrated for a Manganese ore in Paper III.
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2.2.1. Decreasing H, inhibition by use of active bed material

The decrease of H, inhibition due to the removal of H, by reaction with an oxidized active
metal oxide bed material is of interest and has been investigated both in the context of CLC
and in the context of DFB gasification. As solid-solid reactions between the char and such an
active metal oxide bed material do not occur at an appreciable rate, the char is first gasified by
steam according to equation (1). Subsequently, the resulting syngas is further oxidized by

reacting with the active metal oxide bed material:
CO+Me, Oy — CO,+Me, O, _; (19)
H,+Me, Oy - H,0+Me, O, _, (20)

Analogously, volatiles evolved during devolatilization of the fuel may be oxidized by the bed
material. For CLC, the decrease of H, inhibition is an inherent feature of the process. H,
evolving from the fuel devolatilization and char gasification will be oxidized by the metal
oxide bed material according to equation (20), thus decreasing the partial pressure of H, in the
reactor. For DFB gasification, only partial oxidation of the syngas is desired at most, and,
while a partial oxidation of H, by the bed material may yield higher char conversion, it
simultaneously reduces the cold gas efficiency of the gasification process. This interplay has

been investigated in greater detail by Larsson et al*.

Experiments were carried out in this work to demonstrate the applicability of the hydrogen
inhibition concept to char gasification in the vicinity of an oxidized active metal oxide bed
material. Further experiments were conducted to determine the predominant hydrogen
inhibition mechanism, to determine its reversibility or irreversibility and to quantify this
effect.

Details of the design of the experiments and the experimental setup are described in Paper I
and Paper II of this work. In these experiments small batches of different solid fuels were
converted with steam in small fluidized bed reactors in the presence of diverse metal oxide
bed materials. The applicability of the hydrogen inhibition concept was shown by connecting
the observed gasification rate to the hydrogen partial pressure in the reactor. In this way the
reaction kinetic rates have also been quantified as a function of the hydrogen and the steam
partial pressure. It was found that the hydrogen inhibition of the steam-carbon reaction could
best be described by a linear dependence of the inhibition term on the hydrogen partial
pressure corresponding to either the oxygen exchange model, equation (12), or the associative

hydrogen adsorption model, equation (14).

To determine the irreversibility of the hydrogen inhibition, experiments have been carried out

in which wood char particles were pretreated at 970°C with either 30 mol-% H, in N, or pure
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nitrogen before their gasification. The results of these experiments are shown in Figure 2.
These results did not indicate a significant change in gasification rate when the char particles
are pretreated with hydrogen, even after a long pretreatment time of 60 minutes. The small
changes in gasification rate that could be observed can be attributed to experimental
variations. Thus, under the given experimental conditions, an irreversible hydrogen inhibition
could not be observed even after a rather long exposure of the char particles to H,. Since the
formation of C(H) complexes was found to be irreversible by other researchers, hydrogen
inhibition due to the formation of such complexes appears unlikely as the predominant

mechanism of hydrogen inhibition.

1.2 =

1.1 -

0.9 -

0-8 L] I L] I L] I

0 20 40 60
Pretreatment time [min]

Relative gasification rate for H, pretreatment
compared to N, pretreatment [-]
|_\

Figure 2: The relative change of gasification rate for H, pretreatment compared to N,

pretreatment for different pretreatment times. (#): experimental values.

As discussed in section 2.1, a distinction between the oxygen exchange model and the
associative hydrogen adsorption model is complicated due to the identical structure of the rate
equations. However, based on the analysis by Lussier discussed in section 2.1, it can be
concluded that for temperatures relevant for low-temperature gasification processes above
727°C, the oxygen exchange mechanism is likely the dominant mechanism of inhibition of

the char gasification reaction.

The obtained reaction kinetics can be utilized to plot the expected gasification rate as a
function of hydrogen and steam partial pressure. This is shown in Figure 3 and Figure 4 for

two different fuels, a Swedish wood char and a Colombian bituminous coal at 970°C.
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Figure 3: Prediction of the rate of conversion as a function of hydrogen volume fraction for

steam gasification of Swedish wood char and El Cerrejon coal in 50% and 70% steam.
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Figure 4 Prediction for the rate of conversion of Swedish wood char and El Cerrejon coal as a

function of steam volume fraction for 5 % and 1% hydrogen volume fraction.
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2.2.2. Catalyzing gasification by in-situ transfer of catalyst from bed material to

char

Apart from increasing the gasification rate by decreasing the H, concentration in the vicinity
of the char, an increase in gasification rate can be also achieved by catalyzing the steam
gasification of char. This can be achieved by using a bed material which is able to release
catalytically active elements in the gasifier that can be adsorbed by the char and then catalyze

its gasification.

In previous research it has been observed that for several solid fuels very high char
gasification rates can be achieved when the char is gasified in a bed of Brazilian Manganese
ore. The observed apparent gasification rates for a petroleum coke were as much as five times
higher than rates observed in an ilmenite bed and almost ten times higher than rates observed
in a sand bed”™. Furthermore, it was observed that the rate of char gasification in a bed of
Brazilian manganese ore greatly exceeded those seen in a bed of synthetic manganese oxide
particles”. This indicated that a decrease in H, inhibition due to high reactivity of Manganese
towards syngas cannot be responsible for the drastic increase in gasification rate. Thus, in
Paper III of this thesis, the mechanisms of char conversion in the presence of this bed material
were investigated in more detail. In order to omit any influence of the conversion of volatiles
on the char conversion and to make catalyst transfer from the bed material observable,
petroleum coke was chosen as a model fuel because it has a very low volatile matter content
and it contains no catalytically active alkali metals. With this fuel, partial gasification
experiments were conducted. In these partial gasification experiments batches of petroleum
coke particles were inserted into a fluidized bed consisting of quartz sand (for reference) and
into a fluidized bed consisting of Brazilian Manganese ore. The particles were then partially
gasified in 50 % H,O in N,, and the gasification reaction was then interrupted by cooling
down the reactor rapidly in a flow of pure N,. Both batches of partially gasified petroleum
coke particles as well as a batch of fresh petroleum coke particles were then analyzed with a
Scanning Electron Microscope (SEM) and by Energy-dispersive X-ray spectroscopy (EDX).
EDX mapping revealed that the particles gasified in the manganese ore fluidized bed
contained significant quantities of potassium (about 0.3 wt-%), whereas potassium could not
be detected in either the fresh petroleum coke or the petroleum coke gasified in a sand bed.
This proved the occurrence of a transfer of potassium from the manganese ore bed material to
the petroleum coke particles during the fuel conversion process. EDX mapping of the cross-
sections of fuel particles gasified in the manganese ore also demonstrated that the potassium
was well and almost uniformly distributed throughout the particle. This shows a high mobility
of the potassium from the manganese ore to the fuel and may thus indicate a potassium

transport via the gas phase.
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Although the observed quantity of K of about 0.3 wt-% seems small, effective catalytic
gasification by potassium has been observed previously at low potassium concentrations of
1 wt-% by other authors™. When employing a wet impregnation method the formation of
alkali metal carbonate crystals is likely to occur, which hinders the dispersion of the alkali
metal”. In the experiments discussed in this work, the transfer of K to the particle occurs at
high temperatures and likely via a gas-phase compound. As a consequence, the dispersion of
K throughout the particle can be expected to be significantly improved in comparison to wet
impregnation methods. Thus, the relatively small absolute quantities of K detected may be

sufficient for effective gasification catalysis.

SEM/EDX analyses of particle cross-sections of both fresh manganese ore and used
manganese ore revealed that the ore contains K-Al-Si-rich inclusions that have a composition
which corresponds approximately to a Kalsilite-like structure (KAISiO,). The Potassium
transferred onto the fuel is thus likely to originate from these Kalsilite-like inclusions in the

ore.
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3. Chemical Looping Reforming (CLR) with active metal oxide
bed materials

In contrast to high-temperature gasification processes, low-temperature gasification processes
such as the DFB process produce a raw gas which is highly heterogeneous in its

-5

composition”™". In Table 2 the gas compositions of several DFB gasifiers with biomass as

fuel are shown.

Table 2: Gas composition and approximate energy content of raw gasification gas from three
different DFB gasifiers

Chalmers gasifier” FICFB gasifier’' MILENA gasifier”

Fuel used Wood pellets Softwood pellets Beech wood chips
Bed material Sand Olivine Sand
T, e [°Cl 830 803 851
H,O [mol-%] 50.71 47.5 39

mol% db % energy” mol% db % energy” mol% db % energy”
H, 21.02 16 35.3 29 24.9 18
Cco 35.35 26 29.1 24 28.8 21
Co, 14.47 17.3 20.4
CH, 12.85 30 11.1 28 11.7 27
CH, 5.26 20 3.5 14 4.9 18
BTX n.d. n.d. n.d. n.d. 1.2 10
N, 11.06 1.2 6.2

g /m’, db
Tars 32.89 8 17.7 5 27.8 6

"Assumptions for calculating energy content: C,H, as ethylene, BTX as benzene, tars as naphthalene.

Apart from the main syngas components CO and H,, the raw product gases contain substantial
amounts of hydrocarbons. The CH, content is around 11-13 mol-%(db), the C,H, content
around 3-5 mol-%(db), the monoaromatics (benzene, toluene, xylene) content up to 1.2
mol %(db) and the content of heavier, condensable hydrocarbons commonly referred to as
“tars” is about 10-30 g /m’; (db). The already high CH, content of the raw gas of these DFB
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processes makes it especially attractive for the production of Substitute Natural Gas (SNG) in
a downstream methanation process. It should be noted that the high content of hydrocarbons
in the gas originates mainly from the high volatile matter content of biomass, and when using
lignite as a fuel in a DFB process, a considerably lower fraction of hydrocarbons is to be
expected”™”. When the composition of the raw gas with woody biomass as a fuel is expressed
as energy content of the combustible components, it can be observed that only about 40-55 %
of the energy is contained in the main syngas compounds, about 30 % in the form of CH,,
about 15-20 % in the form of C, hydrocarbons, up to 10% in the form of benzene, toluene and
xylene (BTX) and about 5-8 % in the form of tars. The high energy content of these
hydrocarbons incentivizes the application of gas conditioning strategies that do not simply
remove them from the gas stream, but instead recover them as useful byproducts or reform
them to compounds whose chemical energy can be utilized in downstream synthesis steps.
Thus, these hydrocarbons, together with other impurities such as sulphur compounds and
ammonia, require a considerable gas cleaning and conditioning effort downstream of the
gasifier when this gas is to be utilized for combustion or in the synthesis of fuels such as SNG
in an efficient fashion. Especially cumbersome are tars as they start condensing already at
rather high temperatures which may cause operational problems such as fouling and blocking
of downstream equipment’. Apart from tars and hydrocarbons, sulfur species are also
cumbersome when a fuel synthesis is to be conducted, as sulfur is a potent poison for Nickel-
based methanation catalysts already at very low concentrations”. Raw biomass gasification
gas usually contains sulfur in the form of H,S, COS and organic sulfur compounds such as
thiophene (C,H,S)™"".

When the objective is to produce SNG, a gas conditioning system should thus ideally be able

to fulfill the following targets with as few unit operations as possible:

e Retain CH, in the gas as it is the desired product.

e Completely convert/remove tars and all other hydrocarbons except CH,. Ideally, the
chemical energy of the hydrocarbons would at least partially be retained by reforming
hydrocarbons to either syngas or directly to CH,.

e Remove all sulfur species from the gas, including H,S, COS and organic sulfur.

e Remove NH, and HCI from the gas.

e Adjust the concentrations of H,, CO and CO, so that the feed gas module

_ X=X

= ﬁ is equal to 3. This can be achieved via the water gas shift reaction and/or
cotXco,

the separation of CO,.
Generally, it is more desirable to conduct gas cleaning and conditioning at temperatures
between the gasifier outlet temperature and the inlet temperature of the catalytic synthesis

process (around 300°C for the methanation process). When low temperature gas conditioning
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steps are conducted, the gas needs to be reheated again to the temperature required in
subsequent synthesis steps, such as the methanation. When all the gas conditioning steps are
conducted at temperatures higher than or equal to the inlet temperature of the synthesis

process, such a reheating can be avoided.

For the removal of sulfur compounds from the gasification gas, different strategies need to be
pursued when hot gas cleaning is desired as compared to cold gas cleaning. When biomass is
used as fuel, the gasification usually contains sulfur predominantly in the form of H,S (50-200
ppm), with smaller quantities of COS and organic sulfur also present™. In a typical low-
temperature gas conditioning configuration, organic sulfur and COS are first hydrogenated to
H.S in a catalytic hydrodesulfurization reactor (HDS), the H,S is then removed in a scrubber
and residual sulfur species are finally captured in a guard bed. When the sulfur removal is to
be conducted at higher temperatures >300°C, solid sorbents that are able to bind sulfur need

to be utilized™®

. ZnO-based sorbents exhibit favorable properties for sulfur removal from
gasification gas, and are currently evaluated for sulfur removal from a coal gasification gas at
an IGCC power plant at a 50 MW, scale’’. However, while ZnO-based sorbents are able to
reduce H,S and COS concentrations to sub-ppm levels, they are not able to adsorb organic
sulfur compounds such as thiophene™. As a consequence, an HDS unit would still be required
upstream of a ZnO sorbent bed when very low sulfur levels need to be realized. Mn-based
sorbents have also been evaluated for hot gas desulfurization of gasification gas, however

only with H,S as sulfur compound”™

. Recent experimental results obtained at Chalmers
University of Technology indicated that these materials are not able to remove organic sulfur

compounds from the gas.

For the removal or reforming of tars and hydrocarbons from the gasification gas, numerous
approaches have been suggested. They can be categorized as primary measures conducted
directly inside the gasifier or secondary measures conducted downstream of the gasifier in
separate unit operations™®. One suggested primary measure is the use of active bed materials
in the DFB gasifier. As seen in Table 2, the use of olivine as a bed material in the FICFB
gasifier reduces the amount of tars and C, hydrocarbons significantly”. However, primary
measures are limited in their efficiency, mainly due to the limited contact time between the
bed material and gases evolving from the fuel. Secondary measures allow for greater
flexibility in process parameters such as operating temperature and additional steam injection,
and a well-defined residence time of the gas offers the potential of achieving a higher degrees

< 58,65
of gas conversion .

Secondary measures can either be conducted at low temperatures (e.g. scrubbing with water,
oil or other solvents, active carbon filters) or at medium to high temperatures. As already
mentioned, hot gasification gas conditioning is desirable when the gas is used in high-

temperature synthesis processes downstream of the gas cleaning. However, many catalytically
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active materials investigated for hot gasification gas conditioning suffer from deactivation due
to the formation of coke and the adsorption of sulfur on the catalytically active surface. This
is particularly problematic when they are used in reactor configurations in which they are
continuously exposed to the raw gasification gas”®. As a potential remedy for such
deactivation, reactor configurations have been recently proposed that circumvent this problem
by continuously regenerating the catalyst in a similar way as it is conducted in a Fluid
Catalytic Cracking (FCC) unit

realized in a dual-fluidized bed reactor system. The bed material is circulated between a

™ In such a process, the gas conditioning is envisaged to be

reformer, in which the bed material is contacted with the raw gasification gas, and a
regenerator, in which the bed material is regenerated by oxidizing coke deposits and sulfides
with air. Throughout this thesis this process is referred to as Chemical Looping Reforming (in
short CLR)”. This proposed process and its terminology are illustrated in Figure 1 in section
1. An overview of plausible hydrocarbon reaction pathways in the CLR process can be found
in Paper IV appended to this thesis. In the CLR process the degree of oxidation of the raw gas
is determined by the amount of oxygen transported by the bed material from the regenerator
to the reformer. The degree of oxidation may thus be controlled by the oxygen carrying
capacity of the bed material, the recirculation rate of the bed material or by providing an

understoichiometric amount of oxygen to the regenerator.

For the CLR process, the selection of an appropriate bed material is essential. The aim of the
work conducted for this thesis was thus to identify, test and improve suitable bed materials

that perform well with respect to the conversion of tars and other hydrocarbons.

The vast body of literature on tar removal or reforming from raw gasification gas in fixed bed
reactor configurations shall serve as a starting point for the identification of promising bed
materials for CLR. An overview and categorization of these materials has been presented by
El-Rub et al.”.

Calcined rocks containing alkaline earth metal oxides such as CaO and MgO have received
much attention because they exhibit high degrees of tars conversion’””. They can be produced
by calcining carbonate rocks such as limestone, calcite or dolomite. They were found to be
capable of steam reforming C, to C, hydrocarbons and even monoaromatics such as
benzene™™, compounds which are notoriously difficult to convert. At the same time, calcined
rocks retain CH, in the syngas, which would be advantageous if CH, is the desired product”.
It was observed that coke formation leads to deactivation of the calcined rocks by covering
their active sites and blocking pores””. Due to their high activity for tar reforming, their
inexpensiveness and their abundance, these materials appear attractive for use in CLR as the
deactivation by coke formation could potentially be overcome by continuous regeneration.
However, the softness and brittleness of these materials results in high attrition rates when

used in fluidized beds”. Calcined rocks were thus not further considered for use in CLR.
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Char produced by the pyrolysis of coal or biomass has also attracted considerable attention for

its tar removal capabilities recently’™

. It has been observed that char exhibits high activity
towards the conversion of tar compounds in gasification gas". Generally, the conversion of
aromatics over char increases with the number of aromatic rings per molecule, and the
conversion of benzene is thus most difficult to achieve™. Nevertheless, in the presence of
steam and H, high degrees of benzene conversion >60% were observed at T=850°C".
Aromatics were mainly decomposed to coke, and the gasification rate of coke needs to be

high enough to maintain catalytic activity' ™

. Chars or char as support for metal impregnated
catalysts are, however, unsuitable as bed materials in CLR since they would easily be

combusted when exposed to oxygen-rich gas in the regenerator.

Solid acid catalysts, and in particular zeolites, have also been investigated for tar removal
from gasification gas™. A naphthalene conversion of up to 55% was observed at T=750°C
over ultra-stable Y zeolites (USY)™. Since rare-earth exchanged USY zeolite constitute the
catalytically active part of FCC catalyst formulations, the use of commercially available FCC
catalysts for tar removal appears plausible®. In the “Therminator” process, whose layout is
similar to the CLR process, a mixture of ZnTiO, sulfur sorbent and commercial FCC catalyst
was used as the bed material at a temperature of 600°C. The acidity of the FCC catalyst
causes fairly high degrees of tar cracking to form coke, which is then combusted in the
regenerator. H,S is chemisorbed to form ZnS, which is then oxidized in the regenerator to
form SO,. CH, and C, hydrocarbons are neither converted nor removed in this process”.
Because of the inability to convert lighter hydrocarbons and the limited operating temperature
as a result of hydrothermal instability of USY zeolite, FCC catalysts were not investigated as
bed materials in CLR.

Platinum group metals such as rhodium, ruthenium and iridium were found to be particularly
active for CH, steam reforming™. As a consequence, they attracted some interest for their use
in gasification gas conditioning as well. Similar trends were observed in biomass gasification
gas cleaning, with rhodium and iridium generally being the most active in the steam

. ~ . 87-91
reforming of aromatic compounds such as benzene

. Due to their very high activity for
hydrocarbon reforming, rhodium and iridium containing catalyst convert not only tars and
BTX, but also lighter hydrocarbons such as ethylene”. From the viewpoint of catalytic
activity, these catalysts appear thus highly attractive for utilization in gasification gas
conditioning. However, the high price of platinum group metals is an issue, especially when
the catalyst is to be used in a fluidized bed in the CLR process, where loss of catalyst due to
attrition and intermixing with dust from the gasifier can be expected. Therefore, platinum

group metals containing catalysts were not investigated as bed materials in CLR either.

Instead, the focus has been put on first-row transition metal containing bed materials.

Naturally occurring ores, waste materials and synthetic catalyst were considered. At Chalmers
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University of Technology the CLR process has been tested for gasification gas conditioning

. . . . 69,92
in a continuous unit. [lmenite natural ore

, a Manganese natural ore”, Mn,O, supported on
Zr0,” and NiO supported on a-ALO,” have been investigated as bed materials. With
ilmenite and the Mn-containing materials, a decrease of the total mass of tars was observed,
but CH,, aromatic compounds and C, hydrocarbons were not converted efficiently. The Ni
catalyst was able to convert tars, C, hydrocarbons, aromatic compounds and some CH,.
However, the utilization of Ni- or Co-containing catalysts is problematic as they pose a health
risk when used in a fluidized bed due to the formation of breathable dust because of particle

attrition.

The aim of the work was thus to identify, synthesize and investigate bed materials containing
first-row transition metal / metal oxides other than Ni or Co for their use in gas conditioning
of raw gasification gas in the CLR process. To this end, an experimental setup was
constructed in which bed materials can be investigated; in particular their transient behavior
when being exposed to reducing and oxidizing conditions as they would be exposed to in a
CLR unit. Flue gas compositions were analyzed by FT-IR with a high time resolution.
Ethylene, toluene and benzene were used as tar surrogates in a synthetic gasification gas
matrix. Not only are they interesting as tar surrogates, but the fate of ethylene and
monoaromatics is also of great relevance due to their high concentrations and energy content
in the raw gas as shown in Table 2. In all CLR experiments conducted in this work, the tested
bed material was alternatingly exposed to reducing and oxidizing conditions in order to
emulate the circulation of the bed material between the regenerator and the reformer of a
continuous CLR unit. The bed material was exposed to gasification gas for 1000 seconds and
to air for 360 seconds to allow for full reoxidation of the bed material. In between these
exposures, the reactor was flushed with N,. The system was operated at atmospheric pressure
and the temperature was varied between 600°C and 850°C. The composition of the synthetic
gasification gas used in the different experiments are shown in Table 3. Further details

regarding the experimental setup and procedure are described in Paper IV.
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Table 3: Synthetic gasification gas compositions used throughout

described in this thesis

the CLR experiments

Conc. Screening with | Ethylene, toluene | Ethylene and | Selective Catalytic

in mol- | CCH, (Paper | and benzene | benzene reforming | Oxidation

% Iv) reforming experiments experiments (Papers
experiments (Paper | (Papers VI, VII, | VIIL, VIII)
V) VIII)

H,0 40 25 25 25

CO 17.2 10.75 10.75 10.75

CO, 5.96 3.73 3.73 3.73

H, 9.25 5.78 5.78 5.78

CH, 5.6 35 3.5 3.5

CH, 1.99 1.25 1.25 1.25

CH, - 0-14% 0-14% 0-1.8%

C,H, - 0-14% - -

O, - - - 0-25%

N, balance balance balance balance

In Paper IV of this thesis the results of a screening study conducted with ethylene are

presented. Here, a large number of materials were tested, both natural and synthetic oxides. In

Paper V further results with toluene and benzene for two bed materials that were identified as

very promising for their application in CLR are reported on. The focus of Paper VI is on the

conversion and properties of Cu-containing bed materials and the influence of choice of

support. Finally Papers VII and VIII report promising results obtained with La/Fe/Sr-

impregnated ZrO, support materials.

Raw gas concentration profiles of experiments conducted are not shown in this thesis, but can
be found in Papers IV, V, VI and VIL
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3.1.Screening of first-row transition metal / metal oxides containing bed

materials for use in CLR

A screening study was conducted in order to determine the suitability of different first-row
transition metal oxides containing bed materials for CLR. C,H, was used as a tar surrogate in
a synthetic gasification gas resembling raw gas from a DFB process (see Table 3). In Table 4

the composition and production parameters of the synthetic particles are summarized.

Table 4: Overview of bed materials used in the CLR screening study (Paper IV)

Name Composition Production method Ref.

CaMn().775Mg1).H)Ti().l'lS 100 Wt% CaMn{).775Mg1)‘l()Ti().12505-5 Spray drying’ CalCined for »

(O 4h @ 1300°C

CuO/MgAlQ, 40 wt% CuO spray drying, calcined for | *
60 wt% MgAl 0, (Baikowski S30CR) | 4h @ 1030°C

CuO/Zr0, 40 wt% CuO freeze granulation, g
60 wt% ZrO, calcined for 6h @ 1100°C

Fe,0,/a-AlL,O, 60 wt% Fe,0, freeze granulation, *

40 wt% a-AlL O, (Almatis CT3000SG)

calcined for 6h @ 1100°C

Fe,0,/MgALO, 60 wt% Fe,0, freeze granulation, ”
40 wt% MgAl O, (Baikowski S30CR) | calcined for 6h @ 1100°C

La,Sr,,FeO, 100 wt% La, Sr, ,FeO, spray drying, calcined for | '

unsupported 10h @ 900°C

La,Sr, ,FeO,/y- 10 wt%. La, Sr,,FeO, impregnation, calcined for | -

AlO,

90 wt% y-AlLO, (Puralox NWal55)

2h @ 1100°C

Mn,0,/ZrO,

37 wt% Mn,0O,
63 wt% ZrO,

freeze granulation,
calcined for 6h @ 1100°C

101

NiO/a-ALO,

65 wt% NiO
35 wt% a-ALO, (Almatis CT3000SG)

spray drying, calcined for
4h @ 1400°C

102

LD stone LD slag is a waste product from steel-making process, provided by
SS AB. Rich in Fe,O,, CaO, SiO, and MgO

Bauxite raw bauxite (ALO, and Fe,O, mainly)
calcined for 9h @ 850°C

IImenite activated rock ilmenite (FeTiO,)

provided by Titania A/S

Quartz sand

used as reference
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In total, 13 different bed materials were screened for their utilization in CLR, out of which 4
are naturally occurring minerals/ores and 9 are synthesized particles. Quartz sand and a Ni-
based material were used as reference materials. Materials were chosen so as to represent a
range of fairly abundant and cheap transition metals such as Mn, Fe, and Cu. Most particles
tested had previously been tested for utilization in CLC. References are provided in Table 4
which contain additional information on the particle synthesis and their properties. The
elemental composition of the natural materials can be found in Table 3 in Paper IV. All of the
synthetic particles consist of transition metal / metal oxides supported on different support
materials, with the exception of the two unsupported, single-phase perovskitic materials
CaMn,,, Mg, Ti, .0, and La Sr,,FeO.,.

In Figure 5 the catalytic C,H, conversion as a function of reactor temperature for all screened
bed materials is shown. The conversion is obtained during the experimental period when no
oxygen is provided any longer by the bed material to the gas phase. For all tested materials
the catalytic conversion increases with increasing reactor temperature. Unsurprisingly, the Ni-
based material NiO/a-Al,O, achieves full C,H, conversion at all temperatures. The Cu-based
materials achieve a high degree of C,H, conversion, with the conversion over CuO/MgAlO,
being significantly higher than the conversion over CuO/ZrO,. La,Sr,,FeO,/y-AlO, also
exhibits a high catalytic C,H, conversion. Out of the natural bed materials investigated,
bauxite exhibits the highest C,H, conversion. Other Fe-based materials, such as the synthetic
Fe,0,/a-ALQO,, Fe,0,/MgAl,O, and the unsupported La,Sr,,FeO, as well as the natural
mineral ilmenite possess a mediocre ability to convert C,H, catalytically. The Mn-based
materials Mn,0,/ZrO, and CaMn,,,, Mg, ,Ti,,,;O,, as well as LD stone exhibit a low catalytic

C,H, conversion.

Out of the investigated bed materials, only the Ni-containing bed material achieved full
conversion of CH,, whereas none of the other materials exhibited significant conversion of
CH,.
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Figure 5. Catalytic C,H, conversion as a function of reactor temperature for all screened bed

materials.

The catalytic conversion was determined when the gas conversion was stable and there was
no transfer of oxygen from the particles, see Paper IV. However, upon initial exposure of the
bed material to the gasification gas, there is an oxygen transfer from the bed material to the
gas phase. Initially, the gasification gas is primarily oxidized to CO, and H,O, but this is
followed by a period of partial oxidation, which is of interest for CLR. In Figure 6 the total
C,H, conversion as a function of the degree of gas oxidation ¢ is shown for all screened bed
materials. A ¢ of zero would indicate no oxygen transfer and only a catalytic conversion of

the gasification gas compounds, whereas ¢=1 would indicate full oxidation of the gasification
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gas. In the figure, results are shown for T=800"C, with the total C,H, conversion exhibiting
similar trends at the two other investigated temperatures. It can be observed that NiO/a-Al O,
and CuO/MgAl,O, achieve almost full C,H, conversion independently of the degree of gas
oxidation. In an ideal process, it is likely of interest to keep the oxidation of the gasification
gas to a minimum in order to retain the heating value of the gas, and clearly both Ni- and the
Cu- materials possess properties that allow this. Also, La Sr,,FeO./y-Al,O, and CuO/ZrO,
exhibit an increase in C,H, conversion already when rather small amounts of the gasification
gas are oxidized by the material, which is an interesting property for their application in CLR.
The other materials require a significant degree of gas oxidation of roughly 40% to increase
the total C,H, conversion. Operating a CLR unit under such conditions would result in a

significant loss of cold gas efficiency of the gasification process.
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Figure 6. Total C,H, conversion as a function of the degree of gas oxidation ¢ at T=800C for all

screened bed materials (for legend, see Figure 5).

Another important criterion for the evaluation of bed materials for CLR is the oxygen
transport capacity of the bed material. This can be expressed as the mass of oxygen per gram
of bed material Aw that is transported between the regenerator and the reformer. In Figure 7
A® is shown as a function of reactor temperature for all screened bed materials. The Cu-based
particles, the Ni-based particles and CaMn,,,; Mg, ,T1,,,s0,; particles possess a high oxygen
transport capacity. The Fe-based bed materials and the Mn-based material exhibit a lower
oxygen transport capacity. It should be noted that the percentage of metal oxide that can
undergo reduction/oxidation reactions in CLR is different for each particle, which affects the

comparison of the oxygen transport capacity of the different particles.
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Figure 7. Mass of oxygen per gram of bed material transported by the bed material A® as a

function of reactor temperature for all screened bed materials (for legend, see Figure 5).

Finally, the amount of coke formation needs to be evaluated by measuring the gaseous carbon
evolving from the bed material during its reoxidation. Figure 8 shows the coke formation as %
of total C fed during 1000 seconds of exposure to gasification gas as a function of reactor
temperature for all screened bed materials. It can be observed that only for the two Cu-based
materials, CuO/MgALOQO, and CuO/ZrO,, a significant amount of carbon is deposited on the
bed material, corresponding to a maximum of 4% of total added carbon at 850°C. On all other
materials the amount of carbon deposited is comparably low. A more detailed study on the
coke formation was conducted for CuO/MgAl,O, and it was found that the onset of coke
formation started when all CuO is reduced to elemental Cu. The amount of coke formation

from then onwards increased linearly with exposure time.
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Figure 8. Coke formation as % of total C fed during 1000 seconds of exposure to gasification gas

as a function of reactor temperature for all screened bed materials (for legend, see Figure 5).

It was further found that, out of all bed materials investigated, CuO/ZrO,, unsupported
La, Sr,,FeO, and Fe,O,/MgAl,O, experienced defluidization during operation. This
demonstrates that the highly reducing conditions and high temperatures of the CLR reformer
put stringent requirements on fluidizability of the bed materials; similar to those in the DFB
process. For La,Sr,,FeO,, supporting the active phase on a substrate that does not undergo

reduction, was found to be essential.

In summary, the screening study identified Cu-containing materials and supported
La, Sr,,FeO, materials as particularly promising bed materials for raw gasification gas
conditioning in a CLR unit. Such materials were thus subjected for further tests. Cu-based

materials are discussed in section 3.2 and La/Sr/Fe-based materials in section 3.3.
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3.2.Cu-based active bed materials in CLR

Due to promising results obtained with Cu-containing supported materials such as spray-dried
CuO/MgAl,O, with ethylene, this material was subjected to further investigation. The
reactivity of this material towards the monoaromatic compounds toluene and benzene
included in the synthetic gasification gas feed was thus investigated (see Table 3 for gas
compositions). Results of this investigation are described in more detail in Paper V appended
to this thesis. In summary, it was found that CuO/MgAl,O, was not able to convert
monoaromatic compounds effectively. In fact, it was observed that the presence of aromatics
inhibited the conversion of C,H, drastically. The extent of this inhibition was found to depend
on the partial pressure of monoaromatics in the feed gas. The large coke formation observed
in the aromatics-free gas was not observed when monoaromatic compounds were present.
This indicates that carbon formation is suppressed by the presence of monoaromatics. From
the data obtained in this study, it can only be speculated what the mechanism of this
suppression is. In previous research it was observed that, under similar experimental
conditions, carbon is deposited on copper surfaces from mixtures of steam, H, and alkenes in
the form of layered coke'”. When comparing the adsorption energy on a Cu(111) surface of
C,H, (~0.13 eV)"™ with that of C,H, (~0.6 eV)'” one may assume that, in the presence of both
CH, and C,H,, C.H, adsorbs preferentially on the Cu surface and may form a monolayer or
even graphene under the experimental conditions of this study. Cu is well known to be a
potent catalyst for the formation of graphene'”. Due to the presence of steam in the gas and
therefore a rather high oxygen potential of the gas the formation of graphene oxide may even
be plausible'”. In any case, such a layer may then block the copper surface for the adsorption
of C,H, and thus inhibit the formation of coke from C,H,. The observation that CH,
conversion decreases sharply with increasing CH, concentration in the feed further
corroborates the existence of an inhibitory effect of monoaromatics on the coke formation

from C,H, on the Cu surface.

Cu-based materials were thus found to be unable to convert monoaromatic hydrocarbons
catalytically, and may be of limited use if complete conversion of aromatics is desired in a gas
conditioning process. However, they may still be of interest when a modified gas conditioning
route is considered. As seen in Table 2 in section 3.1 the amount of BTX and its energy
content in raw gas from DFB gasifier can be considerable. Instead of reforming BTX
compounds, it might thus be economically attractive to recover them from the gas stream and
sell them as byproducts of the SNG process as suggested by ECN'*. In comparison to olefins
and other light hydrocarbons, which would likely require separation by cryogenic
. In that light, the

selective conversion of olefins and the preservation of monoaromatic compounds in CLR with

109 0

distillation'”, BTX compounds could be separated with relative ease'

Cu-based bed materials appears promising. This would, however, require that the bed material
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is able to convert olefins in the presence of aromatics. The spray-dried CuO/MgAlO, bed
material does fall short because of the inhibition of olefins conversion by aromatics. It was
thought that the strong inhibiting effect may arise from a limited active Cu surface area due to
the use of micrometer-sized CuO powder as a precursor in the manufacture of this bed
material. A further study was thus conducted in which a different production method and
different support materials were investigated. The preparation of catalytically active bed
materials by the impregnation of porous, Al,O,-based support material with aqueous solution
of Cu salts could potentially generate materials with more favorable properties due to a higher
dispersion of Cu. Four different Cu-impregnated support materials, both low-cost naturally
occurring minerals and commercially available catalyst supports were thus investigated for
their use in CLR.

The Cu content of the four impregnated materials was reduced from 40 wt-% CuO of the
spray-dried CuO/MgALO, to 10 wt-% CuO. The four porous support materials chosen were a
commercial activated alumina catalyst support, an activated bauxite ore and two kaolinite-
derived supports. In Table 5 their production parameters and the abbreviations that they are
referred by are summarized. All impregnated materials were calcined at T=850"C for 20
hours in a muffle furnace in air. The purpose of this heat treatment was to decompose the
metal nitrates and form the desired metal oxides as well as to account for initial changes in
porosity/reactivity that are to be expected due to thermal sintering of the materials. Further

details about the support materials can be found in Paper VI of this thesis.

Table 5. Overview over Cu-based bed materials produced by impregnation

Support production precursors and method

Cu/PURALOX commercial PURALOX NWa-155 y-ALQO, support

Cu/bauxite high-gibbsite karst bauxite, activated at 650°C for 2 h
Cu/y-AlL O, kaolinite calcined at 1000°C for 24 h, then Si leached with NaOH
Cu/mullite kaolinite calcined at 1100°C for 24 h, then Si leached with NaOH

In Figure 9 the conversion of C,H,, the conversion of C,H, and the coke formation is shown as
a function of the reactor temperature for the 4 different Cu-impregnated materials. Here, the
inlet C,H, volume fraction was 1.4%. It can be seen that none of the investigated materials
could convert benzene effectively. With a high concentration of 1.4 % CH;, in the feed,
ethylene could only be effectively converted (over 80% conversion) when PURALOX was
used as a support material. Cu/bauxite exhibited a degree of conversion somewhat higher than
what could be observed with Cu/y-Al,O, and Cu/mullite. However, it is not a significant
increase over the thermal conversion that was observed in the empty reactor experiment. As

can be seen from Figure 9, only a small amount of the carbon contained in the gas is
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deposited as coke on all of the bed materials. The highest coke formation is observed over
Cu/bauxite at T=750°C. Over Cu supported on PURALOX, the amount of coke accounts for
about 0.2% of the amount of carbon fed to the reactor. Together with the fact that up to 90%
of the ethylene is converted by Cu//PURALOX and that no formation of larger hydrocarbons
was observed, it can be concluded that ethylene is predominantly reformed into valuable

syngas components CO and H,.
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Figure 9. Catalytic conversion of C.H, CH, and coke formation as a function of reactor
temperature with 1.4 % CH, in the gas feed for four different Cu-impregnated materials and for

an empty reactor experiment.

The behavior of the different materials during partial oxidation of the gasification gas was
also investigated. It is shown in Figure 10 at T=800°C over Cu/mullite with 1.4 % CH, in the
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gas feed as an example, with similar trends being observable for the other bed materials and
temperatures. The conversion of C,H, and CH, increases considerably with increasing degree
of gas oxidation ¢. The CH, conversion increases somewhat, but to a lesser extent, as
indicated by the lower gradient. However, it needs to be observed that a significant portion of
the gasification gas needs to be oxidized in order to achieve a substantial increase in C,H, and

C.H, conversion.
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Figure 10. Hydrocarbon conversion as a function of degree of gas oxidation at T=800°C over
Cu/mullite with 1.4 % C H, in the gas feed.

The oxygen transport property of the materials was also investigated. It was observed that for
Cu/PURALOX, Cu/mullite and Cu/y-Al,O, the oxygen transport capacity was in good
agreement with the theoretical value, corresponding to a complete reduction of Cu’* to Cu’, of
about 2 wt-% of the mass of bed material. Cu/bauxite exhibited a somewhat higher oxygen

transport due to the reducible iron oxide which this ore contains.

To investigate the inhibiting effect of monoaromatics on C,H, conversion further, experiments
with varying benzene inlet concentrations were conducted at T=800°C, the results of which
are shown in Figure 11. For all 4 bed materials, an increase of C,H, conversion was observed
when the concentration of benzene was lowered, indicating an effective inhibition of ethylene
conversion by the presence of benzene in the gas. This effect is very pronounced over
Cu/bauxite, Cu/y-AlL O, and Cu/mullite, where the ethylene conversion decreased dramatically
when benzene was present. For Cu/PURALOX, only a slight decrease of the ethylene
conversion was observed with increasing benzene concentration, from full conversion at 0%
C.H, to about 90% conversion at 1.4% C,H,. With a decrease in benzene concentration, a

drastic increase of coke formation was found for all investigated bed materials. If one
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assumes that ethylene is the major source of carbon for the coke formation, it can be
concluded that over Cu/mullite and Cu/bauxite, almost half of the fed ethylene was deposited
as coke on the catalyst surface at low benzene concentrations of 0-0.2%. Over Cu/PURALOX,
this effect is slightly less severe, with the coke formation peaking at about 40% of carbon fed
as ethylene at a benzene concentration of 0.2%. From these observations, it can be concluded
that over CW//PURALOX the presence of high concentrations of benzene can prevent coke

formation to some degree and thus stimulate the reforming of ethylene into syngas instead.
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Figure 11. C,H, conversion and coke formation at T=800°C as a function of C H, concentration

in the gasification gas feed over Cu-impregnated bed materials.

Due to these encouraging results with Cu/PURALOX at T=800°C, further experiments were
conducted with Cu/PURALOX to determine the conversion of ethylene at lower
temperatures. Figure 12 shows the C,H, conversion and coke formation as a function of C.H,
concentration in the gasification gas feed over CW/PURALOX at T=600°C, T=700°C and
T=800°C. At T=700°C the ethylene conversion and coke formation are slightly reduced, with
the coke formation still being a strong function of CH, concentration in the feed. At

T=600°C the ethylene conversion dropped to about 40%, while the coke formation was
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reduced drastically even when no or little C.H, was present. It might therefore be possible to
convert ethylene effectively with little coke formation at T=600°C when the gas residence

time is increased.
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Figure 12. C,H, conversion and coke formation as a function of CH, concentration in the
gasification gas feed over C/PURALOX at T=600°C, T=700°C and T=800°C.

The behavior of Cu/PURALOX at T=600°C was thus investigated in more detail. In Figure
13 the gas concentration profiles as well as the extent of water gas shift reaction and the C,H,

conversion are shown as a function of exposure time of the bed material to gasification gas.
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Figure 13. Recorded gas concentration profile (upper), extent of water gas shift reaction and
C,H, conversion (lower) during exposure to gasification gas with 1.4 % CH, in feed over
Cu/PURALOX at T=600°C (Note that the x-axis is broken after the gas concentrations stabilize
after 500 s).

After a short period of full combustion of the gas up to about t=40 s, the Cu’* was reduced to
Cu’ and the bed material did not provide any oxygen to the gas any longer. At this point, the
bed material was very active for the water gas shift reaction, indicated by the high Q =
[H,|[CO,]
[COI[H,0]
Over the course of the next 300 seconds, the activity of the bed material for the water gas shift

ratio, the C,H, conversion was very high and some additional CH, was generated.
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reaction, its conversion of C,H, and its generation of CH, decreased simultaneously at the

same rate. This suggests that in this period coke is formed via:
C2H4 - CH4 + Ccoke (21)

This is further corroborated by the observation that the amount of coke formed, the amount of
CH, generated, and the amount of additional C,H, converted during this coke formation
period were approximately equimolar at 0.51-0.55 mmol. These findings indicate that in a
CLR unit high ethylene conversion and a high extent of water gas shift could be achieved at
temperatures as low as T=600°C when the amount of coke on the Cu/PURALOX surface is
controlled carefully by recirculating the bed material fast enough. Furthermore, operating at a
low temperature may also be beneficial when simultaneous H,S removal is considered since

the thermodynamics of sulfide formation are more favorable at lower temperatures' "',

Characterization of the bed material by N, adsorption and X-ray diffraction showed that all
bed materials suffered from a decrease in pore volume when exposed to the gasification gas
during the experiment. A more detailed analysis can be found in Paper VI. Although no
decrease in reactivity of the bed materials was observed in the experiments, the long term

stability of these porous materials needs to be investigated more in depth in future work.

In summary, it can be stated that all four Cu-containing materials produced by impregnating
AlLO,-based support materials exhibited superior properties for their application in CLR
compared to the spray-dried CuO/MgALQO,. This indicates that dry impregnation of porous
supports is a better suitable production method as compared to spray-drying for these CLR
bed materials, likely due to the better dispersion of the active Cu phase. Nonetheless, all four
investigated Cu-impregnated bed materials were prone to inhibition of ethylene conversion by
the presence of monoaromatic compounds. However, for Cu impregnated on commercial
PURALOX support, this inhibition was found to be rather weak.

Apart from the conversion of light hydrocarbons, in previous studies transition alumina based
materials were also found to hold promise for the removal of heavy, polyaromatic tars from

. . 79,113
raw gasification gas

. This, however, has not been explicitly investigated in this work with
Cu-impregnated transition alumina materials. The removal of heavy tars can significantly
reduce the tar dew point and thus facilitate easier heat recovery from the gasification gas'".
Cu-impregnated activated alumina could therefore be employed in a CLR unit to a) reform
ethylene and other light hydrocarbons, b) potentially remove heavy tars from the gas stream,
c) catalyze the water gas shift reaction and d) retain CH, and BTX compounds in it. BTX

compounds could then be separated further downstream in the gas conditioning process.
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3.3.La/Sr/Fe-containing supported active bed materials in CLR

3.3.1. La/Sr/Fe supported on Al,O,- and SiO,-based support materials

From the initial screening study carried out in this work, it was observed that 10 wt-%
La,,Sr,,FeO, supported on y-Al,O, exhibited high ethylene conversion and was thus deemed
promising for its application in CLR gas conditioning. This material was therefore
investigated further with benzene and toluene in the synthetic gasification gas. For reference,
experiments were also conducted for the commercial activated y-Al,O, support material
without La,Sr,,FeO, and with an empty reactor. In Figure 14 the results of these three
experiments are presented. The ethylene conversion over La, Sr,,FeO./y-Al,O, was high even
in the presence of benzene, and it was significantly higher than what was observed with only
v-Al,O, support or the empty reactor. A rather high benzene conversion of almost 50% was
achieved at T=850°C with La,Sr,,FeO,/y-ALO,, whereas no significant conversion could be

seen with only y-Al,O, support or the empty reactor.
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Figure 14. Conversion of (a) CH, and (b) CH, over La, Sr,,FeO/y-ALO, and y-ALO, as a

function of reactor temperature with 1.4% C H, in feed.

These results confirmed that the high reactivity is indeed exhibited by the La,,Sr,,FeO, phase,
and not by the y-Al,O, support. This high activity for benzene reforming of the perovskite
material initiated further research. Unsupported La,Sr,,FeO, was omitted from further
considerations because of its tendency to sinter under reducing conditions. The supported
La,,Sr,,FeO./y-Al,O, material tested had been produced by impregnating micrometer-sized
La,Sr,,FeO, (LSFO) powder, pre-produced by wet chemical methods and ball milling, on the
outside of larger y-Al O, particles, leading to a rather small active La,Sr,,FeO, surface area.
After calcination at 1100°C, this synthesis approach results in a core-shell type structure with
the active La,Sr,,FeO, phase attached to the alumina support particles in the form of
micrometer-sized grains. Two properties of the particles with this particular microstructure

were deemed problematic:
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1) When using such particles in fluidized beds, attrition would results in the loss of the
active phase because it would affect mostly the outer shell of the active phase.
2) The active surface area of LSFO phase is limited due to its existence as micron-sized

grains.

As a potential remedy for these issues, it was attempted to support the LSFO phase by
impregnation of porous support materials, containing Al,O,, SiO, or mixtures thereof, in order
to increase the active surface area of LSFO and to distribute the active phase more evenly
throughout the particle. Porous support materials tested were wide-pore amorphous silica,
commercial PURALOX y-AlO,, kaolinite-derived mullite and activated bauxite. However,
after calcination at T=850°C, no LSFO perovskite phase was detectable with XRD analysis
and none of the tested particles exhibited reactivity towards benzene when tested. When citric
acid was added to the metal nitrate solution as a chelation agent, an LSFO phase was formed
on some of the supports during calcination, but upon exposure to gasification gas it
decomposed due to interaction with the Si and/or Al of the support. It was concluded that
supporting LSFO on ALO,- or SiO,-containing substrates via the metal nitrate impregnation

route is thus not feasible.

In order to at least alleviate the problem of the core-shell like structure of the original
particles, it was then attempted to spray-dry 10 wt-% micrometer-sized LSFO powder with
90 wt-% Almatis CT3000sg a—ALO, of the same size range. Particles were calcined at 950,
1100 and 1150°C, and XRD analysis showed that the LSFO phase was still intact after
calcination. However, none of these materials exhibited decent reactivity for benzene
reforming during experimental tests. XRD analysis of the used particles retrieved from the
reactor showed that the LSFO phase had indeed deteriorated. It can be speculated that this is
due to the more intimate contact between the alumina support and the LSFO in the spray-

dried particles as compared to the original core-shell type particles.

Due to these difficulties in supporting LSFO on Si0,- and Al,O,-containing supports, it was
instead attempted to support La/Sr/Fe on zirconia supports. This effort is reported on in

section 3.3.2.

3.3.2. La/Sr/Fe supported on ZrQ, support materials

ZrO, was investigated as a support material for La/Sr/Fe metals due to its relative chemical
inertness, demonstrated by its use as a support for perovskites as a electrolyte material for
solid oxide fuel cells'”, and its reported activity for selective catalytic oxidation of tars'’. A

more detailed account of this investigation is given in Papers VII and VIII of this thesis.

Bed materials were prepared via the incipient wetness method. Two different ZrO, support

materials were investigated in order to determine the influence of the support microstructure
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on benzene and ethylene conversion. One support material was a commercial, plasma
processed monoclinic zirconia (Z-TECH LLC). This material provides porosity for
impregnation since it exhibits a dendritic structure composed of zirconia crystals that are
about 0.2 pm in size. This support material is abbreviated as ZTECH. The second support
material was produced from zirconia nanopowder. This support material is abbreviated as
ZNANO throughout this thesis. Further details information on the two support materials can

be found in Paper VI.

ZTECH support material was impregnated with metal nitrates corresponding to 10 wt-%
La,Sr,,FeO, and 10 wt-% LaFeO,. Furthermore, ZTECH was impregnated with individual
La, Sr and Fe metal nitrates corresponding to the same molar amount of the corresponding
metal that is included in the 10 wt-% La,,Sr,,FeO, materials. In Figure 15 the conversion of
C,H, and C,H, is shown as a function of reactor temperature for these ZTECH impregnated
materials and for an empty reactor experiment. It is evident from this data that the ZrO,
support itself did not convert benzene. The impregnation with only Fe or Sr (ZTECH_Sr,
ZTECH_Fe) yielded no significant benzene conversion either. ZTECH_La exhibited some
marginal improvement of the benzene conversion at T=850°C. However, only ZTECH_LaFe
and ZTECH_LaSrFe exhibited significant and rather high degrees of benzene conversion.
When comparing ZTECH_LaFe and ZTECH_LaSrFe it can be seen that the addition of Sr
greatly improves the benzene conversion. Similar trends that were observed for the benzene
conversion could be seen for the ethylene conversion, with the exception that ZTECH_Fe

exhibits a significantly higher conversion than the unimpregnated support and ZTECH_Sr.
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Figure 15. Conversion of (a) C H, and (b) C,H, as a function of reactor temperature with 1.4 %
C.H, in the gas feed for the different ZTECH ZrO, impregnated materials and for an empty

reactor experiment.

To investigate the influence of support microstructure on conversion, metal nitrates
corresponding to 10 wt-% La,Sr,,FeO, were impregnated on the other investigated support
material ZNANO as well. Analysis of the impregnated materials by N, adsorption showed
that ZNANO-based material exhibited a porous structure after impregnation and calcination
with pores of about 30-100 nm in size. This porous structure was, however, destroyed during
the experiment. The tapped bulk density of used ZNANO_LaSrFe was determined to be 1.02
g/ml, whereas the tapped bulk density of used ZTECH_LaSrFe was 2.48 g/ml and thus
significantly higher. From this difference in density and the low pore volume of
ZNANO_LaSrFe determined by N, adsorption, it can be concluded that the ZNANO_LaSrFe
contains significant pore volume in the form of macropores > 200 nm that cannot be resolved
by N, adsorption measurements, even more so than the ZTECH_LaSrFe material. This

macroporous structure was confirmed by SEM investigation of the ZNANO particles.
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In Figure 16 the benzene conversion and the ethylene conversion over these two materials is
compared. It can be seen that in a mass-based comparison ZNANO_LaSrFe achieved a
significantly higher degree of both benzene and ethylene conversion. It is conceivable that
this is due to a longer gas residence time in the fluidized bed as a result of a higher

macroporosity and thus a lower bulk density of the ZNANO_LaSrFe particles.
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Figure 16. Conversion of (a) CH, and (b) C,H, as a function of reactor temperature with 1.4 %
CH, in the gas feed for ZTECH_LaSrFe, ZNANO_LaSrFe and for an empty reactor
experiment.

XRD analysis of ZTECH_LaSrFe was conducted at the following stages: before the
experiment, after the experiment when quenched in N, gas after the exposure to gasification
gas at 800°C, and after that material had been reoxidized in air at 800°C for lh. After
calcination, only monoclinic ZrO,, a ZrSiO, impurity and perovskitic La, Sr,,FeO, phases
could be observed. During the experiment the La,Sr,,FeO, perovskite phase decomposed and
reacted with the ZrO, support to form La,Zr,0, pyrochlore and minor quantities of SrZrO,
perovskite. Even after reoxidation at 800°C in air, the La, Sr,,FeO, perovskite phase could not

be restored, and the pyrochlore phase remained.
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The combined results of the reactivity tests and the XRD analysis thus indicate that on the
La/St/Fe-impregnated ZrO, materials, the perovskite phase is not the active phase responsible
for the high reactivity. Instead, the catalytic activity may be caused by the formation of a
doped La,Zr,0O, phase. In that case, the impregnation with La/St/Fe ratios corresponding to an
LSFO perovskite phase may not necessarily be ideal. Therefore, in a next step, the influence
of Sr/La-ratio and Fe/La ratio on the activity and properties of these materials was
investigated. For that purpose ZNANO support was impregnated with a constant molar
amount of La, 3 different Sr/La ratios at a constant Fe/La ratio of 1.25 (corresponding to the
original LSFO composition), and 6 different Fe/La ratios at a constant St/La ratio of 0.25. An
overview of these synthesized materials can be found in Table 2 in Paper VIII. The influence
of Sr/La on CH, and C,H, conversion is shown in Figure 17. At Sr/La=0, the reactivity
towards C,H, is lower than at the original St/La=0.25. When the Sr loading is doubled to
Sr/La=0.5, the reactivity was found to decrease slightly. It was concluded that an increase in
Sr loading does not result in a higher reactivity, and as a consequence, Sr/La was fixed to 0.25

for further experiments.
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Figure 17. Conversion of CH, and C,H, as a function of Sr/La molar ratio of ZNANO supported
materials with Fe/La=1.25 at three different temperatures with 1.4 % C H, in the gas feed.

In Figure 18 the influence of the Fe/La ratio on the reactivity at Sr/La=0.25 is shown. A

higher loading of Fe than the original loading corresponding to the perovskite composition
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resulted in a decrease of reactivity for steam reforming of C.H,. When the Fe loading is
decreased compared to this value, the reactivity towards CH, increases significantly, up to
about 60% conversion at T=850°C at Fe/La=0.25, and then decreases drastically at
Fe/La<0.25. Simultaneously, the reactivity towards C,H, decreases when the Fe loading is

decreased over the complete range of loadings investigated.

This decrease of reactivity with decrease in Fe loading is to be expected when considering the
results shown in Figure 15, where it is shown that Fe impregnated on its own on ZrO, already
exhibited a significant reactivity towards C,H,, but not towards CH,. In any case, at
Fe/La=0.25 the C,H, conversion is still considerably higher than the CH, conversion,

indicating that this ratio is ideal when complete conversion of C,H, and C ,H, is the objective.
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Figure 18. Conversion of C H, and C,H, as a function of Fe/La molar ratio of ZNANO supported
materials with Sr/La=0.25 at three different temperatures with 1.4 % C H, in the gas feed.

At a loading of Fe/LLa=0.25 and S1/LL.a=0.25, the total loading of metals onto the ZrO, support
material is considerably lower at 0.57 mmol/g support as compared to 0.96 mmol/g support of
the original material. This simplifies the impregnation procedure because at such low
loadings, double impregnation with intermediate drying is not required anymore. In an
attempt to further increase the conversion of benzene and ethylene, the support material was
impregnated with twice the molar amount of metals (1.14 mmol/ g support total loading) with

the optimized composition Fe/LLa=0.25 and Str/La=0.25. The reactivity of this material as
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compared to the material with half the loading is shown in Figure 19. It was found that a
doubling in total loading did not result in any increase in reactivity towards benzene. The

reactivity towards ethylene increased somewhat, but not by much.
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Figure 19. Conversion of CH, and C,H, as a function of temperature of ZNANO supported
materials with Fe/La=0.25, Sr/La=0.25 at total metal loadings of 0.57 mmol/g support and 1.14
mmol/ g support with 1.4 % C H, in the gas feed.

XRD analysis of the used materials (for details see Paper VIII) showed that La,Zr,0O,
pyrochlore was always formed during the experiments in all samples, and SrZrO, was formed
when Sr was present in the sample. At the highest investigated Fe loading of Fe/La=1.75 a
separate FeO phase was formed, whereas at all other Fe loading, no Fe oxide phase could be
detected. Fe and, to a lower extent, St are likely soluble in the pyrochlore phase, as discussed
in more detail in Paper VIII. The average crystallite size of the pyrochlore phase was found to
be as low as 14 nm. This, together with the result of the SEM/EDS analysis that showed that
La, Fe and Sr are well distributed on the surface already at Fe/La=0.25, could indicate that the
pyrochlore phase was well dispersed on the ZrO, support surface. In turn, this good
dispersion, observed already at a low total loading, could then serve as an explanation as to
why no significant increase in catalytic activity when doubling the total impregnated metal

loading could be observed. It could thus be concluded that at the total loading of 0.57 mmol/g
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support, the surface coverage of the active phase was already sufficiently high to maximize

reactivity.

Apparent kinetic data obtained for these materials indicate that the steam reforming reaction
of benzene is approximately first order with respect to the benzene concentration. Apparent
reaction rate constants can then be obtained when plug flow and a negligible gas expansion

are assumed.

YC¢H
K = ln(l_—l?“’ﬁ) (22)

Here, yc n, denotes the conversion of benzene and t denotes the gas residence time that can
be approximated via the bulk density of the bed material, the mass of the bed material and the
volumetric flow rate in the reactor.

m .
T= bed material (23)
Qbulk,bed material ¥

The conversion of benzene can then be predicted as a function of the Gas Hourly Space
Velocity based on bulk bed volume GHSV, defined as:

—Inl
GHSV = < . (24)

The prediction of benzene conversion over ZNANO with Fe/La=0.25 and the improvement of
conversion over the original composition with Fe/LLa=1.25 as a function of GHSV is shown in
Figure 20. Especially at lower temperatures of 750°C and 800°C the predicted improvement

of benzene conversion by decreasing the Fe loading is considerable.
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Figure 20. Prediction of benzene conversion over ZNANO with Fe/La=0.25 and Fe/La=1.25 as a
function of Gas Hourly Space Velocity (GHSYV) for three different temperatures, using simple
kinetic model.

In addition to the catalytic conversion of hydrocarbons during the period when no oxygen
transport is occurring any longer, the partial oxidation behavior of ZrO,-supported materials
was determined. Due to the low amount of oxygen transported by these materials as a
consequence of the fairly low loading with reducible Fe species, the period of partial
oxidation was short. For the material with a higher Fe loading of Fe/La=1.25, the periods of
full and partial oxidation of the gas were prolonged by conducting experiments with only 25%
wet gasification gas in N,. By lowering the reactant concentration it was thus possible to
discern actual partial oxidation from transient effects in the measurement system. The
conversion of hydrocarbons during this partial oxidation period over ZNANO with
Fe/LLa=1.25 and Sr/La=0.25 at T=800°C is shown in Figure 21. It was observed that the C,H,
conversion and the CH, conversion did not increase during the partial oxidation of the gas by
the bed material. In contrast, the conversion of benzene was significantly increased already at

small values of ¢ when only a limited amount of oxygen was provided by the bed material.
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Figure 21. Hydrocarbon conversion as a function of degree of gas oxidation at T=800°C over
ZNANO with Fe/LLa=1.25 and Sr/La=0.25 with 25% wet gasification gas mixture and 75% N, in

the feed. The negative conversion values for methane indicate formation of CH,.

For the material with a reduced Fe loading of Fe/LLa=0.25 that was found to be ideal with
respect to benzene conversion, a reliable determination of transient behavior was no longer
possible. This was due to the limited oxygen transport and thus a too short oxidation period.
Its activity for Selective Catalytic Oxidation was instead investigated by adding molecular
oxygen to the inlet gasification gas. Concentrations of 0, 1 and 2 % of O, in the feed gas were
investigated and, at the same time, the C,H, inlet concentration was varied between 0.6, 1, 1.4
and 1.8 % at T=750-850°C (see Figure 22). The addition of O, increased C,H, conversion at
all temperatures and all C,H, inlet concentration, however not very drastically. To illustrate,
an increase in reaction temperature by 50°C leads to larger increase in conversion than the
addition of 2 % O, to the inlet gas, which corresponds to 8 % O, on dry gasification gas basis.
The dependence of benzene conversion on the C.H, inlet concentration with no oxygen in
feed was rather weak, indicating that the steam reforming reaction of benzene is of first order

with respect to the benzene concentration.
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Figure 22. Benzene conversion as a function of benzene inlet concentration at three different
temperatures of 750°C, 800°C and 850°C and O, inlet concentrations of 0, 1 and 2 mol-% over
ZNANO with Fe/lLa=0.25 and Sr/La=0.25.

When oxygen is added to the feed, there is a dependence of the C.H, conversion on the inlet

C.,H, concentration. This can be visualized by plotting the increase in C,H, conversion in

percentage points with O, in the feed as compared to no O, in the feed, as shown in Figure 23.

The increase of benzene conversion with decreasing benzene inlet concentration is more

pronounced at 2 % O, in the feed as compared to 1 % O, in the feed, but still rather weak.

Ethylene conversion was improved by the addition of O, to the gasification gas, but to a lesser

extent than benzene. In contrast to benzene and ethylene, methane was not converted by the

added oxygen.
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Figure 23. Increase in benzene conversion as a function of benzene inlet concentration at three
different temperatures of 750°C, 800°C and 850°C and O, inlet concentrations of 1 and 2 mol-%
over ZNANO with Fe/La=0.25 and Sr/La=0.25.
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4. Discussion

In this thesis some novel metal oxide have been investigated as bed materials in dual fluidized
beds systems for gasification or gas conditioning. It was shown that, when gasifying char in
the presence of metal oxide bed materials in a fluidized bed, the char gasification rate can be
increased considerably. This could be attributed to the decrease in hydrogen inhibition by
effective removal of hydrogen by its oxidation by the metal oxide bed material. As a
consequence, remarkably higher char gasification rates can be realized in a CLC fuel reactor
than in steam gasification processes without reducible metal oxide bed materials present.
Exploitation of such an effect has also been attempted in a DFB gasifier with 12 wt-%
ilmenite mixed with sand as active bed material®. However, no significant increase in char
conversion was observed. Instead, a substantial amount of the product gas was combusted,
resulting in a lower cold-gas efficiency”. These results indicate that decreasing hydrogen
inhibition with active metal oxides may not be a viable measure for increasing the gasification

rate in a DFB gasifier, and may instead best be exploited in the context of CLC.

An alternative way of increasing char gasification rate is by introducing potent gasification
catalysts with the active bed material. In this work the in-situ transport of Potassium as
catalyst from a Manganese ore bed material to the fuel was demonstrated for the first time. A
subsequent investigation of various other manganese ores revealed that the char gasification
rate increases with the content of potassium and sodium in the ores, indicating catalytic steam
gasification as the dominant char conversion mechanism in the presence of these ores' .
Recently, a number of publications investigated the use of Potassium-impregnated iron-based
bed materials for CLC, both natural iron ores and synthetic bed materials'*"*. Such
impregnation, however, requires the treatment of the bed material before usage, which would
likely induce additional costs. In this light, catalyzing the gasification reaction by catalysts
already included in cheap natural ores which can be utilized as bed materials appears
economically more attractive. This is because neither an impregnation of the large solid fuel
mass stream nor an impregnation of the bed material are required as additional processing
steps. The utilization of such a material thus seems very promising. However, as alkali
components are known to cause problems with respect to corrosion, this aspect also needs to
be further investigated for a possible future application of Potassium-bearing bed materials in

CLC or gasification processes.

The utilization of metal oxide bed materials in raw gasification gas conditioning via a dual-
fluidized bed CLR process was also investigated in this work. A comprehensive screening of
first-row transition metal oxide-containing bed materials was conducted. The propensity to
convert ethylene varied considerably depending upon the bed material. It was shown that

ethylene could be converted both catalytically and through partial oxidation to various
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degrees using these materials. Based on this screening investigation, several new and
promising materials were developed and investigated in detail. Two especially promising bed
materials were developed, namely Cu-impregnated activated alumina and Fe,Sr-doped
La,Zr,O, supported on ZrO,. The major properties of interest for their application in CLR gas

conditioning are summarized in Table 6.

Table 6. Comparison of properties of interest for CLR of two promising bed materials

Reactivity Reactivity Oxygen transport | Coke

towards C,H, | towards C H, | capacity formation
Cu/PURALOX high low high high
Fe,Sr-doped La,Zr,0,/7ZrO, | high high low low

Cu-containing bed materials were found to exhibit high degrees of ethylene conversion, but
did not convert BTX compounds at an appreciable rate. They are therefore attractive for use
in gas conditioning process configurations where the objective is to separate BTX from the
gas stream and market them as byproducts. Fe,Sr-doped lanthanum zirconates exhibited high
degrees of conversion of both ethylene and monoaromatics, and are thus attractive when the
reforming of all hydrocarbons, except methane, is desired. However, the latter materials
contain only a very small quantity of Fe that would be able to transport oxygen via redox
reactions. Furthermore, these ZrO,-supported materials were quite resistant to coke formation
and thus, only little heat can be generated by the combustion of coke in the regenerator. The
steam reforming of hydrocarbons that is catalyzed on the particle surface is endothermic in
nature. As a consequence, partial oxidation of some of the syngas is thus required to maintain
operating temperature of the CLR unit. When catalysts with such a low oxygen transport
capacity are used in CLR, oxygen for partial oxidation could alternatively be provided by
mixing these catalysts with bed materials with a higher oxygen transport capacity. To exploit
Selective Catalytic Oxidation properties of such Fe,Sr-doped La,Zr,O, / ZrO, catalysts, it
might be further advantageous to utilize bed materials that can release gaseous oxygen in the
reformer as oxygen transport materials. In the last 15 years a large number of oxygen carrier
materials have been developed, both materials which can oxidize fuels directly and also
materials which can release oxygen to the gas phase”. It is expected that there are such
oxygen carriers available which would be viable to combine with the Fe,Sr-doped La,Zr,O, /
Zr0O, catalysts. For instance, the Cu/PURALOX bed material developed in this work may be
an alternative, as it has a high oxygen carrying capacity and may possess a gaseous oxygen

release property at temperatures relevant for CLR'”. This may thus be a promising way of
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achieving a high degree of conversion of ethylene and monoaromatics and partially oxidize

the raw gasification gas effectively.

Generally, the prospect of employing active bed materials in the processes illustrated in
Figure 1, does not solely depend on their reactivity or other favorable properties from a
reaction engineering point-of-view, but also on cost considerations. Substantial costs can arise
from using these bed materials, associated with the cost of raw materials and, for synthetic
materials, also with costs for the production of the bed materials. When the bed material is
directly mixed with solid fuels in the primary loop of a gasification system, the lifetime would
likely be limited due to deactivation or removal with the ash. For a CLR system downstream
of the gasifier, longer bed material lifetimes could be expected, and thus higher bed material
costs may be acceptable. An attempt at illustrating how bed material cost and bed material

lifetime are connected is appended to this thesis.
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5. Conclusions

In this work metal oxide bed materials for efficient solid fuel gasification and gas clean-up in
fluidized beds have been investigated. In the primary loop of a DFB gasifier or a CLC fuel
reactor, employing such active bed materials can be an effective measure to increase the char
gasification rate. It was shown that such an increase in gasification rate can be the result of 1)
a decrease in hydrogen inhibition by efficient removal of hydrogen from the vicinity of the
gasifying char particle, or of 2) the transfer of a catalyst via the bed material to the char,

which in turn catalyzes the steam-carbon gasification reaction.

Metal oxide bed materials can also be utilized downstream of the primary gasifier loop in a
dual-fluidized bed CLR process. Here, the main purpose of such a system is to condition the
raw gasification gas by reforming tars and hydrocarbons. In this work, in total more than 45
metal oxide based materials were developed and/or investigated for application in the CLR
process. Two promising groups of metal oxide bed materials were identified: 1) Cu-

impregnated alumina and 2) Fe,Sr-doped lanthanum zirconates.

All investigated Cu-impregnated bed materials exhibited only minor reactivity towards
benzene. Further, the presence of monoaromatics effectively inhibited the conversion of
ethylene on these materials. However, for Cu impregnated on commercial activated alumina
PURALOX support, this inhibition was found to be rather weak, and up to 90% ethylene

conversion was obtained at T=850°C.

Fe,Sr-doped lanthanum zirconates achieved high degrees of ethylene and benzene conversion
via steam reforming. With these materials the benzene and ethylene conversion could be
further increased by co-feeding O, with the gasification gas. With 2 mol-% O, in the feed a
benzene conversion of 80% and an ethylene conversion of about 95% at T=850°C and at a

high Gas Hourly Space Velocity of 6800 h” was achieved.
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Appendix: Cost considerations for CLC/DFB/CLR bed materials

When bed materials are used in fluidized bed processes such as the CLC, DFB or CLR
processes, not only have materials to be manufactured to comprise the inventory of the
reactor, but likely also to provide a continuous make-up stream of bed material to the process
during operation. The necessity to provide such a make-up stream to keep the bed inventory

constant could derive from

1) the physical loss of bed material due to attrition,

2) the need to maintain bed material reactivity by replacing deactivated bed material with
fresh material or

3) mixing of the bed material with ash, and subsequent involuntary removal of the bed

material with the ash stream.

When using active metal oxide bed materials in the primary loop (i.e. the DFB gasifier or the
CLC unit, see chapter 2), the bed materials are in direct contact with ash and ash-forming
minerals introduced to the system via the solid fuel feeding stream. The amount of ash and
ash-forming minerals depends of course on the type of solid fuel used, with smaller quantities
expected for biomass and large quantities expected for lignite fuels. In any case, as a
consequence, intense interaction between the ash and the bed material can be expected. This
could potentially lead to deactivation of the bed material and admixing of the bed material
and the ash. Therefore, the need for a rather large make-up stream of active bed material can
be anticipated. Lyngfelt et al. estimated costs and particle lifetime for a 1000 MW, CLC unit
with solid fuel”. While attrition data suggested an estimated particle lifetime of 700 h for
ilmenite'”’, they suggested an expected lifetime of 200 h, or about 8 days, instead due to
interaction with ash. Such a short lifetime would put stringent limits on the acceptable costs of
the bed material, making the use of cheap ores and natural materials as bed materials
attractive (as illustrated in Paper III), while rendering the use of more expensive synthetic

materials economically unattractive.

When using active metal oxide bed materials in a secondary loop downstream of the gasifier
(i.e. in gas conditioning of raw syngas in a CLR unit, see chapter 3), ash-bed material
interaction can be expected to occur in a much lower extent, since a large proportion of ash is
commonly separated from the gasification gas by cyclones. The gas introduced to the hot gas
conditioning likely still contains significant quantities of dust/ash that could potentially have a
deteriorating influence on the bed material performance and lifetime. Nevertheless, the
reduced presence of ash and thus the expected reduced deteriorative ash-bed material
interaction could potentially increase the lifetime of the bed materials. This increased
expected lifetime might generate some economic leeway for the use of more expensive,

synthetic bed materials.

73



The cost of the bed material make-up stream can be illustrated as a function of the average

lifetime of the bed material. To determine such cost, the bed inventory needs to be

approximated. Herein, an attempt is made to approximate the bed inventory of a CLR process

downstream of a DFB gasifier with a 100 MW, biomass input, under the following

assumptions:

128

DFB process with 100 MW, dry wood chips input with heating value of 19 MJ/kg
Steam-to-Fuel ratio of 0.8 kg/kg in the gasifier

A fuel conversion in the gasifier of 85 wt-%, the remainder being burned in combustor
Molar mass of gasification gas M=20.6 g/mol, corresponding to Chalmers gasifier gas
composition (see Table 2)

Resulting gas flow rate from gasifier V=10 m’/s

Target GHSV= 2500 h"'. At this GHSV, a high degree of benzene conversion of 90%
should be attainable with Fe,Sr doped La,Zr,O, supported on ZNANO at T=850°C
(see Figure 20)

Bulk density of the bed material 0.93 g/ml, corresponding to Fe,Sr doped La,Zr,0,
supported on ZNANO

Bed volume of the regenerator negligible in comparison to the reformer

With these assumptions a required bed inventory of approximately 13 tons for the CLR

downstream of a 100 MW, DFB plant can be calculated. Further assuming a plant availability

of 100 %, the yearly cost for the makeup stream of bed material can be calculated as a

function of the particle lifetime and the specific cost of the bed material. Such a cost

prediction is shown in Figure 24.
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Figure 24. Predicted yearly cost for bed material makeup stream for 100 MW, fuel input plant

as function of particle lifetime and with specific bed material cost as parameter.
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As a point of reference, one can consider the FCC process as a process that the CLR process
shares many common characteristics with. In the FCC process the cost of the zeolite catalytic

9

bed material is usually in the range of about 4000 $/ton', and the daily makeup rate is

typically between 1-2 % of the inventory, leading to a particle lifetime of 50-100 days'”. For a
conservative estimate of 50 days of particle lifetime, this would result in a yearly cost for the

makeup stream of the 100 MW, plant of about 380,000 $.

To provide a reference scale for these costs, the cost for the makeup stream can also be
expressed as a fraction of the fuel cost of the plant. Assuming the fuel to be Swedish wood
chips at a cost of 200 SEK/MWh or 24 $/MWh'”, the yearly fuel cost of a 100 MW,, plant
would amount to about 21 million $. For the FCC bed material, under the assumptions stated

above, the makeup stream of bed material would thus amount to about 1.8 % of the fuel costs.

For the bed materials investigated in this work, such as the Fe,Sr-doped La,Zr,0O, supported
on ZrO,, a higher specific cost needs to be expected due to the comparatively high cost of
Zr0, as support material and the presumably higher production costs due to a smaller scale
production. As of yet, it is unclear what particle lifetimes are to be expected for CLR units.
Lifetime predictions for CLC units operated with rather clean natural gas as a fuel indicated
that, for spray-dried NiO/NiAl,O, particles, lifetimes of up to 33,000 h (1375 days) might be
achievable if only the physical loss of bed material due to particle disintegration is
considered”'. However, it is doubtful whether such long particle lifetimes can be achieved
when a raw, dusty, contaminant-laden gasification gas is to be reformed. Under such
conditions, attrition might not be the lifetime-limiting factor any longer. Nonetheless, given
that a reasonably long particle lifetime can be achieved, it appears feasible to utilize even

rather expensive synthetic bed materials in a CLR unit.
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