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Modeling of biomass flow in a novel multi-staged fluidized bed concept
MARTIN JOHANSSON
Department of Space, Earth and Environment
Chalmers University of Technology

Abstract
A mathematical description of the axial mixing of biomass in bubbling fluidized
beds was developed and implemented into an already existing mathematical model.
Based on the developed model the performance of novel multi-staged fluidized bed
concept was investigated. The novel concept works by inserting a chamber into
an already existing unit and in that way introducing two reaction zones that can
communicate with each other via a slit at the bottom of the walls delimiting the
reaction zones. The implementation of the novel concept enables pyrolysis and char
conversion to occur in separate environments.
Based on simulations it was shown that the results are very sensitive to the pyrolysis
kinetics, why more studies of the kinetics would be of interest. Furthermore, it was
shown that novel concept could be controlled by varying the pressure difference
between the reaction zones. The fluidization velocity could also be used as a means
for control, but for too big slit heights, the novel concept becomes insensitive to
changes in fluidization velocity.

Keywords: Fluidization, Gasification, Combustion, Biomass, Modeling
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1
Introduction

One of the greatest struggles facing the modern society of today is the rapidly changing climate of planet Earth. An overwhelming majority of today’s climate scientist
agree that these changes can be ascribed to human activity. Therefore, due to increasing anthropogenic emissions, an increase in the severity of the environmental
impact have been observed. For instance, Earth’s surface temperature has for all
decades, starting from 1980 to today, been significantly warmer than any decade
between 1850 and 1970 [1].
Since the start of the 21st century, the amount of anthropogenic emissions of CO2
has increased 3% annually. If this trend is continued, it is expected that the planet’s
ecosystems will be subjected to a climate change that is both dangerous and irreversible [2]. In order to mitigate the effects of climate change, a significant decrease
of anthropogenic CO2 emissions would be necessary. In light of this, a transition to
a society based more on renewable sources of energy would be an important step
towards decreasing the amount of anthropogenic CO2 emissions.
One renewable source of energy is biomass, which often is considered to be CO2 neutral. This is true when the CO2 released during combustion of biofuel, equals the
amount of CO2 sequestered in biomass [3]. In the energy field, the most common
use of biomass is its conversion to produce heat and energy. Most of the energy
in biomass is however stored as volatile matter, which is valuable since it can be
used as a precursor to biochemicals, biogas and biofuels for the transport sector.
Recently, Chalmers has developed a novel concept in which the volatile matter of
biomass can be extracted from fluidized bed combustors.
In essence, the concept works by separating the fluidized bed combustor into two
reaction zones by inserting a devolatilization chamber into the already existent unit.
The walls delimiting the two reaction zones are submerged in the fluidized bed, but
a small slit at the bottom of the walls makes it possible for the two reaction zones
to communicate with each other [4]. By having two separate reaction zones, the
volatile matter of biomass can be extracted from the devolatilization chamber and
the remaining char fraction can then be transported to the secondary chamber to
undergo conversion.
1

1. Introduction

1.1

Aim

The aim of the project presented in this thesis is to investigate the performance
of a novel multi-staged fluidized bed concept. Since the axial mixing is of great
importance for the novel concept, a model describing the axial fuel mixing is to be
developed. The developed model is then to be implemented into an already existing
three dimensional model for fluidized bed combustors. By performing simulations
with the updated version of the model, the novel concepts performance is to be
assessed and possible operational parameters that can be used to control the process
are to be suggested.

1.2

Scope

The project is specially directed towards the modeling of bubbling fluidized bed
combustors and therefore fluidized bed combustors operating at circulating conditions is not considered in this work. Furthermore, the current version of the model
only solves mass balances describing the mixing in the bed, i.e. solution of a heat
balance is omitted from the project. Little emphasis has been put on the chemistry in the model, instead already implemented models for the chemical kinetics
have been used in the work. Finally, all forms of experimental work that could be
performed to validate the model falls outside the scope of the project.

1.3

Method

The description of the axial mixing is developed on the basis of empirical and semiempirical expressions for the motion in fluidized beds. The developed fuel mixing
model is then implemented into the existing three dimensional model. The model
is constructed in the software MATLAB 2015b developed by MathWorks.

2

2
Theory
2.1

Fluidized bed technology

Fluidization is a technology utilized for a wide variety of applications ranging from
coating of solids to combustion of coal and biomass. The technology’s name is
derived from the commonalties shared between a fluidized bed and a liquid of low
viscosity. For instance, light objects float on the bed surface and if two beds are
connected the level of the two beds equalizes [5].
The technology works by letting a fluid pass upwards through a bed of fine particles.
If the velocity sufficiently high, the frictional forces between fluid and solids may
overcome the weight of the solids and thus suspending the solid particles [5]. The
fluidization velocity resulting in equal size of the frictional forces and the weight of
the solids, is termed the minimum fluidization velocity (umf ).
Depending on the fluidization velocity a number of different regimes can be defined. Beds operated at low fluidization velocities are called fixed beds and these
the fluidization medium percolates through the voids of the beds. Increasing the
fluidization velocity further the bed material starts to vibrate and move apart from
one another and thus yielding the expanded bed. As the bed reaches umf the bed
is called an incipiently fluidized bed.
Increasing the fluidization velocity beyond umf leads to the onset of the bubbling
fluidized bed regime, which is of special interest for the project presented in this
thesis. As the name suggests, large instabilities in form of bubbling and channeling
through the bed are induced.
One of the most common application of fluidized beds in the energy sector is combustion for heat and power generation. Introducing a fluidized bed into the combustion
unit offers several positive effects on the combustion process. Initially, the concept
of fluidized bed combustion was developed to achieve higher fuel flexibility and to
improve emission performance [6]. Due to the high thermal inertia of the bed material, an even temperature distribution within the bed can be obtained. This makes
it especially suitable for fuels with low calorific value, high ash content and high
moisture content.
3
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Mainly there exists two types of fluidized bed combustors, namely the bubbling
fluidized bed (BFB) and the circulating fluidized bed (CFB), both of which are
illustrated schematically in figure 2.1. The differences between the two types arises
due to that they are operated at different fluidization velocities, BFB combustors
are typically operated at 1-3 m/s whereas CFB combustors are typically operated
at 3-6 m/s [7]. Owing to the higher fluidization velocities in CFB combustors, a
large portion of the bed material becomes entrained with the gas flow in the boiler.
Therefore, an external loop in which the entrained bed material is separated from
the flue gases, by a cyclone separator, and recirculated to the bed is necessary.
In BFB combustors the amount of entrained bed material is much less and thus
the bed material separated in the cyclone is usually not fed back into the boiler.
Furthermore, the BFB combustors has a well-defined bed surface while the solid
concentration in CFB units decrease continuously with the height of the unit.

Figure 2.1: Schematic overviw of a CFB boiler (a) and a BFB boiler (b). [7]

In terms of sulphur removal, efficiency and scale, CFB boilers exhibits better performance than BFB boilers. However, BFB boilers handles variations in fuel moisture
content better. This since the bed acts at heat buffers allowing higher heat transfer
between particles. The ability to handle fuel moisture variations makes BFB boilers
especially suitable for waste and biomass fuels, since these fuels are known to have
wide variation of moisture content. Furthermore, the lower fluidization velocity and
consequently longer residence times of bed material in BFB boilers, enables larger
fuel particles and fuels with lower calorific value to be converted, compared to CFB
boilers [6].
4
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2.2

Conversion of solid fuels

Combustion of solid fuels is a complex process dependent on many parameters. The
process may however be generalized into three reaction categories, namely fuel particle drying, solid particle pyrolysis and char oxidation [8]. The different categories
occur during different instants of the combustion process. For large fuel particles,
which is of interest for this work, the drying and the pyrolysis occur simultaneously
in the initial stage of the combustion process. The char oxidation on the other hand
commences after the first two reaction categories has occurred.
Both drying and pyrolysis are similar in that they both are processes driven by heat.
During the drying, the fuel particle absorbs heat from the furnace environment
and heats up. The moisture contained within the pore structure of the fuel is
then evaporated, thus leading to a dry solid particle. The pyrolysis, also known as
devolatilization, on the other hand is the thermal decomposition of the fuel particle.
As the fuel particle is heated and reaches sufficiently high temperature, the volatile
matter of the fuel is released. In general, it can be said that two products are formed
during the pyrolysis reactions, namely volatiles and char. Although certain pyrolysis
reactions are exothermic, the overall nature of the pyrolysis is endothermic meaning
that heat must be supplied to maintain the reactions.
After the pyrolysis and drying, the char and volatiles undergo oxidation. Of the total
heat generation more than 70% comes from the oxidation of the volatile matter [9].
The oxidation of volatile matter occurs in a diffusion flame located at the boundary
between oxygen and unburned volatiles. Thus, the rate of combustion is usually
determined by the oxygen and volatile diffusions at the location of the flame [10].
The oxidation of char occurs as a heterogeneous gas-solid reaction which at the
temperatures in typical combustor exhibit rapid chemical kinetics. Therefore, the
reactions are limited by the mass transfer of oxygen rather than by kinetics [8].
All oxygen that reaches the surface of the char particle will react and convert the
fuel. In general, the combustion of the char can be described by the mechanisms
presented in equations 2.1 and 2.2.
C + O2 → CO2

(2.1)

C + 0.5O2 → CO

(2.2)

An alternative to combustion of solid fuels is gasification, which is achieved by letting
fuel react with a restricted amount of oxygen. Like the combustion process, the fuel
first is subjected to drying and pyrolysis before further reactions take place. The
gasification consists of a series of endothermic reactions, meaning that heat must be
supplied in order to maintain the gasification. This heat is usually taken from the
heat produced in combustion reactions. The gasification process produces a mixture
of combustible gases through a number reactions. Four of the major reactions are
water-gas reaction, Boudouard reaction, Shift Conversion and Methanation, which
are presented in equations 2.3-2.6 respectively [10].
C + H2 O → H2 + CO

(2.3)
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2.3

C + CO2 → 2CO

(2.4)

CO + H2 O → CO2 + H2

(2.5)

C + 2H2 → CH4

(2.6)

The novel concept

Chalmers have recently developed a fluidized bed technology which has shown itself
to exhibit promising properties. The concept works by inserting a chamber into a
fluidized bed reactor and in that way dividing the reactor into two zones[4], which
in this work are referred to as the primary and the secondary chamber. The walls
delimiting the two zones do not extend to the bottom of the reactor, but instead
a slit is present at the bottom of the walls. By having this slit the two zones
can communicate with each other i.e. an exchange of energy and mass is allowed.
Furthermore, by introducing two reactor zones it enables the possibility of having
different fluidization media in the two zones. The reactor, which is schematically
illustrated in figure 2.2, could be operated with a pressure difference between the
two reactor zones, thus giving rise to different bed heights in the two zones.

Figure 2.2: Schematic overview of the novel concept, (a) shows a view from above
and (b) shows a view from the side.

Although different applications of the concept exist, the perhaps most interesting
application is that of biomass combustion and gasification processes. In this application the presence of two communicating chambers would allow for drying and
pyrolysis to occur in a different environment to char conversion. The biomass would
6

2. Theory

be fed into the pressurized primary chamber, where drying and pyrolysis would occur. The remaining char fraction could then be transported out of the chamber
to be converted. Given that the heat transfer between the two chambers is sufficiently good, the heat required for drying and pyrolysis could be supplied by the
heat released during char conversion.
Several advantages could be achieved by performing the combustion or gasification
process using the novel concept. From gasification perspective it would be advantageous due to reducing atmosphere produced during the release of volatile matter.
The char gasification rate is highly decreased by the presence of a reducing atmosphere. Therefore, by separating the volatile matter flow from the char conversion
region would increase the efficiency of the gasification [4]. Combustion processes
could also be made more efficient by using the novel concept. In combustion the
pyrolysis gives rise to regions close to the fuel feeding where the concentration of
volatile matter is high. To avoid emissions of unburned volatile matter, higher excess air ratios would have to be used which in turn would have a negative effect on
unit efficiency and capital cost.
Another advantage of the concept is that one could let the drying, pyrolysis and to
some extent gasification occur in the primary chamber. In doing so the gas formed
in this region could be extracted and later be used as either a source of energy or
as precursor for biofuels or biochemicals [11] . Furthermore, the concept could be
used to accommodate for changes in energy demand by controlling the process to
produce different amounts of gas in the primary chamber. In periods of lower energy
demand, more gas would be produced while less gas would be produced when the
energy demand is higher.
For the concept to function effectively a number of criteria must be satisfied. Firstly,
the mass transfer between the reaction zones should function as one-way valve in that
fuel particles only should be transported out of the primary chamber. Secondly, the
retention time of fuel particles in the chamber must be possible to control accurately.
Thirdly, the gas environments of the two reaction zones should not be able to mix
with each other. Lastly, compared to a conventional design, the implementation of
the novel concept should not reduce the heat transfer between the zones too much
so that temperature levels ensuring the good performance of both chambers are
ensured.

2.4

Mixing in bubbling fluidized beds

Bubbling fluidized beds are characterized by the high degree of mixing they exhibit.
Rowe et al. showed that the high degree of mixing mainly could be ascribed to
the motion of bubbles through the bed [12]. Therefore, it is of great importance
to understand the relation between bubble motion and solids mixing in the bed.
By the means of experiments it has been determined that the solids mixing due to
bubble motion can be described through three different mixing mechanisms. Firstly,
7
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the bubbles motion creates vortices at the trailing end of the bubble that bed solids
are transported upwards by [13]. This region behind the bubble responsible for the
upward motion of solids is often referred to as the wake of the bubble. Secondly a
mechanism called drift which is due to the permanent displacement of solids outside
the bubble. Thirdly, since solids are being transported upwards by the bubbles, a
net downward flow of solids is induced at sides of the bubble to satisfy continuity.
The work presented in thesis is based on the assumption that mixing can be described as a two-phase system consisting of a bubble phase and an emulsion phase.
In a bubbling fluidized bed, the bubbles introduce regions where the solids concentration is low. These regions are accounted for by the bubble phase. The emulsion
phase on the other hand accounts for regions outside the bubbles where the solids
concentration is higher. A schematic description of the model is presented in figure
2.3, where δ represents the bubble density which is defined as the volume fraction
of the bed that is made up of bubbles.

Figure 2.3: Schematic overview of the two-phase system, where (a) shows an actual
dipiction of a fluidized bed and (b) illustrates how the two phases are defined.[17]

2.4.1

Bubble motion

There exist several empirical expressions that describe the velocity of a bubble in
fluidized beds. One expression that is commonly used in literature for the rise
velocity of a single bubble is that of Davidson and Harrison, which is presented in
equation 2.7. In the expression ubr is the rise velocity of a single bubble, g is the
acceleration due to gravity and db is the diameter of a spherical bubble with an
8
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equivalent volume to that of the spherical cap bubble [14].
q

ubr = 0.711 gdb

(2.7)

As mentioned above, equation 2.7 expresses the rise velocity of a single bubble.
However, in a bubbling bed bubbles coalesce when rising through the bed. The
process of coalescence involves trailing bubbles accelerating into leading bubbles
and therefore a higher average rise velocity is to be expected for the bubbles in a
bubbling bed. In an attempt to account for bubbles traveling faster than the rise
velocity of a single bubble, Davidson and Harrison proposed that all gas in excess
of minimum fluidization (i.e. u0 - umf ) should contribute to the rise velocity, as
presented equation 2.8 where u0 is the fluidization velocity.
ub = u0 − umf + ubr

(2.8)

Experimental studies have however shown that expression presented in equation 2.8
tends to overestimate the rise velocity, since not all excess gas goes to the formation
of bubbles. Instead it has been observed that there exist a throughflow of gas in
and between bubbles. The expression for the rise velocity has thus been adjusted
to account for the throughflow velocity (utf ), yielding the expression presented in
equation 2.9 [15].
ub = u0 − umf − utf + ubr
(2.9)
Based on research of Johnsson et al. [16] the throughflow velocity can be calculated
according to equation 2.10, where z is the bed height, A0 area of distributor plate
per orifice and f2 is factor that has been experimentally determined.
q

utf = (1 − f2 (z + 2.64 A0 )0.4 )(u0 − umf )

(2.10)

f2 can be calculated using equation 2.11 where dp is the diameter of the bed solids.
f2 = [0.26 + 0.70 exp(−3.3dp )][0.15 + (u0 − umf )]−0.33

(2.11)

Furthermore, the bubble density of the bubbling bed can be calculated through the
expression presented in equation 2.12
δ=

2.4.2

1+

1.3
(u0
f2

1
− umf )−0.8

(2.12)

Fuel motion in bubble phase

The description of the axial mixing in the bubble phase is derived from the empirical
expressions for the bubble motion. The bed solids transported upwards in the bed
via the wakes of the bubbles are assumed to travel at the same velocity as the
9
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bubbles. The amount of solids transported upwards in the wake is quantified by
the wake fraction, which describes the ratio of the wake volume (Vw ) to the bubble
volume as presented in equation 2.13.
fw =

Vw
Vb

(2.13)

For irregular natural sand, experimental studies have shown that the wake fraction
remains fairly constant independent on the diameter of the bed material. Typical
values for the wake fraction of irregular sand lies within the interval of 0.2-0.3 [14].
Similar to the bed material in the bubble phase, the axial motion of the fuel particles
is based on the bubble velocity. The fuel particles are assumed to travel in straight
paths upwards in the bed at a fraction of the bubble velocity. The fuel particle
velocity (uf ) can be calculated with equation 2.14, where alpha is an impact factor
describing at what percentage of the bubble velocity the fuel particle is transported.
The impact factor has in this work been set to a value of 0.3.
uf = αub

2.4.3

(2.14)

Fuel motion in emulsion phase

An expression for the velocity of bed solids in the emulsion phase can be derived by
setting up a mass balance for the bed material. Given that bed material rises in the
wakes of the bubbles, a downward flow of bed material must exist in order to satisfy
continuity. A mass balance for the bed material is presented below in equation 2.15.
fw δub + usd (1 − δ − fw δ) = 0

(2.15)

By rearranging the expression above, an equation for the velocity of the bed material
in the emulsion phase (usd ) can be formulated [17].
usd = −

fw δub
1 − δ − fw δ

(2.16)

The motion of fuel particles in the emulsion phase can be calculated by setting
up a force balance over a single fuel particle. The average fuel particle velocity is
then assumed to equal the velocity yielding a zero net force on the fuel particle.
The forces included in the force balance, which is shown in equation 2.17 are the
gravitational force(FG ), the buoyancy force(FB ) and the drag force(FD ).
FG + FB + FD = 0

(2.17)

The gravitational force can mathematically be described as shown in equation 2.18,
where mf represents the mass of the fuel particle. The gravitational force is defined
to be negative since the force is acting in a downward direction in the bed.
FG = −mf g
10
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The buoyancy force is a function of the ratio between the density of the emulsion(ρe )
and the density of the fuel particle(ρf ) and can be expressed as shown in equation
2.19.
ρe
(2.19)
FB = mf g
ρf
In contrast to the gravitational and buoyancy forces, which are constant forces only
dependent on the inherent properties of the fuel particles and the bed material,
the drag force is a function of the velocity of bed material in the emulsion phase.
Therefore, the process of finding the fuel particle velocity becomes a question of
finding the velocity that makes drag force equal the sum of the gravitational and
the buoyancy forces. Depending on the relative sizes of the different forces in the
force balance, the fuel particle velocity can be either positive or negative.
The drag force can be expressed as is illustrated in equation 2.20, where df is the
fuel particle diameter, urel the relative velocity between the fuel particle and the
bed material in the emulsion phase and CD is the drag coefficient.
1 d2 π
FD = ρe f CD |urel |(urel )
2
4

(2.20)

In order to determine the size of the drag force, the drag coefficient must be known.
Through experimental work, it has been determined that the drag coefficient can
be related to the relative velocity according to the expression, presented in equation
2.21, where a and b be have been determined to be 0.48 and 1.3 respectively [15].
CD =

2.4.4

a
ubrel

(2.21)

Formation of endogenous bubbles

During drying and pyrolysis, a large amount of gas emitted from the fuel particles.
It has been shown that this gas-emission can influence the nature of the fuel mixing
in fluidized beds, as the emission induces a segregation effect on the fuel particles.
The effect is so great that it alone can cause fuel particle segregation to the bed
surface under circumstances that otherwise would ensure uniform mixing [18].
The segregation effect is caused by the emitted gas, which forms an endogenous
bubble around the fuel particle. As the bubble is formed, the fuel particle falls
down towards the trailing boundary of the bubble where it comes into contact with
the emulsion phase. At this instance the motion of the fuel particle is dependent on
an equilibrium between the drag and buoyancy of the rising emulsion phase behind
the bubble, and the weight and inertia of the particle [19].
Depending on the relative size of the different contributions in the equilibrium,
two different mechanisms of segregation can be observed. Firstly, if the drag and
buoyancy initially is big enough to overcome the weight and inertia, a single bubble
11
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will cause the fuel particle to rise to the bed surface. This regime is referred to as
single-bubble segregation (SBS). Secondly, if the bubble initially formed does not
exert enough force on the fuel particle to make it rise to the bed surface, then the
fuel particle uprise will occur stepwise. This regime is referred to as multiple-bubble
segregation (MBS) and is characterized by the endogenous bubbles escaping from
the fuel particle. For every escaping bubble, the formation of a new endogenous
bubble is set off. The procedure of the bubble escaping and a new bubble forming
will repeat itself until the drag and buoyancy overcomes the weight and inertia, thus
giving rise to a stepwise uprise.
An expression for the extra lift force on a fuel particle undergoing drying and pyrolysis has been determined experimentally by Solimene et al. [18]. The expression is
presented in equation 2.22, where Q represents the volumetric flow rate of the gas
emitted from the fuel particle.
3

Flif t = 0.372g 5 ρe df Q0.8

12

(2.22)

3
Modeling
3.1

Modeling

In general there exists two main tracks in modeling of fluid dynamics for fluidized
bed combustors; macroscopic models that are based on empirical and semi-empirical
expression and computational fluid dynamics (CFD) in which the fluid dynamics are
described from first principle [20]. In a long term perspective the CFD-approach
will likely become the preferred alternative for modeling. However, due to the long
calculation times which for the time being is required for reliable results, CFD is not
fully mature to replace macroscopic modeling altogether. In the void of technological
advancements in the field of CFD, macroscopic modeling plays a crucial role and
will probably do so for the foreseeable future.

Figure 3.1: Schematic overview of the overall model structure.

The work presented in this thesis aim to describe the development of description
of the axial mixing of biomass in fluidized bed combustors. This description is implemented into an already existing semi-empirical three-dimensional mathematical
13
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model that has been developed at Chalmers during the last decade. The overall
structure of the model is illustrated in figure 3.1.
The model in turn and order solves equations for the gas velocity field, the solids
velocity, the mass balance of solids, the mass balance of fuel and finally the mass
balance of gases. After the equations have been solved, the convergence is evaluated
based on two criteria. Firstly, by setting up a total mass balance and evaluating the
total mass balance error. Secondly, the change in gas concentration fields for the
present and the previous iteration is compared. The iteration loop is repeated until
both the total mass balance error and the change in gas concentration falls below
specified tolerance levels. In addition to the iteration procedure presented above, a
heat balance can be solved in the model. However, the solving of a heat balance is
beyond the scope of the work presented in the thesis. Therefore, description of the
modeling for the heat balance has been omitted from this thesis.

3.2

Finite volume method

The governing equations describing the fluid dynamics of the fluidized bed are solved
by implementing the finite volume method. The method works by dividing the
geometry of interest into a number of control volumes, often referred to as cells. The
division of the geometry into cells is illustrated in figure 3.1(a) and furthermore, a
schematic representation of a single control volume is displayed in figure 3.1(b).

(a)

(b)

Figure 3.2: Picture showing how a geometry has been divided into computational
cells (a), and a picture illustrating a single computational cell (b).

In figure 3.1(b), the point P represents the node of the cell, which is the point at
which the governing equations are solved for. The letters e, w, n, s , t and b stands
for the direction relative to the cells, that is east, west, north, south, top and bottom.
The upper case letters corresponds to the nodal points of the adjacent cell in the
14
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direction specified by the letter. The lower case letters corresponds to the points
lying on the cells faces.
The transport equation for a convection-diffusion problem can be expressed in a
general form as is presented in equation 3.1, where φ is quantity solved for, Γ is the
diffusional coefficient and Sφ is the source term representing the net generation of
quantity φ [21].
∂φ
+ ∇ · (ρφu) = ∇ · (Γ(∇φ)) + Sφ
(3.1)
∂t
Fundamentally, the finite volume method works by integrating the differential equation to be solved over the control volumes making up the geometry. By doing this
the expression presented in equation 3.2 can be obtained.
Z
c.v

Z
Z
Z
∂φ
dV +
∇ · (ρφu)dV =
∇ · (Γ(∇(φ))dV +
Sφ dV
∂t
c.v
c.v
c.v

(3.2)

The above expression can then be re-expressed using Gauss’s divergence theorem,
which is presented in equation 3.3.
Z

∇ · (a) dV =

Z

n · a dA

(3.3)

A

c.v

The interpretation of Gauss’s divergence theorem is that the integral of the divergence of a vector (a) can be expressed as flux of the vector field across the control
volume boundaries. By applying Gauss’s divergence theorem the version of the
transport equation presented in equation 3.4 can be obtained. It should be noted
that the accumulation term has been omitted from equation 3.4 since the equations solved in the model are stationary. Had the problem been time-dependent an
integration with respect to time would also have to be made [21].
Z
A

n · (ρφu) dA =

Z

n · (Γ(∇(φ)) dA +

c.v

Z
c.v

Sφ dV

(3.4)

Explicitly, equation 3.4 can be expressed as presented below in equation 3.5, where
the source term has been approximated in a linear form. For the sake of simplicity
a one-dimensional problem is considered in equation 3.5.
dφ
(ρuAφ)e − (ρuAφ)e = ΓA
dx

!

dφ
− ΓA
dx
e

!

+ (Su + Sp φp )

(3.5)

w

When solving differential equations using the finite volume method, the fluxes
through the cell faces must be evaluated. To evaluate the diffusional flux across
the cell faces, both the gradient of φ and the diffusional coefficient must be approximated at cell faces. In the model this is done by implementing the upwind
differencing scheme. One advantage of this scheme is that it takes into account the
flow direction, by asserting that the face value can be approximated to equal the
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nodal value upstream to the flow direction [21]. The upwind differencing scheme
thus yields the discretized form of the transport equation presented in equation 3.6,
assuming flow in the positive direction.
Fe φP − Fw φW = De (φE − φP ) − Dw (φP − φW ) + Su + Sp φ

(3.6)

In the equation above F and D represents the quantities presented below in equations 3.7 and 3.8.
F = ρu
(3.7)
D=

Γ
dx

(3.8)

By rearranging the equations the form of the discretized equation presented in equation 3.9 can be obtained, where aP is calculated as illustrated in equation 3.10
aP φP = aW φW + aE φE + Su

(3.9)

aP = aW + aE + (Fe − Fw ) − Sp

(3.10)

Using the discretized equations above, the problem of solving the governing equation
becomes a matter of determining numerical values of the a-coefficients and the source
terms. Using the upwind differencing scheme, the a-coefficients for a one-dimensional
case can be calculated as presented in table 3.1.
Table 3.1: Table showing how a-coefficient is calculated for a one-dimensional
problem
aW
aE
Dw + max(Fw , 0) De + max(0, −Fe )

The same discretization procedure as is presented above, can be applied to threedimensional problem, yielding a similar form which can be expressed as seen in
equation 3.11, where the index n.b stands for neighboring cells.
aP φP =

X

an.b φn.b + Su

(3.11)

n.b

Similarly, the ap coefficient can be expressed as shown below in equation 3.12, where
dF is the net convection into the control volume of interest.

aP =

X
n.b
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an.b + dF + Sp
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3.3

Mass transfer between phases

Essential for the two-phase modeling approach is to determine the mass transfer
between the bubble and emulsion phase. Since all fuel is fed into the emulsion
phase, the only way that fuel can enter the bubble phase is through mass transfer
from the emulsion phase. The size of the mass transfer between the phases has been
investigated using magnetic particle tracking (MPT) in a down-scaled laboratory
unit [15]. By tracking the motion of magnetic tracer with properties resembling
that of typical biomass fuel particle, the probability of mass transfer to the bubble
phase for different heights in a fluidized bed could be determined. Measurement
data for the probability (qz ) in fluidized bed with an up-scaled bed height of 30 cm
is presented in figure 3.3. It should be noted that the probability of mass transfer
differs slightly depending on the properties of the fuel and the bed.
Probability for mass transfer
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q

z
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0.1

0

0

0.05
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0.35

0.4

Height of tracer [m]

Figure 3.3: Experimental data from MPT-experiments relating the height in the
bed to the probability of mass transfer from the emulsion phase to the bubble phase.

For a large portion of the bed, the probability remains fairly constant at a value of
approximately 0.3. Therefore, the probability of mass transfer is set to 0.3 for all
heights of the bed. From a phenomenological perspective the fuel particle uprise,
and consequently also the mass transfer to the bubble phase, is set off by the bubbles
rising in the dense bed. Therefore, the mass transfer from emulsion to the bubble
phase must be related to the bubble frequency in the bed. The size of the mass
transfer contribution, which is set as a negative source term in the emulsion phase
and a positive source term in the bubble phase, can thus be quantified by the
expression presented in equation 3.13.
Sp = qz fbub cf uel V

(3.13)
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In the equation cf uel represents the fuel concentration in the cell, V the volume of
the cell and fbub the bubble frequency in the bed. The bubble frequency can be
quantified using the expression presented in equation 3.14, which was derived by
Baskakov et al. [22].

fbub

1
=
π

r

g
z

(3.14)

In the two-phase model there also exists a mass transfer in the opposite direction i.e.
from the bubble phase to the emulsion phase. This mass transfer takes place as the
fuel reaches the bed surface. The size of this mass transfer is equal to the convective
flux that would have been transported through top faces of the mesh layer located
at the bed surface. In the bubble phase negative source terms are introduced at the
bed surface whereas equal but positive source term are introduced in the emulsion
phase. The size of the source term can be expressed as presented in equation 3.15,
where ut is the axial fuel velocity in the top layer and At is the cell area of the top
face.
Sp = −cf uel ut At

3.4

(3.15)

Classes

Both combustion and gasification of solid fuels is characterized by the coexistence
of fuel particle of different sizes and densities. The fuel fed into the boiler is not of
uniform size and furthermore as the fuel particles undergo reactions it brings about
changes in both density and particle size. In the model this distribution of fuel
particle properties is accounted for by the introduction of classes, where each class
represents fuel particles of a certain size and density. For each of the defined classes
the transport equation is solved, and different behavior for fuel particles of different
sizes can thus be accounted for.
In the model there are two types of classes namely, size classes and conversion classes.
The size classes are used to capture the polydispersity of the fuel fed into the boiler
by specifying a series of initial fuel sizes. For each of the different size classes, a
number of conversion classes are specified to model the change in size and density
due to reactions. As is illustrated in figure 3.4, the first step is that the transport
equation for the first conversion class is solved. When doing so, source terms are
introduced in the second conversion class. In the same way the transport equation
for the second conversion class is then solved, and source terms are introduced in
the following conversion class. This procedure is repeated until transport equations
for all pre-defined conversion classes have been solved.
The conversion classes can be subdivided into two categories, where the first category
is drying and devolatilization classes. These classes represent the initial stages of
18
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Figure 3.4: Schematic overview of the concept of classes
the solid fuel conversion where drying and pyrolysis occurs. In the model it is
assumed that the diameter of the fuel particle remains constant during the drying
and devolatilization classes and that instead the density decreases.
Following the drying and devolatilization classes, a number of char conversion classes
are specified where the char fraction of the solid fuel is converted either through
combustion or through gasification. Comparing the diffusion rate of O2 into the
fuel particle to the rate of char conversion, it can be concluded that the conversion
rate is higher than the diffusion rate of O2 . Therefore, it can be assumed that the
reactions will take place close to the surface of the fuel particle and that the fuel
can be considered to be in the shrinking sphere regime [23]. Consequently, when
modeling the char conversion classes, the density is kept at a constant value while
the diameter of the fuel particle decreases.

3.5

Modeling of chemistry

The first steps that occur during the conversion of solid fuel drying and pyrolysis.
In the model these processes are assumed to occur simultaneously and that a time
for volatile matter to be released can be specified. It is possible to model the time
for volatile release, but for the work presented in this thesis the time has been set
to a constant value of 20 s corresponding to a typical pyrolysis time. The pyrolysis
time is divided in to equal parts, so that the pyrolysis time for all of the individual
conversion classes is equally large.
Combustion and gasification processes are also accounted for in the model by including a number of reaction mechanisms. These reactions can be divided into
19
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heterogeneous and homogeneous reactions. For heterogeneous reactions the species
consumed are in different phases, i.e gas phase and solid phase. The rate of reaction, both for heterogeneous and homogeneous reactions, are determined through
the Arrhenius equation which is commonly used to model the how the reaction rate
depends on temperature [24]. The Arrhenius equation is as stated below in equation.
3.16.
!
−EA
(3.16)
k = A exp
RT
As can be seen in the Arrhenius equation, the rate of reaction (k) is dependent on
a pre-exponential factor (A), the activation energy(EA ) and the temperature (T)
at which the reaction occurs. The heterogeneous reactions that are accounted for
in the model are presented in table 3.2 along with values for pre-exponential factor
and activation energies used in the model.
Table 3.2: Table showing reaction mechanisms for heterogeneous reactions
1
2
3
4

Reaction
C + O2 →
− CO2
C + 0.5O2 →
− CO
C + H2 O →
− CO + H2
C + CO2 →
− 2CO2

J
]
E0 [ mol
75 000
75 000
75 000
75 000

A
3 160
4 470
600
600

Of the reactions presented above in table 3.2, the first two reactions represent char
combustion, whereas the last two reactions represent char gasification. It is cumbersome to determine the exact rate of reactions for solid fuel conversion, however
it is known that the combustion rates are faster than the gasification rate. Therefore, the rate of reaction for the combustion reactions in the model has been set
to be approximately five times greater than the gasification rate of reaction. This
is achieved by setting the activation energy for all reactions to the same value and
specifying pre-exponential factors to be five times greater for the combustion reactions, compared to the gasification reactions. Furthermore, since no heat balance
is solved in the current version of the model, a uniform temperature of 850 ◦ C has
been set for all locations in the boiler.
The homogeneous reactions, which are reactions where all reacting species are in the
gas phase, that are accounted for by the model are presented in table 3.3. The values for activation energies and pre-exponential factors are taken from experimental
investigation studies for gasification of sewage sludge [25].
Table 3.3: Table showing reaction mechanisms for homogeneous reactions
1
2
3
4
20

Reaction
H2 + 0.5O2 →
− H2 O
CO + 0.5O2 →
− CO2
CO + H2 O →
− H2 + CO2
H2 + CO2 →
− CO + H2 O

J
E0 [ mol
]
10.8 · 106
130 · 106
0.2778
3.289

A
125 525
26 225
12 560
34 730
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3.6

Governing equations

As mentioned earlier, the model runs through an iteration procedure where it solves a
number of governing equations. The first equation solved is a potential flow function
for the gases. The equation reads as presented in equation 3.17
0 = D∇2 ψ + n,,,

(3.17)

where D is an arbitraty diffusion coefficient, n,,, is gas generation from non-equimolar
reactions and ψ is the potential function for the gas velocity. Once the potential
function has been solved for, the gas velocity can be calculated as presented below
in equation 3.18, where p is the pressure.
ug =

RT
(D∇ψ)
p

(3.18)

Similarly to the gas flow, the solids velocity is solved through a potential flow equation, which is presented in equation 3.19.
0 = D∇2 ψ

(3.19)

The velocity of the solids are the solved through the equation 3.20
us = D∇ψ

(3.20)

Once the velocities for the gas flow and the solids flow has been calcluated, a mass
balance for the solid material is solved. The mass balance for the solids can be
expressed as shown in equation 3.21 where ṁ,,, is the net generation of solids from
other solids classes.
∇ · (cs us ) = D∇2 cs + ṁ,,,
(3.21)
Following the solids mass balance, a mass balance for the fuel is solved. This equation has the same form as the mass balance for the bed solids, with the difference
that the net generation arises from other fuel classes. The equation is presented
below in equation 3.22.
∇ · (cf uf ) = D∇2 cf + ṁ,,,
(3.22)
Finally, a mass balance for the gas species in the system is solved. This mass balance
is shown below in equation 3.23 where wi is the volume concentration of gas species
i and n,,, is the net generation of gas species.
∇ · (ρug wi ) = D∇2 ρwi + n,,,

(3.23)
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3.7

Fuel mass balance algorithm

The description of the axial fuel mixing developed in this thesis, is implemented
into the existing mathematical model by introducing a new algorithm for the fuel
mass balance. The aim of the algorithm is to find a-coefficients and the source terms
needed to solve the system of equations describing the mixing. The algorithm used
to calculate the a-coefficients and source terms is schematically presented in figure
3.5.

Figure 3.5: Schematic overview of the algorithm for calculating a-coefficients and
source terms.

The first step of the algorithm is to specify dispersion coefficients, which is of special
importance since it offers a way of describing the lateral mixing in the bed. Following
the first step, the velocity field of the fuel is specified. This is done in accordance
with the procedure presented in section 2.4.
Once the velocity field has been calculated and specified the three remaining steps
in the algorithm are the calculation of the a-coefficients, the specification the boundary conditions and finally the specification of the source terms. In the model, the
concentration fields of the bubble and the emulsion phase are solved simultaneously.
This is done by first performing steps 1-5 in figure 3.5 for the emulsion phase and
then repeating steps 1-5 but for the bubble phase instead. The a-coefficients and
the source terms obtained can then be used to formulate the system of equations in
a sparse matrix form.
To obtain the concentration fields for the fuel, both in the emulsion and in the
bubble phase, the system of equations is solved. This done by using the MATLABfunction bicgstabl, which solves a system of equations of the form Ax = b with
the biconjugate gradients stabilized method. In the model the matrix A represents
the sparse matrix containing the a-coefficients, b a column vector containing the
constant source terms and x is the vector representing the concentration values of
the cells in the geometry.
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To evaluate the performance of the novel multi-staged fluidized bed concept a number of simulations has been performed. All of these simulations have been performed
using identical geometries. The simulated unit, which can be seen schematically in
figure 4.1 has width 5.9 m a depth of 7.4 m and height of 12.92 m. Furthermore,
the primary chamber which is introduce into to unit is placed in the bottom right
corner, relative to the picture, and has the dimensions of 3x2 m.

Figure 4.1: Geometry dimensions used for the simulations

For all simulations presented in the results, only one size class has been considered,
meaning that all fuel particles will have an equal initial particle diameter. If nothing
else is stated, the initial fuel particle diameter will be set to 2 cm. Furthermore, all
fuel will be fed into the primary chamber to be able to observe the tendency for fuel
to be transported out of the chamber. For all simulations, excluding the simulations
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investigating surface loading which will be discussed in section 4.1, the size of the
fuel injection will be 1 kg/s. Other values variables that must be specified in the
model is presented in Appendix A.
Three types of results are going to be presented in the report. The following sections
will address how the different results was obtained

4.1

Concentration profiles of individual classes

As a part of the result presented in the thesis, fuel concentration profiles in the
fluidized bed have been plotted. All concentration profiles will be presented along
a cut-through of the fluidized bed unit. The position at which the concentration
profiles are taken illustrated in figure 4.1 by the red line in the bottom of the picture
and is located 1.77 m from the wall. Furthermore the concentration profile will only
be plotted to the bed height, which for all simulations is 80 cm. All information
above this height will be omitted from the figures.
As in the previous chapter, the mathematical model solves for concentration fields
for each of the classes that are modeled. To observe possible difference in behavior between fuel particle undergoing drying and pyrolysis and char particles being
converted, total concentration fields for the two types of conversion classes have
been calculated. This is achieved by adding together all drying and devolatilization
classes to one concentration field and to add all char conversion concentration fields
together.

4.2

Surface loading

The surface loading β, that is to say the accumulation of fuel at bed surface, has
been calculated for a number of simulations. This was done by calculating which
percentage of the uppermost layer of the bed in the primary chamber consisted of
fuel, according to equation 4.1.

β=

[Mass of fuel]
[Mass of fuel] + [Mass of bed solids]

(4.1)

The surface loading has been calculated based on a number of different fuel feed
rates, ranging from 0.2 kg/s to 2.5 kg/s. The feed rate has however been normalized
against the cross-sectional area of the primary chamber as to enable the findings
from the simulations to be utilized in a general case.
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4.3

Sensitivity analysis

A sensitivity analysis was performed in order to determine how the novel concept is
affected by changes in operation parameters. This was done by performing simulations with different values for three parameters. The three parameters investigated
was the pressure difference between primary and secondary chamber (∆P ), height of
the slit (hslit ) and the fluidization velocity (u0 ). The metric used to determine how
the performance of the novel concept changed was the amount of char gasification
taking place within the primary chamber.
In addition to the amount of char gasification taking place in the primary chamber,
the sensitivity analysis also offers an understanding of how much of the char fraction
that is transported out of the primary chamber. All char that is not converted in
the primary chamber is obviously transported out of the chamber in order to satisfy
the mass balance.
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5
Results and discussion
5.1

Concentration profiles of individual classes

To illustrate differences in behaviour between fuel particles in different stages of the
conversion, concentration fields for the different fuel particle classes are plotted. In
figure 5.1 the total concentration field for all drying and devolatilization classes is
presented.

Concentration profile for all drying
and devolatilization classes added together
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Figure 5.1: Total concentration profile for all drying an devolatillization classes.

Looking at figure 5.1 it can be seen that for the drying and devolatilization classes the
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concentration profile exhibits a strong concentration maximum at the bed surface of
the primary chamber. The concentration reaches a value of about 80 kg/m3 at the
bed surface, whereas the concentration in the bed is virtually zero. Furthermore, the
amount of fuel exiting the primary chamber is almost non-existent. This behaviour
is to be expected for the drying and devolatilization classes. During these processes
a large amount gas is emitted from the fuel particle and thus bringing about the
formation of endogenous bubbles. The formation of endogenous bubbles gives rise to
an additional lift force to the fuel particle force balance and in turn giving a higher
upward velocity for the fuel particles.
From an operational perspective for the novel concept, the segregating tendency of
the fuel particles is beneficiary since it to a greater extent allow for the drying and
pyrolysis to occur within the primary chamber. However, questions could be raised
to whether too much fuel accumulates at the bed surface and in that way resulting in
fuel particles floating on top of the bed and not reacting. Given the large effect the
formation of endogenous bubbles have on the mixing during drying and pyrolysis,
further studies regarding the pyrolysis time would offer valuable information on the
segregation behaviour.

Concentration profile for all
char conversion classes added together
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Figure 5.2: Total concentration profile for all char conversion classes.

The corresponding concentration profile, where all char conversion classes has been
added together is presented in figure 5.2. Comparing 5.1 and 5.2 it can be seen
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that there are significant differences between the drying and devolatilization classes
and the char conversion classes. The char conversion class concentration become
more distributed through the bed and as a consequence the amount of fuel exiting
primary chamber is noticeably higher. The observed trends seem reasonable given
the assumption made in the model that endogenous bubbles does not form around
char particles. Following from this is assumption, the upward force component in
the fuel force balance will decrease compared to drying and devolatilization case.
Furthermore, the char conversion is assumed to occur in the shrinking sphere regime,
which leads to smaller fuel particles as the fuel progresses through the conversion
classes. Since the buoyancy is exhibits a stronger dependency on the particle size as
compared to drag force, the shrinking fuel particles will lead to increasing downward
velocity of the fuel in the emulsion phase.

Concentration profile for all drying
and devolatilization classes added together
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Figure 5.3: Total concentration profile for all drying and devolatilization classes
for fuel particles with an inital diameter of 5mm.
Figure 5.3 displays a concentration profile for a case where the diameter of the fuel
particle has been decreased to a size of 5 mm. As can be seen the behavior where
the drying and devolatilization classes accumulates at the top of the fluidized bed
is not achieved for this simulation. Instead the highest concentration is located in
the bottom of the bed. The main effect causing the this trend is the large difference
in the volumetric gas flow of emitted gas from the fuel particle during drying and
pyrolysis. Owing to the assumption that the pyrolysis time is constant for all fuel
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sizes, the volumetric flow rate decreases dramatically for smaller fuel. In table 4.1
the volumetric flow rate emitted from particles in a single drying and devolatilization
class, for a series of different particle sizes is presented.

Table 5.1: Table displaying volumetric gas flow emitted from fuel particles of
different sizes.
df [mm] 20
Q[m3 /s] 6.89 · 10−4

15
2.91 · 10−4

10
8.61 · 10−5

5
1.08 · 10−5

Looking at the relative sizes of the volumetric flows it can be seen that the volumetric flow for particles with a diameter of 20 mm is approximately 64 times greater
than the volumetric flow rate observed for 5 mm case. Since the lift force due to
endogeneous bubble formation is function of the volumetric flow of emitted gases,
the observed trend is to be expected for smaller fuel particles. This fact further
suggests that the correct determination of pyrolysis time is of great importance for
the description of the fuel mixing behavior in fluidized bed.

5.2

Surface loading

The surface loading is plotted as a function of the normalized amount of fuel fed into
the primary chamber in figure 5.4. As can be the surface loading increases as the
amount of fuel fed into the chamber increases. Considering the behavior observed in
the previous section 5.1, where the fuel concentration is significantly higher at the
top of the bed compared to lower regions of the bed, the trend of increasing surface
loading is expected. The amount of fuel fed into the primary chamber probably
would not introduce any effects that would cause the trend with high concentrations
close to the surface to be altered. Therefore, the higher concentrations associated
with larger fuel feeds is expected to bring about higher values for the surface loading.
The fuel particle diameter could perhaps influence the relation between the amount
of fed fuel and the surface loading. As was illustrated in the previous section, for
fuel particle with a diameter of 5 mm the highest concentration was achieved at
the bottom of the bed instead of at the surface. Therefore, it is not certain that
increasing the fuel feed would increase the surface loading if the fuel particle is too
small. The mixing behavior of small fuel particles could however be a consequence
of the fact that the pyrolysis time is assumed constant.
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Figure 5.4: Surface loading for different fuel feed rate into primary chamber.

For combustion processes neither a too high or a too low surface loading is desirable
from an operational perspective. Too high concentrations could lead to temperature
locally could become so high that bed material may start to agglomerate. A too
low temperature is not desirable since the efficiency of the combustor then could
be decreased. For gasification processes however, it is uncertain how high or low
surface loadings may affect the process. Perhaps a too high concentration could lead
to too low temperature owing to the endothermic nature of the gasification process.

5.3

Sensitivity analysis

A sensitivity analysis was performed to determine how variations in operational parameters affects the performance of the novel fluidized bed concept in terms of the
extent of char gasification occurring in the primary chamber. For the results presented in this section, three parameters were varied: the pressure difference between
the two reaction zones, the fluidization velocity and the height of the slit under the
delimiting walls. For all simulations one initial fuel size have been considered, that
is a fuel diameter of 20 mm. The result of the sensitivity analysis is presented in
figure 5.5.
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Figure 5.5: Sensitivity analysis where the extent of char gasification is related to
∆P , hslit and u0 . Figures (a), (b) and (c) correspond to fluidization velocities of
1.0, 1.2 and 1.4 m/s respectively.

Comparing the amount of gasification for the different cases, a number of trends
can be observed. Firstly, it can be seen that the amount of gasification decreases as
the height of the slit is increased. This result is to be expected since a bigger slit
height allows for a greater area at which material can exit the primary chamber.
The slit height has a great effect on the amount of gasification occuring, much
effort thus must be put on finding the optimal slit opening to install in a unit. It
becomes especially important because it contrary to the pressure difference and the
fluidization velocity cannot be used as a control parameter.
Looking at how the pressure difference affects the amount of char gasification it can
be seen that an increase in pressure difference leads to a decrease in the amount of
char gasification in the primary chamber. This is due to the fact that the pressure
difference causes a lower bed height in the primary chamber and as consequence the
bed surface location comes closer to the opening between the primary and secondary
chamber. As the pressure differences is further reduced the bed height in the primary
chamber also decreases and thus explaining the trend of decreasing amount of char
gasification. Since changing the pressure difference gives rise to significant differences
32

5. Results and discussion

in amount of char gasification, the pressure difference could be used as an control
parameter to control the retention time in the primary chamber.
The amount of char gasification can also be decreased by increasing the fluidization
velocity. This can be understood by the higher degree of mixing induced as the
velocity is increased. Increasing the fluidization velocity results in a greater bubble
velocity upwards in the bed and consequently also a higher velocity for the solids
travelling in the wake of the bubbles. Therfore to satisfy continuity, the flow of
solids down in the emulsion phase must increase. The increased downward velocity
of the emulsion thus yields a greater drag force on the fuel particles, leading to a
tendency for the particles to be at lower position in the bed. Owing to the tendency
for fuel to be located in lower regions of the bed, a greater amount of fuel exiting
the primary chamber is expected to be observed.
It should however be noted that for big slit heights, the amount of char gasification
becomes quite insensitive to changes in fluidization velocity. This especially noticeable when comparing the hslit = 56.8cm case for the fluidization velocities of 1.2
and 1.4 m/s. This result suggest that there exist a threshold in the height of the slit
at which the control of the novel concept by the means of altering the fluidization
velocity, becomes inefficient.
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6
Conclusion
A model describing the axial mixing in fluidized beds was developed and implemented into Chalmers three-dimensional mathematical model for commercial fluidized bed applications. The model development was especially directed towards
mixing of biomass fuels and through simulations it has been seen that the model
is able to capture many of the characteristics expected for biomass conversion processes. Such as the segregating behavior due to formation of endogenous bubbles
The simulations suggest that the kinetics of the biomass pyrolysis are of great importance for the mixing in the bed. For fuel particles of small initial diameter, the effect
of the assumption of a constant pyrolysis time becomes apparent, as the simulations
yields a significantly different behavior compared to larger fuel particle diameters.
Further studies of the pyrolysis kinetics could thus offer valuable information that
could be used for improvements to the developed model.
The novel multi-staging fluidized bed concept was evaluated with aid of the developed model. From simulations it was shown that the pressure difference, the height
of the slit and fluidization velocity all had effects on the degree of char gasification
occurring within the primary chamber. Furthermore, the results indicate that the
pressure drop could be used as control parameter for controlling the retention time
in the primary chamber.
It was also shown that the process could be controlled by varying the fluidization
velocity. However, the ability to control the process with the fluidization velocity
becomes very limited if the height of the slit is too large.
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A
Appendix 1
In table A.1, values for parameter used in the model is presented.
Table A.1: Table displaying numerical values of parameters used in the model.
Variable
DAxial
DLateral
fw
fw
Nchar
NDrydev
p
T
XC
XH
XO
XN
XS
YM oisture
YV olatile
YChar
YAsh
α

Description
Axial fuel dispersion coefficient
Lateral fuel dispersion coefficient
Wake fraction
Wake fraction
Number of char conversion classes
Number of drying and devolatilization classes
Pressure level
Temperature
Fuel carbon content
Fuel hydrogen content
Fuel oxygen content
Fuel nitrogen content
Fuel sulphur content
Fuel moisture content
Fuel volatile content
Fuel char content
Fuel ash content
Impact factor for fuel in bubble phase

Value
0.001 m2 /s
0.1 m2 /s
0.22
0.22
4
3
101300 Pa
1123K
0.545
0.0593
0.3922
0.0032
0.0004
0.486
0.363
0.123
0.028
0.3

I

