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Abstract

This thesis focuses on developing a mathematical model that is capable of predicting the fluidized
bed coating process. First a basic understanding of pellet motion in a Wurster fluidized bed was
established by conducting a series of experiments using the positron emission particle tracking
(PEPT) technique. The PEPT results, such as the particle velocity, the cycle time distribution
(CTD) and the residence time distribution (RTD) of particles in different regions of the fluidized
bed, were selected to evaluate the model for pellet motion based on the discrete element method,
computational fluid dynamics (DEM-CFD). In an effort to refine the sub-models involved in the
DEM, the effects of the drag model were investigated. With the validated DEM-CFD model, the
detailed pellet motion in the spray zone of the fluidized bed was studied. In order to identify the
underpinning mechanisms by which coating thickness changes, pellets of different sizes were
employed, and a simple model for predicting the growth of pellets was developed based on data
available from the DEM-CFD results and the PEPT experiments. This predictive model was then

evaluated experimentally. In addition, a model for drying of pellets was developed.

In the PEPT experiments, it was found that, for the parameters studied, particles spend
approximately 12—29% of the cycle time in the Wurster tube. It was observed that particles tend
to recirculate in the Wurster tube and sneak out from below the tube. In comparison with the
PEPT experiments, the coupled DEM-CFD simulations showed close agreement with respect to
the CTD and the RTD of particles in different regions. Using the validated DEM-CFD model,
large particles were found to spend longer time in the spray zone and move closer to the spray
nozzle. The latter effect provides evidence that large particles can shield small particles from
spray droplets. Both of these effects suggest that large particles receive a greater amount of
coating solution per particle cycle. A simple conceptual model was then developed to predict the
effects of the residence time of particles in the spray zone, the particle cycle time, and the
entrance distance on the relative rate of the increase in film thickness between large and small
particles. By comparing predicted and measured relative rates of increase in coating thickness
between large and small particles, it was confirmed that large particles grow faster than small

particles.
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1. Introduction

1.1. Background

Particle coating is a unit operation that is used in a variety of industries. For
example, in the food industry, ingredients are coated to mask flavor or to
improve stability and shelf life (Teunou & Poncelet, 2002). In the agricultural
industry, seeds are coated to make them easier to handle, to allow them to be

planted by machine, and to improve germination and crop yields (Filho et al.,

1998).

Drug layer
( Core pellet

Controlled release film

Figure 1.1 Layout of a pellet and its usage, partly revised from the work of Kearney
and Mooney (2013).

In the pharmaceutical industry, which is the focus of this thesis, pellets are

coated with drug substances and functional films, for example films for
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controlled release (Jono et al., 2000; Chopra et al., 2002). In its simplest form,
such a controlled-release pellet consists of, from inside to outside, a core pellet, a
drug layer, and a controlled release film, as sketched in Figure 1.1. The core
pellet can be made of sand, sugar, or cellulose while the controlled release film
typically consists of a polymer or polymer blend that has been carefully selected
to provide the desired drug release rate. When the patient swallows the medicine,
the drug substance is released in the gastrointestinal tract and ultimately taken
up in the blood. Preferably, the drug concentration in the blood should remain
within a certain range that gives the desired therapeutic effects, i.e. the so-called
therapeutic range. Without a mechanism that controls the rate of release of the
drug substance, the drug concentration first rises and then decreases after
reaching its highest level, as shown in Figure 1.2. In order to better control the
drug release rate so that the drug concentration remains within the therapeutic
range for a longer period of time, formulations that give sustained or extended

drug release are developed, e.g. as shown in Figure 1.2.

Toxic level

Therapeutic
Sustained release range

Drug concentration

Minimum effect

Conventional release "*:-.. level

v

Time

Figure 1.2  Schematic of different drug release profiles
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There are different ways of coating pellets, and among them the Wurster coating
process (Wurster, 1959) has proven to be highly efficient (Teunou & Poncelet,
2002). It is well known that the coating process that is used to produce the
controlled release film affects the release of the drug substances and therefore
the performance of the medicine. It is thus of great interest to study and

understand the Wurster coating process in greater detail.

1.2. The Wurster coating process

... .3. ...
2
1
&

Atomization
air flow

L I T T 1

Fluidization air flow suspension

Figure 1.3  Schematic of the Wurster process and the different regions: 1) the spray
zone, 2) the Wurster tube, 3) the fountain region, 4) the downbed region, and 5) the
horizontal transport region.

The Wurster coating process is a bottom-spray coating process that takes place

in a fluidized bed. At the bottom of the fluidized bed, a distributor plate with a
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specific pattern of orifices determines the distribution of the hot fluidization
airflow. This airflow is partly responsible for the motion of pellets. Also, there
are one or more two-fluid spray nozzles at the bottom of the fluidized bed. These
spray nozzles supply a liquid solution as well as an atomization airflow that
breaks the solution into small droplets. The spray nozzles thus form a spray
region at the bottom of the fluidized bed. As the pellets travel through this region,
they receive a coating solution in the form of droplets, and, as they move around
in the fluidized bed, the liquid droplets are dried by the hot airflow to form a film

layer on each pellet.

Based on particle behavior, the fluidized bed can be divided into different regions,
as sketched in Figure 1.3 (Christensen & Bertelsen, 1997; Karlsson et al., 2011).
During coating pellets receive the coating solution in the spray zone, and then
dry as they return to the spray zone after having traveled through the Wurster
tube, the downbed, and the horizontal transport regions. This sequence of
coating and drying as the pellets travel through the different regions of the

fluidized bed is referred to as a particle coating cycle (Li, Rasmuson, et al., 2015).

The time it takes for a pellet to complete a cycle is defined as the cycle time.
Similarly, the time that a pellet spends in a specific region is defined as the
residence time in that region. Not only may a pellet behave differently from
other pellets, but a pellet in one cycle can also behave differently from that same
pellet in a different cycle. It is thus clear that pellets have both a cycle time
distribution (CTD) and a residence time distribution (RTD) in different regions.
The CTD and the RTD of particles in the spray zone together determine the
amount of coating deposited on the pellets. Since the performance of the
medicine to a great extent depends on the thickness of the coating film, it is clear
that the CTD and the RTD of particles in the spray zone are critical factors in

determining the coating film thickness and its variability (Mann & Crosby, 1975;
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Cheng & Turton, 2000; Shelukar et al., 2000; Turton, 2008). Furthermore, the
drying rate, which is affected by the RTD of particles in different regions, is also
expected to affect the quality of the coating film (Karlsson et al., 2009) and,

hence, the quality of the final product.

1.3. Objectives

Due to insufficient understanding of the underpinning mechanisms that affect
the coating quality of individual pellets in a larger population, the aim of this
study is to develop a mathematical model that is capable of predicting the
fluidized bed coating process. This was carried out in several steps, as explained

below.

The first step (Paper I (Li, Rasmuson, et al., 2015)) was to gain a Dbasic
understanding of particle motion in the fluidized bed. In this step, the positron
emission particle tracking (PEPT) technique was employed. A series of PEPT
experiments were performed to investigate the movement of pellets and to
determine the CTD and the RTD of particles in different regions. Several
different geometrical configurations and operating parameters were considered.
In particular, different size pellets were employed to identify the underpinning

mechanisms by which the coating thickness changes.

In the second step (Paper II (Li, Remmelgas, et al., 2015)), the characteristics of
particle movement obtained, such as particle velocity, the CTD and the RTD of
particles in different regions, were selected to evaluate the model for pellet
motion based on the discrete element method, computational fluid dynamics
(DEM-CFD) simulations. In an effort (Paper III (Li et al., 2016)) to refine the

sub-models in the DEM, the effect of the drag model, which determines the
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interphase momentum transfer between the particles and the airflow, was

Investigated.

In a third step (Paper II), the detailed pellet motion in the spray zone was
studied. A simple model for predicting the growth rate of pellets was developed
based on the data available from the DEM-CFD simulations and the PEPT
experiments. This predictive model was then evaluated by comparing coating

experiments carried out under similar conditions (Paper IV).

In a final step, models for the wetting and drying of pellets were developed
(Paper V). The calculated temperature and the amount of liquid in air can be
compared to the measurement at selected locations. Then it can be possible to
obtain the temperature and the amount of liquid for individual particles via
DEM-CFD simulations. In addition, varying drying rates can be identified in
different regions for an improved understanding of how the drying rate of

particles in different regions affects the coating quality.

1.4. Outline of the thesis

The thesis is organized as follows. In the next chapter, the set-up of the systems
used in this study is given to provide a basic understanding of the systems under
investigation. Chapter 3 describes the modeling methods for both the movement
and drying of pellets. In this chapter, assumptions and simplifications are
discussed and the governing equations for the modeled phenomena are given in
detail. Then the equipment, the materials, the operating conditions and the
method of analysis used in the PEPT measurements and coating experiments are
presented in Chapter 4. In Chapter 5, the main findings from the experimental
and modeling work are discussed. Last, conclusions are drawn and an outlook is

provided.



2. Set-up of the system

Prior to describing modeling methods and experiments, it is of interest to have a

basic understanding of the systems that are used in this study.

2.1. STREA-1™

For the study of particle motion, the fluidized bed was based on the STREA-1™
laboratory fluidized bed from Aeromatic-Fielder. This experimental set-up was
used for both the PEPT experiments and the DEM-CFD simulations of particle

motion.

As shown in Figure 2.1 and Table 2.1 the total height of this fluidized bed was
380 mm, and the top and bottom diameters were 250 mm and 114 mm
respectively. It was equipped with a bowl-shaped distributor with a diameter of
52 mm at the bottom of the bed. The center of this bowl-shaped distributor, i.e.
the annular region between Dy, and Di in Figure 2.1, was fully open and covered
the entire base. Outside this central region of the distributor, there was an
annulus region, on which a number of orifices were distributed. These orifices in

total took approximately 4% of the area of the annulus region of the distributor.

The atomization nozzle was located at the center towards the bottom of the
fluidized bed. In this study, the nozzle was only a circular orifice with a diameter
of 5 mm. No liquid solution was introduced. The diameter of the nozzle was much
larger than a real atomization nozzle in order to reduce the numerical difficulties
in simulating supersonic flow. In addition, a wire mesh screen was put over the

distributor to prevent pellets from falling through the distributor.
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(b)

L—Dbﬂl

4+—FDc——>

Figure 2.1 The dimensions of the Wurster bed, a) side view showing the different
regions: (1) the Wurster tube, (2) the fountain region, (3) the downbed region, and (4) the
horizontal transport region, b) top view.

Table 2.1 The dimensions of the STREA-1 and LAB CC fluidized bed (in mm,).

Variable STREA-1 LAB CC
Diameter of expansion chamber, De 250 250
External diameter of the Wurster tube, D¢ 50 50
Upper diameter of bowl distributor plate, D. 114 100
External diameter of the base of bowl distributor plate, Dy 52

Internal diameter of the base of bowl distributor plate, D 12 16
Diameter of nozzle, Dn 5

Height of expansion chamber, He 160 730
Height of truncated cone, He 220 330
Height of the Wurster tube, i.e., tube length, Ht 100, 150, 200 60

Height of the connection between bowl distributor and 90
truncated cone, Ho

Height of bowl distributor, Ha 17
Height of partition gap, H, 10, 15, 20 20
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2.2. LAB CC

For the coating and drying of pellets, the LAB CC system was employed. This
system 1s commonly used for laboratory-scale coating experiments in
pharmaceutical development. In this research, it was employed to perform
coating and drying experiments in order to evaluate the predictive model for the
growth of pellets and the drying model under development. In the experiments,

an actual two-fluid spray nozzle was used.

This system consisted of a fluidized bed, an air supply system, a heater, sensors
and user interfaces. The fluidized bed was 1060 mm high, with bottom and top
diameters of 100 and 250 mm, respectively. Other dimensions are given in Table
2.1. It should be noted that a flat distributor was employed for the LAB CC
fluidized bed (rather than the bowl-shaped distributor that was used for the

STREA-1 fluidized bed).






3. Modeling methods

3.1. Overview of multiphase models

In modeling pellet motion in a fluidized bed, two basic approaches are available.
These two approaches, usually referred to as Eulerian-Eulerian (EE) and
Eulerian-Lagrangian (EL), are commonly used to model multiphase systems of

gas and solid particles as in this study. They are briefly described in this section.
3.1.1. Eulerian-Eulerian approach

In the EE approach, both the gas phase and particle phase are treated as
continuous, interpenetrating fluids. Since both phases are modeled as fluids, this
approach is often also referred to as the two-fluid model (TFM). The governing
equations are similar to those for single-phase flow, but a key quantity, the
volume fraction for each phase, is introduced so that the relative amount of each
phase can be determined at each location. Since only one set of conservation
equations is employed for each phase, this approach is feasible regardless of the
scale of systems. The EE approach is therefore frequently used for large-scale
systems involving many particles. Inherently, this approach provides an
averaged description of a multiphase system and requires additional relations

for coupling.
3.1.2. Eulerian-Lagrangian approach

Unlike the EE approach, particles are in the EL approach tracked as an
assembly of particles or as individual particles. In the former case, a number of

particles that are followed simultaneously are treated as parcels. In the latter



3. Modeling methods 12

case, which is the so-called discrete element method, the motion of every particle

1s considered.

In pharmaceutical development, laboratory-scale systems for pellet coating often
contain a few gram to a few hundred gram almost spherical particles with a
diameter that ranges from 200 to 1000 um. This corresponds to tens of thousands
to a few million particles, which can be simulated at a reasonable computational
cost. Pilot-scale systems contain more particles and are more challenging to
simulate. However, there is a steady increase in the computational power and
simulations of 25 million particles have been reported recently by Jajcevic et al.

(2013).

Thus, the DEM offers a unique opportunity to study pellet coating at the level of
a single pellet. With the DEM, it is feasible and reasonably straightforward to
account for different forces, including particle-particle and particle-wall collisions.
In addition, it is possible in the DEM to implement a particle size distribution
(PSD) and to study the variability in the pellet size that is usually encountered
in practice, which is difficult to account for in the EE approach. These factors
therefore motivate developing a DEM based model for pellet coating in a
laboratory-scale fluidized bed and, in the future, to extend it to pilot-scale

systems and eventually to industrial-scale systems.

3.2. Movement of pellets

In this section, the movement of pellets is described using the DEM. First, the
mathematical model for the DEM based on a soft-sphere model is presented.
Second, the governing equations for the gas flow are given. Last, the coupling

between the particle phase and the gas phase is discussed.
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3.2.1. Discrete element method

Basically, the DEM is based on Newton’s second law of motion. The motion of

every pellet is then written via a force balance:

dv,; Vi
d:ll =F % (ug = vpi) + mpig =V VP + F (3.1)
S

Mp,i

where the terms on the RHS represent, in order, interphase momentum transfer,
gravity, the force due to the pressure gradient, and the contact force due to

particle-particle and particle-wall collisions. In this equation, m,; is the mass of
the it" pellet, v, 1s the velocity of the it" pellet, u, is the velocity of the air, g is
the gravitational acceleration, V,; is the volume of the it" pellet, VP is the

gradient of the air pressure, & is the particle/solid volume fraction, and f is the

Iinterphase momentum transfer coefficient.

The angular momentum of the pellet is calculated by

dw,, ;
pi _ E

where I,,; 1s the moment of inertia, w,; is the rotational velocity, and T,; is the

total torque acting on the particle.

For the contact force due to particle-particle and particle-wall collisions, it is
well-known that there are two models available: the hard sphere and soft sphere
models. In the hard sphere model, the interaction forces are assumed to be
impulsive and all other forces are negligible during collisions (Crowe et al., 2012).
The hard sphere model is easy to use but limited to only binary collisions. In the
soft sphere model, the deformation of particles in contact is modeled in a
straightforward fashion using the Hertz-Mindlin theory (Hertz, 1882); the local

linear deformation is related to the normal and tangential forces respectively.
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The soft sphere model implements the physics of collisions more directly but at a
higher computational cost. In this study, since pellets can remain in contact for a
long time in the dense region of the fluidized bed, the soft sphere model has been

used, as described below.

Figure 3.1 A schematic of the soft sphere model

When particles collide with each other, their deformation is modeled via an
overlap between them and the energy loss during the collision is accounted for
through a so-called spring-dashpot system, as illustrated in Figure 3.1. This
system 1is characterized using the spring stiffness, k, the damping coefficient, 7,
and the friction coefficient, y,,. The latter quantity (u,) is empirical and can be
measured by e.g. using a Jenike shear cell (Jenike, 1961; Darelius et al., 2007).
The former two quantities can be calculated according to the Hertz-Mindlin

theory (Hertz, 1882; Dintwa et al., 2007), as explained below.

The normal and tangential contact forces acting on the particle, Fc,;; and F 5,

are given by (Crowe et al., 2012)

3/2
Fenij = _(kn5n/ Nij — NV Ny )Ny (3.3)
_ {_ktat - ntjvct if |Fct,ij| < //‘pchn,ijl
ctij —

(3.4)
— | Fenij|ti if |Feeif| > tp|Fenjl
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where § represents the displacement of the particle caused by the normal or

tangential force, n;; and t;; are the unit vectors normal and tangential to the
contact plane, respectively, v;; i1s the relative velocity between particle i and

particle j, and v, is the slip velocity of the contact point. The suffixes n and t
denote the components in the normal and tangential directions, while the

suffixes i and j denote particle i and particle j, respectively.

The normal and tangential stiffnesses, k, and k;, are expressed by

2\ 1 -1/2
o= t(1 120 (b »
n 3 Ei E] TiT'j
2 _ 2 -1 : : -1/2
ke=g(o% 120 (1) T s (3.6)
Hi I‘IJ TiT}'

where E is the Young’s modulus, o is the Poisson’s ratio, H = 1s the shear

2(1+0)

modulus and r is the radius of the particle.

In Eq. (3.3) and Eq. (3.4), the damping coefficient n, which represents the viscous
dissipation of kinetic energy in the normal and tangential directions, can be

obtained according to Tsuji et al. (1992); (1993),

Nn = 20 /mp*kn6,11/4 (3.7)
Ne = 2a /mp*kt (3.8)

where a denotes a constant related to the coefficient of restitution, which is given
in the work of Tsuji et al. (1992), and m,," represents the effective particle mass

and is calculated by

Mp,iMyp,j

* —

m =
Mpi + My ;

(3.9)

D

A more detailed description of the model can be found in the literature (Cundall

& Strack, 1979; Tsuji et al., 1993; Deen et al., 2007; Crowe et al., 2012).
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3.2.2. Gas flow

As mentioned earlier, there is an atomization airflow with a high velocity at the
bottom of the fluidized bed. From the atomization airflow rate and the diameter
of the nozzle, the Reynolds number is estimated to be approximately 104. For
single-phase airflow with such high Reynolds number, turbulence may therefore
be expected. Nevertheless, since the Stokes number of the large particles in this
study 1s quite large, St>>1, it may be assumed that turbulence near the nozzle
will not have an appreciable effect on particle trajectories. Additionally, for dense
gas-solid flows, such as the one included in this study, the particle stress is
expected to be much greater than the stress due to turbulence (Hrenya &

Sinclair, 1997). Turbulence is therefore neglected.

Therefore, the continuity and momentum equations for the airflow can be

written:

d

at (ggpg) +V - (egpgug) =0 (3.10)
0
a(sgpgug) +V- (Sgpgugug)

n
=—gVP-V" (egrg) +&9pg9 — Z B(ug - vp.i)

i=1

(3.11)

where ¢, = 1 — ¢, is the gas volume fraction, p, is the density of the air, y, is the
dynamic viscosity of the air, d, is the particle diameter and 7, is the viscous

stress tensor for incompressible flow,

T4 =1y (Vuy + (7)) (3.12)

3.2.3. Drag model

The momentum transfer between the particles and the air is given by the

interphase momentum transfer term as given in Egs. (3.1) and (3.11), which is
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determined by the interphase momentum transfer coefficient, §. This interphase
momentum transfer coefficient can be specified using different drag models. This
study mainly relies on the Gidaspow drag model (Gidaspow, 1994), but also
explores four other models for the possibility of refinement: the Min, HKL,
Beetstra and Tang drag models. The latter three models are based on
simulations of flow through assemblies of particles using the Lattice-Boltzmann
method (LBM) or the immersed boundary method (IBM) while the Min drag
model is merely the minimum of the Ergun and Wen-Yu drag models. These drag
models give different interphase momentum transfer coefficients, as shown in
Figure 3.2, for varying relative velocities and volume fractions. Details about the
Gidaspow drag model are given below, while details about the other four drag

models can be found in Paper III.

The Gidaspow drag model is based on the Ergun equation (Ergun, 1952) for the

dense regime and the Wen and Yu correlation (Wen & Yu, 1966) for the dilute

regime,
&5 Ky
ﬂETgun = 15054‘ 1.75€SR€p F & >0.2
BGidaspow = P (3.13)
= 2 Re,Cp 03 ¢ 265 <0.2
kﬂWen—Yu ~ 2 éplp 4.2 &y & <
P
where Cp 1s the drag coefficient, which is written as
. 1+ 0.15Re, %%’ r 1000
Cp = Re, € < (3.14)
0.44 Re, = 1000

and Re, 1s the particle Reynolds number,

d
Re, = g4pg|uy — vy M_p (3.15)
g
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This drag model was found to be the best for modeling spouted beds (Du et al.,

2006) and has been widely used in engineering practice (Deen et al., 2007).

1
—o—3,Gidaspow
0.8 | —Min(B,Ergun, B,Wen-Yu)
—_ —o— 3, HKL,extension
2]
® —— 3, Beetstra
£ 06 ¢ B
= —A— 3, Tang
X
30.4 L
(o}
0.2 f
O 1 1 1
0 0.05 0.1 0.15 0.2
a Particle volume fraction (-)
2
—0—3,Gidaspow
—>—Min(B,Ergun, B,Wen-Yu)
1.5 [| ——B, HKL,extension

—— (3, Beetstra
—A— 3, Tang

B (108 kg/(m3.s))

o
o

0.2 0.3 0.4 0.5 0.6
b Particle volume fraction (-)

Figure 3.2 Comparison of drag models, the relative velocity between gas flow and
particles is (a) 5 m/s and (b) 1 m/s, respectively.
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3.3. Numerical methods

To solve the governing equations presented above, a fully-coupled multiphase

solver, MultiFlow (http://www.multiflow.org), developed by van Wachem’s

research group, was employed. In MultiFlow, the continuous phase is predicted
using the finite volume method (FVM) via the Rhie and Chow (1983)
interpolation for pressure and velocity coupling. For spatial discretization, the
second-order central difference scheme is used for non-convective terms while
the second-order upwind scheme 1s used for convective terms. The time
discretization is based on the second-order backward scheme (Jorn Bruchmaiiller,

2011).

It 1s worth mentioning that a multigrid technique was employed in this research
to couple the discrete and continuous phases as described by e.g. J. Bruchmiiller
et al. (2010); (2011). With this technique, the continuous phase is solved on a
hexahedral mesh while particles are tracked on a so-called particle mesh, which
is a Cartesian mesh with a mesh size that is larger than the particle. All the
coupling terms, including the volume fraction and the drag force, are determined
on the length-scale of this particle mesh. In particular, if the local fluid cell is
smaller than a particle, the coupling between that fluid cell and the particle
occupying that fluid cell is length-scale weighted, and therefore remain physical.
This way of addressing the very large volume fraction present in dense particle
flow has been described and tested by Mallouppas and van Wachem (2013), and
has been further worked out in the recent work of Capecelatro and Desjardins

(2013).

In terms of boundary conditions, a velocity inlet normal to the boundary was
applied at the distributor and at the spray nozzle. At the outlet of the fluidized

bed, a pressure outlet was employed. In addition, the walls of the fluidized bed


http://www.multiflow.org/
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and the Wurster tube, which are treated as adiabatic, were set to be no-slip for

the continuous phase.

3.4. Drying of pellets

As mentioned earlier, for a given polymer film, the coating quality not only
depends on the film thickness but can also depends on the drying rate of the
liquid film. In this study, it is assumed that as a pellet passes through the spray
zone and receives the coating solution, an evenly spread liquid film is formed
quickly around the surface of the pellet. As the pellet leaves the spray zone, it is

dried by the hot airflow as described as follows.

Mass conservation of liquid in pellets:

omy, ., AN

2 Nosy (3.16)

where A, is the surface area of the pellet, N,, ,, is the mass flux of liquid through
the surface of the pellet, m,,,, is the mass of the pellet. Here the total mass of the
pellet is the sum of the mass of the solid core, m,, the mass of the solvent, m,,,

and the mass of the polymer substance, mg,,,:

My = My + My, + Mgy (3.17)

Eq. (3.16) can then be written as

Ny (3.18)

For simplification, the following assumptions are made in a first model attempt:

1.  In the first drying stage, the pellet surface is saturated with liquid;
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1.  In the intermediate drying stage, the drying rate falls mainly due to
the decreased vapor pressure at equilibrium. In reality, the drying
rate can also decrease due to an increase in the mass transfer
resistance, but this effect is not taken into account.

1i.  The change in the film thickness does not affect the hydrodynamics

of pellet motion.

The mass flux of liquid to the surface of the pellet during drying can be written

as

k., M., [P P
N, 6 =-P4 W WP __Wg 3.19
w.p R <Tp T, (3.19)

In Eq. (3.19), k,4 1s the mass transfer coefficient, M,, is the molar weight of the
solvent, R is the gas constant, T,, and T, are the temperature of the pellet and the
temperature of the air, respectively, P, ; is the partial pressure of the solvent in

air and B, ,, 1s the partial pressure of the solvent over the surface of the pellet.

In the first stage, P, , can be calculated according to the Antoine equation for the
saturated vapor of the solvent, P, ¢4,

B
_ 101325 1O(A—m) (3.20)

Pw,p = Pw,sat = 760

where A, B and C are constants for the specified solvent, such as water in this
study. In Eq. (3.20), the units for pressure and temperature are Pascal and

Kelvin, respectively.

In the second stage, the decrease in driving force caused by the lower vapor
pressure at equilibrium with the polymer film is accounted for. In this case, the
partial pressure of the solvent over the surface of the pellet can be related to the

saturated vapor of the solvent,



3. Modeling methods 22

Byp = f(X) * Py sat (3.21)

where f(X) is a function of the mass fraction of the solvent in the pellet, Y, ,

f(X) =100(1 — exp(—k ¥, ,")) (3.22)

where k and N are constants that can be determined by fitting the experimental

data for the specified material. In Eq. (3.22), Y,, ,, can also be related to the mass

fraction of the solvent in the coating film, for example, as shown in Figure 3.3.
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Figure 3.3 The relation between relative humidity and moisture content, e.g. for
HPMC.

In Eq. (3.19), the correlations proposed by Gunn (1978) are used to calculate the

mass transfer coefficient:

bg dp
Shy, = (7 — 10g, + 5¢42)(1 4 0.7Re)2Sc*/3)
+(1.33 — 2.4¢, + 1.2¢,%)Rep’ Sc'/3

Hg
Sc = 3.25
PgDap (8.25)

(3.23)

(3.24)
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where Shy, is the Sherwood number of the pellet, Sc is the Schmidt number of the

air, D,p 1s the diffusivity of the solvent in air.

Then the mass fraction of the solvent, Y, ,, can be related to the film thickness,

Lritm:

m Aylei

pr —__w_p fllmd)lpw (3.26)
Tomy mp

where m,, is the mass of the solvent, ¢, is the volume fraction of the solvent and

pw 1s the density of the solvent.

Energy equation over pellets:

aT,

2 = —hpgAp (Tp - 771‘) — HepapSw,p (3.27)

MpCpp ot

where the first and second terms on the RHS represent the convective heat

transfer and the heat transfer due to evaporation of the solvent. In Eq. (3.27), ¢y,
is the specific heat capacity of the pellet, h,, is the convective heat transfer
coefficient estimated from the Nusselt number, which has a form similar to Eq.

(3.23), ’f} is the interpolated fluid temperature as seen by the pellet, H,,, is the

latent heat of evaporation and S, ,, = T—tw is the evaporation rate.

Mass conservation of solvent for the fluid phase:

de pqYw
gFPg'w.g
ot tV (ggpgugyw.g) =V (ggDAB l7Yw,g) Sw.g (3.28)

where Y, ;, is the mass fraction of the solvent in air. Here, S, , is the solvent

exchange rate between the air and the particles:

Sy = — Z S (3.29)
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Energy equation for the fluid phase:

0egPgCp,gTy

T + V- (e9pgtgCp,gTy) = V- (egAgVTy) + Qpg + HevapSw,g (3.30)

where ¢, 4 is the heat capacity of the air and A, is the thermal conductivity of the

air.

In Eq. (3.30), Q,4 1s the heat exchange rate between the air and the particles:

— Z 6Eghpg (TP B Tg) (3_31)
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4.1. PEPT

4.1.1. The PEPT measurement system

The tracer
y
T X
. S
Detector1 The Wurster bed Detector2

Figure 4.1 Schematic of the PEPT measurement system

As illustrated in Figure 4.1, the PEPT measurement system consisted of a
fluidized bed (containing particles) in the middle, two position-sensitive detectors
on both sides of the fluidized bed and a tracer particle. The tracer particle was
marked with a radioactive isotope that releases y-rays. As the tracer particle
moves around in the equipment, the y-rays are captured by the detectors. Then it
1s possible to define a line of response (LOR) along which the tracer particle lies
by following the pair of y-rays detected simultaneously. After a sufficient number
of pairs of y-rays have been obtained, the location of the tracer particle in three

dimensions can be found through geometric triangulation. More details about the
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technique and the algorithm have been presented elsewhere by Parker et al.

(1993); (1997; 2002).

4.1.2. Materials

In this study, microcrystalline cellulose (MCC) pellets, which are commonly-used
solid cores in the pharmaceutical industry, were employed. These MCC pellets,
manufactured upon request by Umang Pharmatech Pvt. Ltd, are relatively large
in order to limit the number of particles in the DEM-CFD simulations. The
pellets were classified into two main groups according to their size distribution
and the corresponding volume mean diameter (VMD): small (approximately 1.8

mm) and large (approximately 2.6 mm).

4.1.3. The tracer particle

Prior to the experiments, using a scanning electron microscope (SEM), a number
of pellets with a diameter close to the VMD were selected from the respective
small and large pellets for later labeling use. In each run, only one tracer particle
was incorporated. This tracer particle was put in radioactive water for about half
an hour so as to gain free 18F- via absorption and adsorption. Since the
radioactivity lasts for about 6 hours, the same tracer particle could be used for
several runs. Since the activity of the tracer particle decreases as a function of
time, it was necessary to move the detectors closer to the fluidized bed in later

runs.

4.1.4. Operating parameters

In the PEPT experiments, a suitable airflow rate was selected based on several
preliminary tests. The objective of these tests was to find a flow rate that gave a

desired representative of the pellet motion in a Wurster fluidized bed, as
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described in the introduction. For a typical run, 200 g monosized small pellets
were employed, while for mixtures, 25%, 50% and 75%, the 200 g particles were
replaced with the large ones. In the preliminary tests, it was also found that a
run time of 1.5 hours was sufficient to obtain a compromise between the quality
of the data and the run time. A summary of the configurations and operating
parameters can be found in Table 4.1 for each run. Run #2 was selected as the

base case because its operating parameters were set to the middle level.

Table 4.1 The configuration and operating parameters for each PEPT run.

Mass of Mass of VMD of

Run sz: Batch Tube 1749 pm 2665 um tracer Fluidization Atomization 5;2
size length particles particles particle airflow rate airflow rate
P (@ (um) (m/h) (m?/h)
(mm) (h)
() (8) (pm)

1 10 200 150 200 - 1749 73.3 3.50 3
2 15 200 150 200 - 1749 73.3 3.50 1.5
3 20 200 150 200 - 1749 73.3 3.50 1.5
4 15 400 150 400 - 1749 73.3 3.50 1.5
5 15 600 150 600 - 1749 73.3 3.50 1.5
6 15 200 100 200 - 1749 73.3 3.50 1.5
7 15 200 200 200 - 1749 73.3 3.50 1.5
8 15 200 150 - 200 2665 80.3 4.32 1.5
9 15 200 150 150 50 1749 80.3 4.32 1.5
10 15 200 150 150 50 2665 80.3 4.32 1.5
11 15 200 150 100 100 1749 80.3 4.32 1.5
12 15 200 150 100 100 2665 80.3 4.32 1.5
13 15 200 150 50 150 1749 80.3 4.32 1.5
14 15 200 150 50 150 2665 80.3 4.32 1.5
15 15 200 150 200 - 1749 65.8 3.50 1
16 15 200 150 200 - 1749 80.3 3.50 1
17 15 200 150 200 - 1749 73.3 2.49 1
18 15 200 150 200 - 1749 73.3 4.54 1

4.1.5. Post-processing

In the PEPT experiments, the location of the tracer particle was obtained using

the program, TRACK, which was developed by Parker et al. (1993). In the
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algorithm used by the program, the events recorded by the PEPT cameras are
divided into subsets of sequential events by specifying the number of events per
slice, #events/slice. The location that minimizes the distance to the reconstructed
paths is then calculated for each subset. As a next step, the events farthest from
the calculated location are regarded as corrupted and are discarded. This
procedure of discarding corrupted events is repeated until a certain fraction of
the sequential events for each subset, f,,;, remain, at which point the location of
the tracer particle is found. Then it is possible to calculate the average distance
of all the LORs used to determine the location of the tracer particle from the
calculated location. This average distance, i.e. error, then provides a measure of

precision or reliability of that calculated location (Seville, 2010).
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Figure 4.2  An example showing the axial (y) coordinates of the tracer particle
positioned on top of the nozzle with varying errors.

The optimal values of these parameters depend on the particular geometries and

flow conditions (Chiti, 2008). For the data obtained here, an example of the
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removal of outliers with a varying error can be seen in Figure 4.2. Figure 4.2
shows that an error of 2 removes most of the outliers, but that it also greatly
reduces the number of data points available. Thus, there is a trade-off between
the accuracy or error and the number of data points obtained. High values for
the number of events per slice, f,,; and the error give a higher time resolution
(i.e. more data points) but a lower reliability. On the other hand, low values of
the number of events per slice, f,,;, and the error give a lower time resolution
but a higher reliability. After a number of tests, values for the number of events
per slice, f,,; and the error that gave a sufficient time resolution and reliability
were determined to be 500, 0.05 and 5, respectively. Using these parameter
values, the sampling interval in this study remained in the range of 50-80 ms.
In this range, the effect of these parameter values on e.g. the cycle time is

relatively minor, as shown in Figure 4.3.
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Figure 4.3 The effect of the mean sampling interval on the mean cycle time (partition
gap 10 mm, batch size 200 g, particle VMD 1749 um, tube length 150 mm, fluidization
airflow rate 73.3 m3/h, and atomization airflow rate 3.50 m3/h).
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4.2. Coating experiments

4.2.1. Materials

The pellets used in the coating experiments were the same as those used in the
PEPT experiments. These pellets were mixed so as to produce the same total
amount of mixtures with different fractions of large particles: 25%, 50% and 75%.
A detailed composition of each mixture and the VMD of small and large pellets in

each mixture are presented in Table 4.2.

Table 4.2 Specification of uncoated small and large particles for different mixtures.
Fraction of the large particles Mass of Mass of
the small the large Class of particles VMD
in each mixture particles particles
©) (nm)
(%) (2) (2)
Small 1783
25 135 45
Large 2704
Small 1768
50 90 90
Large 2694
Small 1780
75 45 135
Large 2675

4.2.2. QicPic analysis

In order to monitor the change in size of uncoated and coated pellets, an image
analyzer, namely QicPic, was employed. With QicPic, both the size and shape of
particles can be measured. In this measurement, the diameter of a pellet is
defined as the diameter of a circle that has the same area as the projection area
of the pellet. The sphericity is specified as the ratio of the perimeter of the
equivalent circle to the real perimeter. In order to be able to collect the pellets
after the measurement, the GRADIS dispenser was employed to ensure that the

measurement was non-destructive.
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4.2.3. Coating solution

The pellets were coated with a polymer solution containing ethyl cellulose (EC)
and water-soluble hydroxypropyl cellulose (HPC). The coating solution was
prepared by dissolving EC/HPC in ethanol at room temperature followed by
stirring overnight. In this study, the EC/HPC polymer blend ratio was 50:50 w/w

and the polymer concentration was 6% w/w.

4.2.4. Determination of growth of pellets

In this study, the size range of small and large pellets had an overlap to some
extent. Since this overlap may cause difficulty in calculating the respective
growth of small and large pellets, i.e. in determining whether a pellet is small or
large, it was necessary to minimize the overlap. Therefore, screens with
apertures of 2 mm and 2.5 mm were employed to sieve the pellets larger than 2
mm from the small pellets and the pellets smaller than 2.5 mm from the large
pellets, respectively. Then mixtures of small and large pellets were prepared
according to the specifications in Table 4.2. Since the small and large pellets
have their own size distribution, the small and large pellets for each mixture
were measured separately before mixing. Afterwards, the overall PSD of each

mixture was measured.

After coating, it was found that the PSD of the mixtures depended very strongly
on the sample size. Since it was impractical to measure all particles at the same
time, each mixture was measured by splitting it into three parts and then
calculating the overall PSD using a mass weighted average. In order to evaluate
the growth of pellets after coating, a threshold particle size was selected to
distinguish the small and large particles in each mixture. The threshold particle
size for each mixture was specified as the particle size between 2000 and 2500

pm for which the weight fraction was the smallest.
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4.3. Drying experiments

4.3.1. Method

In the drying experiments, the built-in sensors in the LAB CC system read the
temperature and the humidity at the inlet and the outlet of the fluidized bed. In
addition, six sensors, namely PyroButton®, are used to log the local humidity
and the temperature. The PyroButton® has recently been utilized in
pharmaceutical industry to improve understanding and assist process operation
(Kona et al., 2013; Pandey & Bindra, 2013). In this study, these sensors were
employed to record the relative humidity (RH) and the temperature at selected

locations in the Wurster tube.
4.3.2. Coating solution

In the drying experiments, the polymer solution with a polymer concentration of
6% was produced by dissolving and stirring HPMC in water for 24 hours. For
each experiment, 20% weight increase to the core pellets was planned, which

resulted in a consumption of approximately 730 g coating solution.
4.3.3. Operating parameters

In the drying experiments, small and large microcrystalline cellulose (MCC)
pellets with diameters of 1.8 and 2.6 mm were employed. Operating parameters,
1.e. fluidization airflow rate, air temperature and spray rate, were varied and
summarized in Table 4.3. The fluidization and atomization air was dry. It is of
interest to note that due to practical reasons, the highest spray rate was limited
to approximately 18 g/min. Every run took approximately 40 minutes for coating
and 2 minutes for additional drying after the coating solution was stopped. Since
the PyroButtons® also receive an amount of coating solution, they were cleaned

between runs. In addition, pure water was used in Run #8 to provide a reference.



4.3. Drying experiments 33

Table 4.3 The operating parameters used in the drying experiments.

Mass of Mass of
Fluidization Atomization

Air Spray
R 1. 2.
un 8 mm 6 mm airflow rate  airflow rate temperature rate
# pellets pellets
(m?/h) (m?/h) 0 (g/min)
(2) (2)
1 175
60
2 175
75
3 50
18
4 70
175 2.5
5 60
6 90
60
7 10
175 - 75
8 18
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5.1. Characteristics of particle motion (Paper I)
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Figure 5.1 Different types of trajectories: (a) cycle, and (b) recirculation. The bold lines
are the walls of the fluidized bed and the Wurster tube.

As described in the last section, a sequence of locations of the tracer particle was
stored in each PEPT run. By following the location of the tracer particle over

time, two types of trajectories can be defined:

a. Cycle (Figure 5.1a): the tracer particle departs from the spray zone,
accelerates in the Wurster tube, and returns to the spray zone after
passing through the fountain, downbed and horizontal transport regions.

b. Recirculation (Figure 5.1b): the tracer particle recirculates within the
Wurster tube without passing through the downbed region. This type of

trajectory is not desired because it is believed to increase the risk for
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agglomeration of particles and to give a broader film thickness

distribution.

It is noted that since it was not possible to define a spray region in the PEPT
experiments, a particle cycle begins when first appearing in the Wurster tube,

rather than in the spray zone.

250
—a— The fountain region, mean: 0.27/0.26s (all/ideal cycles)

200 —e—The downbed region, mean: 0.33/0.11 s (all/ideal cycles)
E —A— The Wurster tube, mean: 1.38/0.52 s (all/ideal cycles)
% 150 -
IS —e— The horizontal transport region, mean: 8.16s/2.15 s (all/ideal cycles)
o
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Residence time in specific regions (s)

Figure 5.2  Residence time distributions in specific regions, with mean values of all
cycles and ideal cycles provided (partition gap 15 mm, batch size 200 g, particle VMD
1749 um, tube length 150 mm, fluidization airflow rate 73.3 m3/h, and atomization
airflow rate 3.50 m3/h), the bin size for the fountain and the downbed regions: 0.1 s, for
the Wurster tube: 0.5 s, and for the horizontal transport region: 1 s.

In a real coating process, it is desirable to minimize particle recirculations.
Nevertheless, it was observed in the PEPT experiments that the particle tends to
recirculate in the Wurster tube. When a cycle does not have any recirculation, it

is regarded as an ideal cycle, otherwise it is non-ideal.
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Figure 5.3  An example of the axial (above) and radial (below) position of a tracer

particle during 70 s.

Figure 5.2 shows the RTDs of particles in different regions from all cycles and

1deal cycles. It can be seen that the particle on average spends the longest time,
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8.16 s, in the horizontal transport region, while it spends a much shorter time,
1.38 s, 0.27 s, and 0.33 s in the Wurster tube and in the fountain and downbed
regions, respectively. Moreover, the residence time in the Wurster tube and
particularly in the horizontal transport region is much shorter for the ideal
cycles than for all cycles. In principle, the main difference between ideal and
non-ideal cycles is the particle recirculation that occurs in the Wurster tube.
However, it was found that the very long residence time in the horizontal
transport region for non-ideal cycles most likely is a result of the particle
returning to the horizontal transport region by passing out of the Wurster tube
through its lower edge. This conclusion is supported by an example of particle
trajectory during the 230-300 s as shown in Figure 5.3, more specifically at 238 s
and 263 s.

More effects, such as the effects of the partition gap, the batch size, the length of
the Wurster tube, the fluidization and atomization airflow rates, and binary
mixtures on pellet motion were also investigated in Paper I. For a given piece of
equipment, it was found that it is possible to optimize the partition gap so that it
is small enough to direct the fluidization airflow into the Wurster tube and large
enough not to limit the solids flux into the tube. It was also observed that, as the
batch size increases, the cycle time decreases and the CTD becomes narrower.
This implies that it is possible to coat a larger batch of pellets in a shorter
amount of time and while ensuring less variability in the coating film thickness.
Nevertheless, this may be limited by the spray rate since a higher spray rate
then is required for a larger batch. This, however, suggests opportunities to
establish more efficient processes by exploring higher spray rates for larger

batches.

For binary mixtures of small and large pellets, it was found that large pellets

have a longer cycle time than small pellets, which indicates that smaller pellets
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get coated more frequently. Nevertheless, it was not clear in previous work
(Sudsakorn & Turton, 2000; Paulo Filho et al.,, 2006; Cahyadi et al., 2012;
Marucci et al., 2012) whether large pellets would receive a higher total amount of
coating mass than small pellets because large pellets circulated more often or
because large pellets received more coating when they passed through the spray

zone. The result here clearly provides evidence for the latter effect.

5.2. Validation and development of DEM-CFD model
(Paper II)

5.2.1. Calibration of inlet flow

As mentioned earlier, the velocity at the inlet boundary at the distributor is
determined by fluidization airflow and the velocity at the nozzle depends on
atomization airflow. For fluidization airflow, which has a major effect on how the
particles behave in the fluidized bed (Li et al., 2016), it is necessary to specify
airflow distribution. Since it was not possible to experimentally measure airflow
distribution, several DEM-CFD simulations using various flow distributions
were performed. The resulting particle velocities at different heights were
compared with the PEPT measured values. Then the flow distribution, under
which the adequate agreement between the calculated and measured particle
velocity, was achieved is defined as the inlet boundary condition for the DEM-

CFD simulations.

Moreover, in order to ensure that the flow distribution at the distributor
obtained via the comparison of the calculated and measured particle velocity is
reasonable, a CFD model for single-phase airflow was developed. This CFD
model gives the fractions of the fluidization airflow passing though the central

region of the distributor and through the outer annulus region. This single-phase
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CFD model includes the air supply chamber, the bowl-shaped distributor with
orifices, the wire mesh screen and the fluidized bed. More details on this single-

phase model are provided in the Appendix.
5.2.2. Model validation

In order to evaluate the DEM-CFD model for particle motion, a simulation for
the base case was carried out. Particle motion was investigated in detail with
respect to the particle velocity, and the CTD and the RTD of particles in different

regions.

In Figure 5.4, the particle velocity field given by the DEM-CFD simulation and
measured using the PEPT experiment shows good qualitative agreement.
Quantitatively, as shown in Figure 5.5 and Figure 5.6, there is also good
agreement between the calculated and measured CTD and between the

calculated and measured mean residence times of particles in different regions.

Velocity magnitude(m/s)

Velocity Magnitude (m/s)

& : X cocordinate (mm)

Figure 5.4 The particle velocity field at a vertical cross-section through the center of
the bed (a) simulated using DEM-CFD and (b) measured using PEPT (VMD 1749 um,
batch size 200 g, fluidization airflow rate 73.3 m3/h and atomization airflow rate
3.50 m3/h).
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Figure 5.5 The cycle time distribution (for cycles shorter than 25 s) calculated in the
DEM-CFD simulation and measured in the PEPT experiment (VMD 1749 um, batch size
200 g, fluidization airflow rate 73.3 m3/h and atomization airflow rate 3.50 m3/h).
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Figure 5.6  The mean residence times of particles in different regions (VMD 1749 um,
batch size 200 g, fluidization airflow rate 73.3 m3/h and atomization airflow rate 3.50

ms3/h).
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Figure 5.7  The mean cycle time and RSD for different batch sizes (VMD 1749 um,
fluidization airflow rate 73.3 m3/h and atomization airflow rate 3.50 m3/h).

Furthermore, as an interesting observation in the PEPT experiments, the cycle
time, as well as the relative standard deviation (RSD), decreases when the batch
sizes increases. This effect is beneficial to process operation since it suggests that
larger batches can be coated with a more uniform coating thickness (i.e. better
quality) faster. This phenomenon was further investigated using the DEM-CFD
simulations, which show a similar trend, as illustrated in Figure 5.7. This effect
can be attributed to the fact that for the increased batch size, particles accelerate
faster in the Wurster tube, which gives fewer particle recirculations and less

cycle time.

Although the absolute values of cycle time and the RSD for each batch size still
exhibit slight differences between the experiments and the simulations, it can be
concluded that the DEM-CFD model for particle motion works for the present
system. A possible step forward for improvement would be to incorporate the
actual PSD instead of the VMD in the DEM-CFD simulations or to consider the

shape of the particles.
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5.2.3. Evaluation of drag model (Paper III)
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Figure 5.8 The cycle time distribution of particle cycles shorter than 25 s (VMD
1749 um, batch size 200 g, fluidization airflow rate 73.3 m3/h and atomization airflow
rate 3.50 m3/h).
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rate 3.50 m3/h).
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In order to determine if it is possible to improve the DEM-CFD model by refining
the model for the interphase momentum transfer, four other drag models were
examined. Figure 5.8 and Figure 5.9 show the CTD and the residence times of
particles in different regions, respectively, from the DEM-CFD simulations using
different drag models. When examining the particle velocity at different heights,
only a slightly higher particle velocity in the Wurster tube was found for the
HKL and Beetstra drag models. However, this slight difference in the particle
velocity in the Wurster tube can result in a distinct difference in particle
recirculations, i.e. due to particles sneaking out from below the lower edge of the

Wurster tube.

A different number of particle recirculations certainly cause differences in the
residence time of particles in the horizontal transport region and in the cycle
time. Therefore, the predicted coating quality can depend to a great extent on the
choice of drag models. Among these tested drag models, the one recently
proposed by Tang et al. (2015) showed good agreement with the PEPT data
(without any increase in computational cost) and should be considered in future
work. The investigation here again emphasizes the significance of the detailed
particle motion in the Wurster tube and suggests that care must be taken when

selecting the drag model for similar fluidized beds.

5.3. A predictive model for growth of pellets (Paper 11
and Paper IV)

In order to understand the particle motion near the spray nozzle and how it can
affect the coating process, a spray zone in the shape of a solid cone was defined

as shown in Figure 5.10. This spray zone is mainly conceptual and is similar to
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the one in the study by Fries et al. (2011). The height of the spray zone, L, is

assumed to be 45 mm and the spray half-angle, 0, is assumed to be 30 degrees.

..
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Figure 5.10 A schematic of the spray zone.

In order to shed light on the underpinning mechanisms of how pellets with a
certain PSD grow differently during coating, mixtures of small and large pellets
were studied. Parameters such as the cycle time, the residence time of particles
in the spray zone and the entrance distance into the spray zone, i.e. the distance
between the spray nozzle and the location where particles move into the spray
zone (see Figure 5.10), were investigated. Among these parameters, the
residence time of particles in the spray zone and the entrance distance were not
available in the PEPT experiments, due to the poor data quality in this region. It
was, however, possible to obtain all these parameters in the DEM-CFD
simulations, but nonetheless time-consuming for the cycle time. Therefore, the
cycle time was taken from the PEPT experiments while the RTD in the spray
zone and the entrance distance into the spray zone were obtained from the DEM-

CFD simulations.

In the PEPT experiments, it was found that large pellets have a longer mean
cycle time than small pellets (c.f. Figure 5.11), which is equivalent to large
pellets traveling less frequently through the spray zone. In addition, a smaller

difference in cycle time was observed for the mixture with a larger fraction of
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large pellets. On the other hand, the results obtained from the DEM-CFD
simulations show that large pellets spend a longer time in the spray zone and
move closer to the spray nozzle (c.f. Figure 5.12 and Figure 5.13). As the fraction
of large pellets in mixtures increases, the difference in the residence time in the

spray zone between the different mixtures increases accordingly.

Based on this data, the effects of the residence time in the spray zone, the
entrance distance into the spray zone, the cycle time and the particle diameter

on the coating thickness were explored with the predictive model described below.

The total amount of coating per unit time deposited on the surface of a particle,
Mym, can be expected to be proportional to the spray rate, m, the time spent in
the spray zone, ts)qy,, and the number of coating cycles, Ngyc.. The probability
that a spray droplet is deposited onto a particle can be expected to be
proportional to the cross-sectional area of the particle and to the droplet flux,
which decreases quadratically with the distance from the spray nozzle for a solid-

cone spray zone. Thus this model can be written as

2
= K (Tentrance) M (tSPTay> ( T[dp /42> (5.1)

tcycle Tentrance

dmgim,
dt

where tcyce~1/Ngycre is the cycle time and K represents other factors that may
affect the amount of coating solution that a particle receives such as the
shielding effect. Since the shielding effect is predominantly entrance distance
dependent, K should be a function of the entrance distance, i.e. K~1/"onirance-

The rate of increase in the coating thickness can then be written as

dliim 1 dmgim
_ _ (5.2)
dt pPf ilmndp dt

where pgjj, is the density of the coating film.
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Figure 5,11 The measured cycle time of small and large particles in the spray zone for
different mixtures of small and large particles.
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Figure 5.12 The simulated residence time of small and large particles in the spray zone
for different mixtures of small and large particles.
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Figure 5,13 The simulated entrance distance into the spray zone of small and large
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Figure 5.14 The predicted relative rate of increase in the coating thickness between the
large and small particles for different mixtures of small and large particles.
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Using the above model, it is straightforward to predict the relative rate of
increase in the coating thickness between the large and small particles for
different mixtures, as shown in Figure 5.14. As seen in Figure 5.14, large
particles grow only slightly faster than small particles for the mixture with 25%
large particles. In this mixture, the longer residence time in the spray zone and
the closer entrance distance into the spray zone for larger particles are almost
counteracted by their less frequent passes though the spray zone. As the fraction
of large particles in the mixture increases, however, large particles show a
greater rate of increase in the coating thickness. This is well supported by the
fact that there i1s less difference in the cycle time (between large and small
particles) and a greater difference in the residence time in the spray zone

(between large and small particles).

Table 5.1 The size of the coated small and large particles for different mixtures.

. Relative rate of increase
Fraction of the

in the coating thickness
large particles Class of particles g

i . VMD Growth  between the large and
in the mixture

©) (pm) (pm) small particles

0,
(%) O
95 Small 1866 42

Large 2833 65 1.56
50 Small 1867 50

Large 2832 69 1.39
a5 Small 1880 50

Large 2821 73 1.45

Although the predictive model is simple, the general understanding that it
provides can be expected to be applicable to other similar pieces of equipment.
Therefore, coating experiments using different equipment and a real two-fluid
atomization nozzle were performed to evaluate the performance of this model. In
these coating experiments, mixtures of the MCC pellets with the specifications

given in Table 4.2 were coated with EC/HPC polymer films. Table 5.1 shows the
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size of the small and large pellets after coating for the different mixtures. It can
be seen that, during the same period of operation, large pellets had a greater
rate of increase in the coating thickness than small pellets: 1.56, 1.39 and 1.45
for mixtures with 25%, 50% and 75% large pellets. The magnitude of these
values is close to the prediction using the simple model and, additionally, clearly

show that large pellets grow faster than small pellets.

Despite qualitative agreement between the model predictions and the
experimental results, the trend of an increase in relative rate for the mixture
with more large particles was not confirmed in these experiments. Possible
refinements to include a more realistic representation of the equipment and to
include different model assumptions as well as micro-level phenomena such as

drying conditions in different regions are therefore suggested in Paper IV.

5.4. Particle drying

The experimental results, as can be seen in Paper V, are obtained for the mean
temperature and moisture content in air measured at different locations of the
fluidized bed. These results can be used for evaluating the performance of the
model for particle drying by comparing the simulated and measured values of
the temperature and moisture content in air at different locations. It is then
possible to access the temperature and moisture content for individual particles
at different times from the ongoing DEM-CFD simulations. In addition, the

drying rate of particles in different regions of the fluidized bed can be obtained.



6. Conclusions and outlook

In this thesis, with the overall objective of developing a mathematical model for
predicting the fluidized bed coating process, both experimental and modeling
efforts were focused on understanding the mechanisms that affect the coating

process. Overall, the following conclusions can be drawn.

A series of PEPT experiments were carried out to study particle motion in a
laboratory-scale Wurster fluidized bed. The measured particle trajectories were
used to identify particle cycles and to determine the CTD and the RTD of
particles in different regions of the fluidized bed. The effects of the partition gap,
the batch size, the Wurster tube length, and the fluidization and atomization
airflow rates on the CTD and the RTD of particles in different regions were
investigated. In this case, the experiments showed that particles spend most of
the cycle time in the horizontal transport region and, on average, approximately
12-29% of the time in the Wurster tube. It was observed that particles tend to
recirculate in the Wurster tube and sneak out from the bottom of the tube,
particularly if the partition gap is large, if the atomization flow rate is low or if
the Wurster tube is long. It was interesting to note that the cycle time decreased

and the CTD became narrower as the batch size increased.

Based on the parameters used in the PEPT experiments, coupled DEM-CFD
simulations were performed. The simulated particle trajectories were used to
determine the particle velocity field, the CTD and the residence times of particles
in different regions. The calculated results were then compared with the PEPT
data. The general characteristic particle motion was successfully captured in the
DEM-CFD simulations. The CTD and the residence times of particles in different

regions were found to correspond closely to the experimental results. A shorter
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cycle time with a larger batch size was also predicted by the DEM-CFD

simulations.

In addition, in an effort to refine the model by examining different drag models,
1t was found that satisfactory agreement could be obtained using the Gidaspow
and the Tang drag models. The agreement between the model predictions and
the experimental data leads to the conclusion that the DEM-CFD model for

particle motion is valid for the current system.

Using the validated DEM-CFD model, the detailed particle motion in a
simplified spray zone was studied for particles of different sizes. The results
showed that large particles spend a longer time in the spray zone and, on
average, move closer to the spray nozzle. Large particles obviously receive a
greater amount of coating solution due to their larger size, but the fact that they
travel closer to the spray nozzle than small particles provides evidence that large
particles can shield small particles from spray droplets. Both of these effects
suggested that large particles receive a greater amount of coating solution per
cycle than small particles. This, however, is partly counteracted by the fact that

large particles pass through the spray zone less frequently than small particles.

A simple conceptual model was then developed to predict the effect of the
residence time of particles in the spray zone, the cycle time, and the entrance
distance on the relative rate of increase in film thickness between large and
small particles. In addition, coating experiments were performed for evaluation
of the performance of this model. On comparing predicted and measured relative
rates of increase in coating thickness between large and small particles, a
qualitative agreement was obtained. It was confirmed that large particles grow
faster than small particles. Due to the simplicity of the model, several

refinements were suggested.
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In a first model attempt, a model for particle drying was developed. Drying
experiments for parameter values similar to the ones used for the DEM-CFD
simulations were carried out to evaluate the performance of the model. Then it is
possible to access the temperature and moisture content for individual particles
at different times, as well as the drying rate of particles in different regions of

the fluidized bed, from the ongoing DEM-CFD simulations.

In all, this study demonstrates the power and potential of DEM as an important
tool for mechanistic studies of pellet coating in fluidized beds. Further steps
forward include the following. First, a better description of the atomization
airflow for real atomization nozzles is of interest. Although the simple model for
droplet deposition developed here was found to work quite well, it is nevertheless
of interest to gain a better understanding of the motion of particles and spray
droplets in the vicinity of the atomization nozzle. From a computational
perspective, this is challenging since it involves droplet breakup as well as effects
due to turbulence. Second, PSDs and possibly also the sphericity of particles may
be considered in further study. Third, it is also of interest to incorporate other
mechanisms into the model, such as agglomeration due to collisions between wet
particles and/or electronic charging. In addition, a reduction in the
computational cost would obviously also be very beneficial in order to handle
similar amounts of smaller particles or bigger batches of large particles. In the
end, it is of significance to tie all individual contributing mechanisms together in

order to further improve the predictive model that is in a multiscale nature.
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Appendix: Flow distribution at the

distributor

In order to estimate the flow distribution at the distributor, which was
unfortunately not possible to measure in the PEPT experiments, a single-phase

CFD model was developed and is described as follows.

A 1/6th model of the Strea-1 fluid bed was considered including the wire mesh
screen and the distributor. The detailed geometry of the screen was not included.
Instead, the wire mesh screen was modeled as a region with a specified pressure
loss. In Ansys Fluent, the CFD code used for this purpose, this was done using a

porous zone model, as sketched in Figure A.1.

ANSYS

R15.0
Academic

runcated cone

porous zone

. << —i.e. wire mesh screen
=<3—holes on the annulus  *

é
0,040 (m} X
7 A

Figure A.1 A 1/6% model of the Strea-1 fluidized bed, including the wire mesh screen
as a porous zone.

air chamber

The pressure drop through the porous zone, i.e. the wire mesh screen, was
modeled as an inertial resistance and calculated using (Green & Perry, 2008;

Bommisetty et al., 2013)
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1
PD = = Bpguy® (A.1)

where B 1s the inertial resistance coefficient,

B =

b (A.2)
lp

In equation (A.2), 1, 1s the thickness of the porous zone and D is the pressure

loss coefficient, which can be expressed by

1 (1—¢2
D= ﬁ<5—2> (A.3)
where € 1s the porosity and C is the so-called discharge coefficient. The porosity is
based on the ratio of the opening to the projected total area of the wire mesh
screen and typically ranges from 0.14 to 0.79; for the screen employed here, its

value was 0.36. The discharge coefficient is a function of the screen Reynolds

number, Ng., and may be written as

C = 0.1,/Ng, (A.4)

where Ng, = Dsugpg/(a',ug) and Dy is the aperture width. For the screen used in

the experiment, Dg = 0.25 mm.

In the PEPT experiments, there was a certain spacing between the distributor
and the wire mesh screen, as shown in Figure A.1. This spacing varied from 3 to
5 mm. The result, as shown in Figure A.2, shows that a larger spacing between
the distributor and the wire mesh screen leads to less air to flow through the
central base of the distributor. For the spacing that corresponds to the PEPT
experiments, the airflow passing through the central base of the distributor was

found to be between 52.9% and 63.5% of the total fluidization airflow.
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Figure A.2  The percentage of total airflow passing through the central base of the
distributor after the porous zone, i.e. the wire mesh screen, with a spacing of 3 mm and 5
mm.






