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Cryogenic biogas upgrading using plate heat exchangers 

  
Master’s Thesis in the Sustainable Energy Systems Master’s programme 

SIMON JONSSON 

JOHAN WESTMAN 
Department of Energy and Environment 
Division of Energy Technology 
Chalmers University of Technology 

 

ABSTRACT 

Cryogenic biogas upgrading has become a fairly discussed concept in the last years. 
This is mainly due to the possibility to also produce Liquefied Biogas (LBG), which 
has benefits regarding energy density and transportability. Cryogenic separation 
processes are generally rather complex and imply relatively large investment costs. 
This work presents experimental results from a cryogenic biogas upgrading test rig 
constructed with simple standard components. The aim of the work is to investigate 
this specific test rig and how the desublimation of CO2 inside the plate heat exchanger 
is affected by different operational parameters such as pressure, temperatures and 
mass flow rates. The goal of biogas upgrading is to produce a gas containing low CO2 
concentration. 

Tests showed that it is possible to produce upgraded biogas containing less than 1% 
CO2 under continuous operation. The most important factor affecting the heat 
exchangers ability to desublimate CO2 is the heat exchanger temperature. Higher 
biogas flow velocity and shorter residence time results in lower separation efficiency 
and more evenly distributed CO2 frost. The biogas pressure and mass flow rate has 
less impact. With an average heat exchanger temperature of -102 °C the upgraded 
biogas contained less than 1% CO2.  

A higher biogas pressure results in increased CO2 desublimation temperature. The 
outlet CO2 concentration is lower when running the separation process with higher 
biogas pressure compared to using a lower pressure. A higher biogas mass flow rate 
results in slightly higher CO2 concentration, shorter separation time and with an equal 
amount of upgraded biogas compared to when using a lower flow rate.  

The amount of desublimated CO2 was between 10.1 and 31.0 grams. The separation 
proceeded until the heat exchanger either froze up or the CO2 outlet concentration 
became too high. The distribution of the desublimated CO2 was found to be 
concentrated to the upper parts of the heat exchanger. The regenerative process was 
shown to take considerably longer time than the separation process itself. 

 

Key words: Biogas upgrading, CO2 desublimation, Cryogenic separation, Plate heat 
exchangers 
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SAMMANFATTNING 

Kryogen uppgradering av biogas har under senaste åren diskuterats allt mer. Det är 
främst möjligheten att framställa flytande biogas som gjort att tekniken hamnat i 
fokus. Flytande biogas är lättare att transportera och energidensiteten är hög jämfört 
med komprimerad biogas. Kryogen teknik är relativt tekniskt avancerad och medför 
normalt stora investeringskostnader. I detta arbete presenteras experimentella resultat 
från en testrigg byggd av standardkomponenter. Syftet med arbetet är att undersöka 
hur olika parametrar såsom temperatur, tryck och massflöde påverkar 
desublimeringen av CO2 inuti värmeväxlaren. Målet med biogasuppgradering är att 
producera en gas innehållande låg koncentration av CO2. 

Tester visade att uppgraderad biogas med mindre än 1 % CO2 kan produceras under 
ett kontinuerligt förlopp. Den faktor som har störst inverkan på värmeväxlarens 
förmåga att desublimera CO2 är dess temperatur. Högre flödeshastighet på biogasen 
och kortare uppehållstid resulterar i lägre separationseffektivtet och en mer utbredd 
fördelning av utfrusen koldioxid. Trycknivån och massflödet hos inkommande biogas 
har mindre påverkan på dessa egenskaper. Då värmeväxlarens medeltemperatur var  
-102 °C uppmättes CO2-koncentrationen till mindre än 1 % hos den uppgraderade 
biogasen. 

Ett högre tryck på inkommande biogas resulterar i att koldioxidens desublimerings-
tempertatur ökar. Den utgående CO2-koncentrationen blir lägre då processen körs med 
högre biogastryck. Ett ökat massflöde av inkommande biogas resulterar i en något 
högre CO2-koncentration och kortare avskiljningstid, dock med samma mängd 
uppgraderad biogas som resultat. 

Mängden CO2 som desublimerades var mellan 10,1 och 31,0 gram. Avskiljningen 
fortskred i samtliga fall tills dess att värmeväxlaren frös igen eller att CO2-
koncentrationen hos utgående biogas blev för hög. Fördelningen av desublimerad CO2 
visade sig vara koncentrerad till värmeväxlarens övre hälft, och regenereringen av 
värmeväxlaren tog betydligt längre tid än själva avskiljningen. 

 

Nyckelord: Uppgradering av biogas, Desublimering av CO2, Kryogen avskiljning, 
Plattvärmeväxlare 
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1 Introduction 
Biogas is produced from food residues, sewage waste, waste wood from forest 
industry etc. The biogas is produced in digestion chambers under anaerobic 
conditions. The gasification process is more thoroughly described in Chapter 2. 
Biogas is mainly a mixture of methane (CH4) and carbon dioxide (CO2). In order to 
use biogas as a fuel for vehicles or large scale power production, by-products and CO2 
have to be removed. This process of CO2 removal is generally called upgrading. 
Different upgrading techniques are described in Chapter 2.2. The resulting gas 
consists mainly of CH4 and is referred to as upgraded biogas. Natural gas is similar to 
upgraded biogas, but it originates from fossil resources. The relatively uncommon 
upgrading process of cryogenic separation is the main topic of interest in this paper. A 
substitute to natural gas can also be produced from biomass via a more technically 
advanced process known as thermal gasification. Thermal gasification is not described 
in this work, but can be studied in (1). 

In order to make production of upgraded biogas economically profitable, optimized 
methods for both production and transportation must be used. There are several 
different transportation methods currently used for natural gas and upgraded biogas.  
When transporting natural gas and upgraded biogas in gaseous phase, pipelines are 
normally used. New pipelines are expensive and require large biogas and/or natural 
gas production volumes in order to be profitable. There are however already many 
existing pipeline grids, where upgraded biogas can be injected and mixed with the 
natural gas.  

Many farms already produce biogas and use it locally without first upgrading it for 
heat and electricity production. This is primarily done in Germany, and to some extent 
in Sweden. As the potential biogas volume from farms increase, attention is directed 
towards small scale production of upgraded biogas. Small scale biogas production 
however requires large investment and transportation costs. It can be advantageous to 
have both fermentation digesters as well as gas upgrading locally on the farms. This 
would remove the demand for transportation of residues and low grade gas. There are 
two main alternatives for storage and transportation of upgraded biogas besides using 
pipelines; CBG and LBG. CBG is compressed upgraded biogas at a pressure of 
around 200 bar, still in gaseous phase. LBG is upgraded biogas that has been cooled 
and liquefied at temperatures around -161 °C under atmospheric pressure. The main 
advantage of LBG compared to CBG is that LBG has approximately three times as 
high density, which has great advantages when it comes to transporting the gas. 
Another benefit is the reduced need for high pressure storage tanks. 

 

1.1 Purpose 
This thesis work was conducted in order to evaluate one specific cryogenic technique 
as a biogas upgrading alternative. The purpose was to produce results and draw 
conclusions that could later be used to verify a pre study made regarding one specific 
cryogenic system, and whether or not to move on to a larger scale production facility. 

The thesis work also investigated the difficulties involved with carbon dioxide 
desublimation in the heat exchanger and the resulting effect on heat transfer 
properties. 
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1.2 Method 
This thesis work consist of two parts; study of literature and experimental work. 
Conclusions and discussions based on the experimental results are also presented. The 
information sources used in this project are all presented in Chapter 0. Literature 
databases used for literature search were Science Direct, Scopus, and Google Scholar, 
all three available through Chalmers library. 

Experiments were performed using a custom built test rig. It was a small scale model 
in an early stage of development towards commercial equipment. It was designed to 
demonstrate and investigate the gas separation function and the effect of different 
operational parameters such as biogas pressure, biogas mass flow and temperature of 
the separation heat exchanger. The experiments were conducted in the department 
laboratory using some existing tools and equipment, such as gas analyzers. A 
graphical interface used during testing was also developed using National Instruments 
commercial software LabVIEW®. 

 

1.3 Delimitations 
This master thesis did not include the design and construction of a laboratory test rig, 
solely the testing and evaluation of it. The experimental tests were performed as a 
parameter study, without the intention of finding an optimal operating point. The 
experiments concerned the separation of CO2 from the biogas to produce a clean 
methane gas stream, and not the production of liquefied methane. 
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2 Background 
Biogas is produced by anaerobic digestion and different gas compositions are received 
after production. Depending on the purposed usage, the biogas needs to be cleaned 
and upgraded to a certain purity level. After production, cleaning and upgrading the 
biogas is stored. This is usually done in the form of compressed biogas and to a 
smaller extent liquefied biogas.  

 

2.1 Biogas production through anaerobic digestion 
Biogas is produced through bacterial degradation of biological material in an oxygen 
free environment. This process is called anaerobic digestion. The process is controlled 
by keeping the biological material inside a digestion chamber where temperature and 
pressure can be adjusted to optimize the proliferation of digestive bacteria. A 
temperature of 37 °C is normally used for mesophilic digestion, and 55 °C for 
thermophilic digestion. 

The gas leaving the anaerobic digestion chamber consists mainly of methane and 
carbon dioxide. The composition of the gas depends on the source fermentation 
material used in the process and how the process is designed. Along with methane and 
carbon dioxide the gas contains other species, such as water vapor and hydrogen 
sulphide H2S. H2S is very corrosive and the gas therefore needs to be cleaned from 
this substance (2). 

The feedstock for this process is organic materials consisting of fat, proteins and 
carbon hydrates. This can be sewage waste, manure, rest products from food industry 
and restaurants etc. Typical values of the gas composition after anaerobic digestion of 
organic material can be seen in Table 1. In these values, water vapor has already been 
removed from the gas. 

Table 1 Typical gas composition after anaerobic digestion of organic material (2) 

Specie Vol % 

Methane 55-80 

Carbon dioxide 20-45 

Nitrogen 0-1 

Oxygen Traces 

Hydrogen Traces 

Sulphide 50-2000 (ppm) 
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2.2 Biogas upgrading techniques 
In order to increase the calorific value of the biogas and to create gas useable as fuel, 
impurities have to be removed. The goal of the upgrading process is to produce a gas 
with as high methane concentration as possible. The electrical energy cost for 
upgrading the gas is typically 3-6% of the calorific value of the upgraded gas, 
depending on the technique used (3). 

There are currently many upgrading techniques commercially available and many are 
under development. The main different principles of operation are presented in this 
chapter. Advantages and disadvantages are presented at the end. 

2.2.1 Chemical absorption 
Carbon dioxide is separated by means of chemical reactions with the addition of 
absorbents such as MEA. The process is limited in loading and has high energy 
requirement as well as problems concerning corrosion and degradation. A descriptive 
process layout of the chemical absorption process can be seen in Figure 1. 

 

Figure 1 Process schematic of chemical absorption (4) 

The biogas flows through the absorber where it is mixed with an absorbent. The CO2 
binds chemically with the absorbent and upgraded biogas consisting of mainly CH4 
leaves the absorber. The upgraded biogas can be purified to CO2 concentrations below 
0.5%. The absorbent is engineered as to only react with carbon dioxide and cannot be 
used for nitrogen removal e.g. (5). The process is regenerated by submitting the CO2 
rich liquid to a desorber where the temperature is increased. The CO2 is released from 
the absorbent which is reused in the absorber. The regeneration requires input of heat, 
but for cost reasons this is considered preferable compared to replacing the absorbents 
(4).  

The feasibility of small scale chemical absorption of CO2 was examined in (6). It was 
concluded that the capacity of the absorbents rapidly decreased and that there were 
great needs for regeneration. The CO2 loading for the absorbents ranged from 0.18 to 
0.22 kg CO2 per kg of absorbent. Since the amine solutions showed good regeneration 
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potential, these were regarded favorable for further studies.  The technique of 
chemical absorption is usually incorporated in larger sized upgrading facilities due to 
its complexity and cost. 

2.2.2 High pressure water scrubbing 
High pressure water scrubbing, or wash, is the most common upgrading technique 
used in Sweden. In high pressure water scrubbing, compressed and cooled biogas 
enters at the bottom of an absorption column. The gas is then mixed with water which 
is sprayed from the top of the column. This causes CO2 and H2S to solve in the water 
since their solubility is higher in water than in the biogas. The upgraded biogas then 
leaves the column. It is then separated from remaining moisture and stored, consisting 
of up to 98% methane (3). 

Two kinds of modifications are normally considered: single-pass scrubbing and 
regenerative (high pressure) scrubbing. Regenerative scrubbing implies reuse of 
water, and is often the best option since it results in less water-use. Single-pass 
scrubbing is normally only feasible if there is an abundance of water available. 

As mentioned, the process relies on the solubility of CO2 and H2S in water. The 
reason for compressing the gas before it enters the scrubber is that the dissolubility of 
the gas increases with increasing pressure. Therefore more CO2 and H2S will solve in 
the water at high pressures, and less water per amount of upgraded gas is needed. An 
illustration of the water scrubbing process can be seen in Figure 2. 

 
Figure 2 Process schematic of non regenerative water scrubber 

High pressure water scrubbing has several features which make it a good option for 
biogas upgrade: 

• It is simple, which means that there are few components needed compared to 
other upgrade technologies. The equipment also requires little space. Finally, 
only water is needed as an input 

• Wet scrubbers are able to handle high gas temperatures and moist gases 

• Wet scrubbers can remove particulate matter and neutralize corrosive gases (7) 
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2.2.3 Adsorption 
Adsorption refers to the process where a specific species is trapped inside a porous 
material. The porous material, designed with certain porosity, traps molecules of a 
desired size while letting other molecules pass through unhindered. 

There are several different adsorption techniques commercially available for removal 
of carbon dioxide from biogas. The names of the different techniques indicate the 
method used to regenerate the adsorption process. Three different methods are 
described in this section, namely: 

• Pressure Swing Adsorption (PSA) 

• Temperature Swing Adsorption (TSA) 

• Electric Swing Adsorption (ESA) 

The currently most used adsorption technique is PSA, where the adsorption takes 
place at an elevated pressure of about 8 bar. When the species has been adsorbed 
inside the porous material, the pressure is “swinged” to a lower pressure where the 
process is regenerated. 

The advantages of PSA gas cleaning are that the process does not require any 
additional chemicals or absorber liquids to operate, and thus has low environmental 
impact. The power demand for the process is also relatively low, where the energy 
consumed in the process is used for the compression of the gas before adsorption. The 
PSA process is illustrated in Figure 3. 

 

Figure 3 Schematic of a PSA process (5) 

TSA works under a different principle. Instead of adjusting the pressure it adjusts the 
temperature. The technique is usually applied to gas drying, where the moisture is first 
adsorbed at around 40 °C and the process regenerates at temperatures above 120 °C 
(5). 

Similarly to TSA, Electric Swing Adsorption regenerates by the means of temperature 
increase. In contrast to TSA, ESA uses a low voltage electric current to heat the 
adsorbing material by the direct Joule effect. The fact that this process cannot use 
waste heat for the regeneration, in comparison to TSA, is a disadvantage. To its 



 
7 

advantage can be added that it shows higher potential for VOC (Volatile Organic 
Compounds) removal than TSA (8). 

2.2.4 Membrane separation 
Separation of methane and carbon dioxide using membrane technology is a technique 
widely practiced. Many different materials are used for membranes, but the basic idea 
is the same. Membranes are either dense and non-porous or made up of hollow fibers. 
The idea rests on the fact that gases dissolve and diffuse into polymeric materials. The 
rate of the diffusion is dependent on the size of the molecule (9). The molecules of 
CO2 are larger than molecules of CH4. Polymeric film with pores of certain size will 
allow the larger CO2-molecule to pass through the membrane at a much higher rate. 
The driving force is a pressure gradient applied over the membrane by compression of 
the incoming gas. The result will be two sets of gases, one rich on CH4 (levels up to 
98%) and one rich on CO2. 

 

Figure 4 Schematic picture of membrane separation (10) 

Primary membrane technology advantages include low energy consumption, absence 
of moving parts (which implies little risk of fatigue and breakage), low level of 
mechanical wear and low maintenance level. Also, the set up is light-weight and 
compact (7). 

The membrane’s resistance to breaking due to the pressure gradient is one important 
technical limitation. Exposure to certain solvents and materials causes the membrane 
to get either damaged or blocked up. These limitations are of great importance since 
membranes usually are expensive. There are numerous materials investigated for the 
purpose of membrane production. Some of them are products of Polyimide (9) and 
PVA/PEG (Poly Vinyl Alcohol/Poly Ethylene Glycol) (11). 

2.2.5 Cryogenic separation 
The term cryogenic refers to the science of very low temperatures. Cryogenic 
separation uses the different temperature related properties of the gas species to 
separate them from each other. In biogas upgrading, the technique is used to create a 
gas or liquid containing mostly methane and lighter hydrocarbons. An example of a 
process schematic of a cryogenic upgrading plant is shown in Figure 5. The process 
starts with the compression of the biogas to approximately 80 bar. Several different 
heat exchanger steps are used to progressively cool the biogas to a lower temperature, 
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allowing for the CO2 to be liquefied and separated. A simpler construction used in this 
master thesis work can be seen in Figure 15.  

 

Figure 5 Cryogenic upgrading process schematic (12) 

Pure carbon dioxide has a desublimation temperature of -78.5 °C at atmospheric 
pressure, while methane condenses at -161 °C. CO2 can be separated by adjusting the 
temperature of the gas in order to condense or desublimate CO2. Upgraded biogas 
without carbon dioxide is then received (13). Depending on the temperature of the 
process different purity grades can be reached. A lower temperature results in a higher 
removal efficiency of carbon dioxide. 

An advantage of the cryogenic technique is that it does not need any water or 
absorbent to function, although it requires external cooling equipment such as a 
refrigeration cycle or the addition of liquid nitrogen. 

2.2.6 Comparison of different upgrading techniques 
Table 2 provides an overview of the different upgrading techniques. “CH4 conc.” 
indicates the concentration of methane in the upgraded gas. “CH4 slip” indicates the 
amount of methane lost in the process. “H2S separation” indicates the need of extra 
process steps to remove H2S from the biogas. “Process requirements” lists substances 
consumed during the process, such as water and amines.  
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Table 2 Comparison of different upgrading techniques with respect to CH4 

concentration, CH4 slip, H2S separation and requirement of additional fluids (3) 

Separation 
Technique 

CH4 conc. CH4 slip H2S separation Process 
requirements 

Chemical 
Absorption 

>99.5% 
(5)

, 95-

98% 
(12)

 

0.1-0.2%. Amines 
reacts only with CO2 

Needed. Done by 
water scrubbing or 
additional absorption 

Refill of amines 

HP Water 
Scrubbing 

96-98% 
(12)

, 

>98% 
(5)

 

Re-circulating water: 
10-20% (High p � 
higher solubility of 
CH4 in water). Flow 
through scrubber: 
2% 

Done in the process. 
H2S is later removed 
in a separate step 

Large water requirements, 
both for single pass and 
re-circulated water 
systems. Refill of drying 
substance for dryers as 
well as “foam reducing 
substance” 

Adsorption 
(PSA TSA) 

98% 
(5)

, 95-

98% 
(12)

 

PSA: approximately  
2% 

Done in the process. 
H2S is later taken out 
in a separate step 

 

Membrane 
separation 

90- 93.5% (9)
,  

98% 
(14)

, 76-

95% 
(12)

 

10-6.5% 
(9)

,  2% 
(14)

  H2S (and water) 
separated before 
process due to risk of 
membrane corrosion 

Changing of membranes 

 

Cryogenic 
separaion 

>97% 
(12)

  Required prior to 
separation process 

 

Apart from the listed substances, lubricants, glycol, filters and substances for 
odourization needs to be refilled in all technologies. H2S separation material such as 
activated carbon or metal oxides also needs replacement. 

Table 3 contains the energy demand for each upgrading technique. The calorific value 
of upgraded biogas (100% CH4) is 33.41 MJ/mn

3, or 9.28 kWh/mn
3. This is compared 

to the energy required for upgrading in column 4. 
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Table 3 Comparison of heat and electricity demand for separation techniques (3) 

Separation 
Technique 

Electricity demand 
[kWh/mn

3 upgraded 
biogas] 

Heat demand 
[kWh/mn

3 upgraded 
biogas] 

Upgrading energy 
/ CH4 calorific 
value [%] 

Chemical 
Absorption 
(with amines) 

0.18 (15) 0.20 (15) 2.0  

HP Water 
Scrubbing 

Re-circulating: 0.30 
Single pass: 0.40-0.50 

None 3.2, 4.3-5.4 

Adsorption 
(PSA) 

0.50-0.60, 0.29-0.43 (5)  None 5.4-6.5, 3.1-4.6 

Membrane 
separation 

0.26 (14) None 2.8 

Cryogenic 
Separation 

0.63, 0.42 (16) None 6.8, 4.0 

The energy required for upgrading is an important parameter in the choice of 
upgrading technology. HP water scrubbing, adsorption, membrane separation and 
cryogenic separation are all highly dependent on electricity. Another important 
parameter is the availability of excess heating and cooling. If there is excess heating 
available from nearby sources, this heat can with advantage be used for regeneration 
in e.g. MEA absorption. 

Chemical absorption is dependent on the availability of heat. Using MEA as 
absorbent, the regeneration requires heat at around 120 °C. This makes the technique 
a good choice when there is excess heat available (15). Another absorbent used is 
ammonia. Ammonia absorption requires absorber temperatures of 0-10 °C. This 
implies a need for cooling; both for the absorbing ammonia and the incoming biogas. 
It is advantageous to integrate ammonia absorption into a process with excess cooling. 

The cryogenic separation electricity demand 0.63 kWh/mn
3 upgraded biogas was 

calculated using a one stage propane heat pump cycle operating between -100 °C and 
40 °C. The process energy demand was 580.9 kJ/mn

3 upgraded biogas. 

Cryogenic separation produces CH4 at much lower temperatures than other upgrading 
technologies. The separation can be run at high pressures in order to increase 
efficiency and to increase the pressure of the output CH4. Since the CH4 is cold and at 
an elevated pressure, the additional energy required for liquefaction is lower than for 
other technologies. This is the main advantage of cryogenic separation. 
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2.3 Biogas transport and distribution 
Biogas is produced, stored and used in both gaseous and liquid form. CBG can be 
transported either using available natural gas grids or by trucks. Using the grid is the 
most favorable option for CBG, but the availability is then limited to locations 
connected to the grid. Expanding the grid is expensive. In order to facilitate transport 
and distribution, an alternative is to produce biogas in liquid form, i.e. LBG. 

The major advantage of LBG compared to CBG is that LBG takes up considerably 
less space. Therefore it is more efficient to transport LBG than CBG by trucks. For 
the same reason, LBG is the better option when shipping biogas overseas. LBG also 
opens for new biogas applications, for example as a fuel in heavy duty vehicles using 
Diesel-Methane engines (17). In order for the transport sector to be able to use LBG 
the fuel needs to be transported over the entire country, primarily using trucks. 

Cryogenic upgrading has the possibility to produce LBG directly as a part of the 
upgrading process. Cryogenic technology is also the only option available for 
production of LBG from CBG. It is therefore argued that the cryogenic upgrading 
method has got an advantage compared to the other upgrading technologies (18). 

LBG can be produced from CBG at the distribution location. This is done by a so 
called “MR-station” (“Mät- och reglerstation” in Swedish, which basically translates 
to “measurement and control facility”). When CBG leaves the grid and enters the 
distribution station, there is a drop in pressure and temperature. The MR-station 
utilizes this to produce LBG.  

There are also distribution stations that produce CBG from LBG. These stations are 
called “LCNG stations” (Liquid to Compressed Natural Gas stations) and are 
commercially available (18). 

2.3.1 Pipeline transport 
Upgraded biogas can be transported in existing natural gas grids. Grid transport is 
strictly limited geographically due to the high costs related to natural gas grid 
expansion. Natural gas grids can be owned either locally by the municipality, 
nationally by the state or by a commercial actor (19), (12). 

Before the upgraded biogas is injected into a natural gas grid it is modified in order to 
meet the requirements. These include odourization, moisture content, air input 
mixing, calorific value and Wobbe index (12). The Wobbe index is used as a measure 
of quality, i.e. the energy density of the gas. When switching between different 
gaseous fuels in burners, the Wobbe index is used to match the combustion properties 
of the different gases. The Wobbe index Wm is defined as 

�� �  

��
��  {Eq. 1} 

where HHVm is the higher heating value of the gas, and rm is the specific gravity (or 
specific density). The higher heating value is defined as ���� � ∑ �������   {Eq. 2} 
where xi is the mass fraction of component i and HHVi is the higher heating value of 
component i (20). According to (21), the higher heating value HHVi for a substance is 
defined as “… the heat release per unit mass when the fuel, initially at 25°C, reacts 
completely with oxygen and the products are returned to 25°C. The heating value is 
reported as higher heating value (HHV) when the water is condensed …”. 
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The specific gravity rm is the ratio of gas density to the density of a reference 
substance. Water is usually used as a reference, and the same surrounding conditions 
(pressure and temperature) are used for both the liquid and the gas (20).  

2.3.2 Trailers and overseas transport 
The most common way of transporting LBG is by truck, which has been shown to be 
an economically efficient way of transportation (18). Some special arrangements are 
required for the transportation of LNG, namely: 

1. Transportation in double-wall insulated tanks 

2. Presence of two independent pressure relief systems 

3. Appropriate hazardous materials markings (19) 

Some of the LBG will vaporize due to heat leakage during the transportation. 

Eventually, the pressure builds up enough to release the safety valve which ventilates 

the gas out into the surrounding air. This is a problem for three reasons. Firstly, 

methane has large greenhouse gas potential. Secondly, methane is flammable and a 

release poses a safety threat if there is risk for ignition. Thirdly, the vaporization of 

LBG will decrease the level of fluid in the cans, and partially filled cans experience 

sloshing due to the moving of the transport. Sloshing in partially filled cans can cause 

breakage due to fatigue. This is a problem to which solutions currently are being 

developed (22). 
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3 Cryogenic separation 
Cryogenic separation deals with some special properties regarding the 
thermodynamics of CO2, i.e. sublimation and desublimation. The concept of cryogenic 
separation and the phenomenon related to this technique are further explained in this 
chapter. There are two main working principles for small scale cryogenic biogas 
upgrading, namely “closed-loop” and “open-loop” cycles. 

 

3.1 Open-loop process 
In the open-loop process the biogas is first compressed to a higher pressure. The 
temperature increases due to the compression. This allows for the gas to be heat 
exchanged with lower temperature heat sinks such like outdoor air or an external 
refrigeration cycle. This can be done in several steps at different temperature levels. 
After the biogas has been cooled it is expanded through a turbine where the pressure 
and the temperature are decreased. The shaft work produced by the turbine can be 
used to supply the compressor with a part of its work input. The biogas can this way 
reach low enough temperatures to begin the condensation or desublimation of CO2. If 
the temperature is lowered further to the condensation temperature of methane, LBG 
can be produced. The process is designed differently depending on whether the goal is 
to produce LBG or upgraded biogas. One open-loop process is illustrated in Figure 6. 

 

Figure 6 Schematic of open-loop cryogenic process (23) 

 

3.2 Closed-loop process 
In this process the biogas is not compressed before being heat exchanged. This results 
in a lower temperature difference between the two streams. If the temperature of the 
biogas is not increased via compression, it is not possible to use the air as a heat sink. 
The cooling process can be driven by different refrigeration cycles using cooling 
agents e.g. nitrogen and methane, or a mixture of both. The biogas enters the process 
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and is first cooled by the separate refrigeration process to a low temperature and 
thereafter expanded through either a valve or a turbine. This decreases both the 
pressure and the temperature which results in condensation of the methane (23). A 
scheme of a closed-loop process is illustrated in Figure 7. 

 

Figure 7 Schematic of closed-loop cryogenic process (23) 

 

3.3 CO2 desublimation 
CO2 both desublimate and sublimate under atmospheric pressure, i.e. the CO2 goes 
straight from gas phase to solid phase and the opposite without first liquefying. The 
phase diagram for CO2 is shown in Figure 8. 

 

Figure 8 Carbon dioxide phase diagram (24) 
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Figure 9 shows the saturation pressure of CO2 at lower pressures. When the CO2 in 
the biogas is desublimated it follows that the partial pressure of CO2 is reduced. This 
means that as the concentration of CO2 is lowered, a lower temperature is required in 
order to further desublimate the CO2.  

 

Figure 9 Carbon dioxide vapor pressure (25) 

If the biogas is subdued to temperatures to the left of the sublimation line marked in 
Figure 8 the CO2 will form frost crystals on the heat exchanger surface. Research 
regarding the formation of crystallized CO2 from gas mixtures of CO2 and N2 on a 
longitudinal plate showed that crystals with the size of 0.1-0.5 mm in size formed 
during the first two minutes of exposure. When increasing the velocity of the biogas, 
increasing the CO2 concentration or reducing the plate temperature, larger crystals 
were formed (26). 

When desublimation of CO2 occurred across the plate there were shown to be 
differences in the layer thickness across the plate, even though the entire surface of 
the plate was isothermal. It was shown that the frost layer grew at a greater rate at the 
leading edge of the plate. This was said to follow from the depletion of CO2 in the 
boundary layer further along the plate. This means that the mass transport of CO2 
from the bulk flow to the surface should be considered. The molecular diffusivity of 
the carbon dioxide in the gas mixture is thus of interest for the desublimation process. 
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Increasing the velocity of the biogas flow increases the turbulence and thereby also 
increases the heat and mass transfer. 

Schelkunov, Rudenko, Shostak and Dolganin (26) divided the process of CO2 
desublimation into two different periods. Initially there was a rapid frost layer growth 
with great variations in properties such as density and heat transfer coefficient. During 
this period the thickness and density of the frost increased rapidly. At the same time 
the heat and mass transfer coefficients decreased. During the second growth period 
the properties of the frost layer became more uniform. The thickness, density and 
thermal conductivity increased at a steady pace. The coefficient of effective thermal 
conductivity λ was shown to lie between 0.04 – 0.55 W*m-1K-1 (26). 

The density of the CO2 frost layer was investigated under different test conditions in 
(26). It was shown that the density was somewhere between 500 and 1600 kg*m-3 

during the first 6 minutes of operation, where the density increased with time. These 
results were obtained when conducting the tests at 1 to 5 bar pressure, where a higher 
pressure resulted in a higher frost layer density. A plate temperature of 145 K was 
used for most of the tests. 

Important conclusions regarding the density of the frost layer can be drawn from the 
results presented in (26).  

• A lower plate temperature resulted in higher frost layer density 

• A lower flow velocity resulted in lower frost layer density 

• A lower pressure resulted in lower frost layer density 

Chang, Chung and Park (27) have developed a technique for the upgrading of LFG 
(Landfill Gas) and the freeze-out of CO2. A theoretical model for the freeze-out 
process of CO2 was presented. Experimental tests to confirm the model were also 
conducted. The temperature distribution of the incoming gas mixture and the nitrogen 
can be seen in Figure 10. 

The frost layers impact on the heat and mass transfer properties was ignored, under 
the assumption that the frost layer was never allowed to grow to a significant 
thickness before the heat exchanger was regenerated. 
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Figure 10 Principle gas mixture temperature distribution (27) 

The “Frost Point” refers to the point where the carbon dioxide in the biogas first starts 
to form a solid layer of frozen CO2 on the heat exchanger surface. Assuming that the 
incoming biogas has a composition of only CH4 and CO2 and that the cooling media 
used for the cryogenic separation is liquid N2, the governing energy balance equations 
can be written as 

��� �
����
� � �� ��������� �� !"�# � $%&'()*+&'( $ +,-  {Eq. 3} 

�� .���.� ��/0�# � $%.�)*+, $ +.�- {Eq. 4} 

Where m� , C3 and h represents the mass flow, the specific heat and the enthalpy. The 

denomination “mix” refers to the gas mixture of both CH4 and CO2. The subscript W 
refers to the heat exchanger wall between the two media. Two concentrically placed 
tubes were used as a heat exchanger, where P denotes the perimeter of these. Since the 
methane in this process is unaffected, the mass balance of methane is given as 

��� 456�# � 0 {Eq. 5} 

Since the mass flow of carbon dioxide decreases along the heat exchanger length the 
authors of (27) model the decrease in CO2 mass flux as 

$ ��� 480�# � 9 0%:;<��� $ <=>�*+,-?   @A� #B#C@A� #D#C E {Eq. 6} 

Here, hD refers to the mass transfer coefficient of carbon dioxide in methane. The gas 
mass concentration is denoted c and x0 is the frost point location. If the accumulated 
amount of CO2 can be considered small, the thermal resistance of the layer can be 
neglected. This can be the case if the interval between regeneration of the process is 
short. The main part of the heat transfer between the biogas and the cooling media 
will be through convection. By also taking into account the phase change energy of 
the CO2, the energy balance of the heat exchanger can be described as 

%&'()*+&'( $ +,- � F�G H$ ��� 480�# I � %.�)*+, $ +.�- {Eq. 7} 
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Here iig is the sublimation phase change energy of carbon dioxide. The mass transfer 
rates can also be described as �� �
� � <�
�J�&'(K&'(  {Eq. 8} 

<�
� � L !"ML480N456� !"   {Eq. 9} 

�� ��� � <���J�&'(K&'(  {Eq. 10} 

<��� � L480N480� !"  {Eq. 11} 

where u� is the mean flow velocity. Here, P denotes the partial pressure of the 
substances. The heat and mass transfer coefficients can be substituted using empirical 
correlations by Rhosenow and Choi, giving the following expression 

O !"*P480QP456-�R !"ST !" )U�/W � OXST !" Y<�/W � @�  {Eq. 12} 

The Prandtl and Schmidt numbers are calculated for the biogas mixture, and the 
friction factor f depends on the specific geometry of the heat exchanger. 

Experiments using biogas with molar fractions of carbon dioxide ranging from 0.1 to 
0.3 were performed. It was found that given a higher molar fraction of CO2 the 
distance to the first frost formation became longer than when using a lower molar 
fraction. By adjusting the flow of cooling media the distance to frost formation could 
also be altered. When using a high cooling media flow the gas mixture was rapidly 
cooled to sublimation point. Rapid CO2 accumulation on the heat exchanger was 
observed. Depending on whether a compact heat exchanger design or a more uniform 
CO2 frost layer is desired, the properties can be altered. If a lower cooling media flow 
is used the accumulation speed will not be as rapid and the layer will become 
somewhat more evenly distributed. The influence of increasing molar fraction CO2 in 
the gas mixture can be seen in Figure 11. 

 

Figure 11 CO2 accumulation rate with different molar fractions of CO2 in gas (27) 
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The frost point is postponed somewhat due to higher CO2 concentration in the 
incoming biogas. This is due to the larger heat capacity Cp per mole CO2 than mole 
CH4. 

 

3.4 Parameters affecting the heat exchanger functionality 
Certain parameters have been concluded as influential on the functionality of the heat 
exchanger. Here, functionality means the heat exchangers ability to separate CO2 from 
the biogas. As discussed in Chapter 3.3 the main factors shown to have a large impact 
on the frost formation are  

• Concentration of CO2 in the incoming biogas 

• Temperature of incoming cooling media 

• Mass flow of incoming cooling media 

• Existing layer of CO2 already accumulated on surface 

Apart from these parameters, an interesting factor to examine is the mass flow of 
incoming biogas. Additional parameters connected to the heat exchanger size which 
affect the separation process are 

• Total heat exchanger area (which correlates to the size of the heat exchanger) 

• Size of heat exchanger plates 

• Number of plates in heat exchanger 

• Other heat exchanger geometry, such as plate spacing and chevron angles 

3.4.1 Concentration of CO2 in the incoming biogas 
An increased CO2 concentration has in Chapter 3.3 been shown to increase the frost 
formation closer to the inlet of the biogas. The concentration of CO2 is higher in the 
gas stream inlet and so is the amount of CO2 that comes into contact with the heat 
exchanger. This results in a higher accumulation rate of CO2 closer to the inlet. As can 
be seen from Eq. 6 the mass transfer rate of CO2 is dependent on the mass transfer 
coefficient. It can be rewritten as 

��� 480�# � $ @ZST !"�Z=P0/[ Z ) Z ;<��� $ <=>�*+,-?  {Eq. 13} 

The Schmidt number is defined as Y< � \]:^_ � `:^_  {Eq. 14} 

where DAB is the mass diffusivity of CO2 in CH4, µ is the dynamic viscosity and ρ 
density of the gas. As have been shown in (27) the mass transfer rate of CO2 is 

increased with higher concentrations of CO2 (cCO�) in the gas stream. This can also be 
seen in Eq. 13.  

3.4.2 Temperature and flow rate of incoming cooling media 
Decreased temperature of the refrigerant media leads to decreased temperature of the 
biogas. This results in increased viscosity, increased density and decreased diffusivity 
within the biogas. The mean flow velocity decreases somewhat due to increased 
density. As can be seen from Eq. 13 the mass transfer rate of CO2 is also dependent on 
the saturation concentration near the wall at temperature Tw. The saturation 
concentration decreases as the temperature is lowered, resulting in an increased mass 
transfer rate of CO2. Thus, a lowered temperature of the cooling media results in a 
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lower saturation concentration and increased mass transfer. The initial phase of CO2 
accumulation is in some cases influenced by super-cooling, where the temperature of 
the gas is below the saturation temperature for the gas phase (26). This temperature 
eventually rises with increasing frost layer thickness to the equilibrium temperature 
for the phase change. After this the mass accumulation rate is slowed. 

The diffusion of CO2 in CH4 should be taken into consideration when evaluating the 
performance of the cryogenic separation. Mass diffusion is according to (28) related 
to pressure and temperature as: 

d>e~gMh+[0 {Eq. 15} 

Using (21) the diffusivity of CO2 in CH4 can be approximated for different pressures 
and temperatures. The binary diffusion coefficient D0 for CO2 in CH4 at T0=298K and 
p0=100 kPa pressure is approximately 15*10-6 m2s-1. This can be corrected using Eq. 
16: 

d>e � di H ��CI� �C�  {Eq. 16} 

Where m=1.75 for permanent gases and m=2 for condensable gases, where the latter 
is closest to the case of desublimation. The process can be designed to run at different 
pressures. In Table 4 the diffusion coefficients for different biogas temperatures are 
evaluated using Eq. 16. Values of T0=298K, p0=100 kPa and p=300 kPa are used to 
illustrate a pressurized process. 

Table 4 Coefficients for diffusion of CO2 in CH4 for different mixture temperatures 

Biogas temperature [K] Diffusion Coefficient DAB*106 [m2s-1] 

298 15 

280 4.4 

260 3.8 

240 3.2 

220 2.7 

200 2.3 

180 1.8 

The approximated value of the coefficient of diffusion decreases by 88% when the 
temperature of the gas is lowered from room temperature to 180 K. 

In Figure 12 the impact of different cooling media mass flows are displayed. When 
the mass flow is increased, the frost point and the accumulation peak are pushed 
towards the biogas inlet. This is due to that the inlet temperature of the cooling media 
is still constant, thus increasing the heat transfer potential of the cooling stream. This 
results in a larger temperature difference between the biogas and the refrigerant 
stream further up the heat exchanger surface. 
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Figure 12 Refrigerant mass flow to biogas mass flow ratio (27) 

3.4.3 Mass flow of incoming biogas 
When increasing the mass flow of biogas the average flow velocity increases. In turn, 
an increased flow velocity leads to higher Reynolds numbers. The flow velocity is not 
determinable in every point, but general expressions can provide an understanding for 
what happens if it increases. For example, it is suggested by (29) that the Reynolds 
number for a plate heat exchanger with chevron angle configurations can be 
approximated as 

jk � ]ST:l\ � ST:l`  {Eq. 17} 

where the equivalent diameter De is 2 times the axial spacing of the plates b. As can 

be seen, an increased flow velocity u� will increase the Reynolds number. Using 
convective heat transfer correlations mJ � 0.4)Ui.�jki.p� {Eq. 18} 

or Figure 14 to determine Nu as a function of Re, and 

mJ � O:lq  {Eq. 19} 

It can be seen that the heat transfer coefficient h is related to Re as 

% � q:l 0.4)Ui.�jki.p� {Eq. 20} 

Hence, an increased flow speed will increase the convective heat transfer. An 
increased flow velocity will also affect the mass transfer of CO2 through the biogas 
towards the heat exchanger wall. Using mass transfer correlations for a flat plate in 
parallel flow (28) to illustrate the flow across a heat exchanger plate, the correlation 
between velocity and mass transfer can be approximated. The Sherwood number is 
defined as 

Y% � OX#:^_ � 0.332jkh/�Y<h/W {Eq. 21} 
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where x is the distance from the leading edge of the plate. By combining Eq. 14 & 21  
and rearranging, the mass transfer coefficient can be expressed as 

%: � i.WW�# jkh/�th/Wd>e�/W {Eq. 22} 

Hence, increased velocity u� results in an increased mass transfer coefficient hD, since Re~u� according to Eq. 17 above. Bulk motion and turbulence causes both the heat 
and mass transfer to increase additionally. An increased flow velocity though results 
in a shorter residence time, which has negative impact on the total separation 
efficiency. 

3.4.4 Plate heat exchangers 
The purpose of heat exchangers is to transfer heat from one fluid to another through a 
heat exchanger wall. Dealing with temperatures around and below 300K, convective 
heat transfer is of greater importance than radiative heat transfer. Simulating the heat 
and mass transfer using only convective heat transfer has proven to produce useful 
results (27). 

The heat transfer properties change as the CO2 forms a layer of frost on the heat 
exchanger surface. The “CO2 frost” builds up gradually. In a first step, sparse crystals 
form on the surface. As CO2 continues to accumulate on the surface the frost layer 
becomes increasingly dense and the thickness increases. At some point, the frost 
accumulation will prevent the process from proceeding due to lowered heat transfer, 
“freeze-up” or both (26). 

Plate heat exchangers consist of numerous corrugated thin plates stacked on each 
other. In the experimental rig in this thesis work, liquid nitrogen was heat exchanged 
with a refrigerant which in turn was heat exchanged with biogas. An illustration of the 
flow paths within a “one pass/one pass” plate heat exchanger can be seen in Figure 
13.  

 

Figure 13 Illustration of a plate heat exchanger (30) 
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Two streams can be seen in Figure 13, one hot and one cold. On every plate there is a 
seal preventing the two streams from mixing with each other. In order for these seals 
to hold, the heat exchanger package needs to be pressed together using bolts and nuts. 
In Figure 13 certain patterns can be seen on the plates. These patterns are referred to 
as corrugations. Plate corrugations are used to enhance the heat transfer properties. 
There are several different types of corrugations. The most common corrugation type 
is the chevron type, but there are also intermating patterns. The chevron corrugation 
pattern is formed as a “V”. The angle of these corrugations can vary from exchanger 
to exchanger. Normally a larger chevron angle results in higher heat transfer but also 
higher pressure drops. 

The main equation for the heat flow Q between fluids can be written as w � xKΔ+&  {Eq. 23} 

where U is the overall heat transfer coefficient. A is the total plate area and ∆TM is the 
effective temperature difference. U depends mainly on the heat transfer coefficients of 
the fluids and the shape of the corrugations. ∆TM is a function of the stream 
temperatures, stream heat capacities and the heat exchanger configuration. It is 
important to consider how the area A should be defined. It can be defined as either the 
projected surface area of the plates or as the total surface area including the 
corrugations. Here A refers to the projected surface area of the plates (29). 

When evaluating the performance of the heat exchanger the heat transfer coefficient U 
is given by 

hz � h{| � }qR � h{~ � j@  {Eq. 24} 

Here α is the heat transfer coefficient of the hot stream and the cold stream 
respectively, λp is the plate conductivity, t is the plate thickness and Rf is a fouling 
factor. Correlations between the flow conditions and heat transfer properties are 
shown in Figure 14. 

 

Figure 14 Correlations between Reynolds number and heat transfer properties (29) 

The non-dimensional factors in Figure 14, Nu, f, Re and jH are defined as 
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mJ � {:lq   {Eq. 25} 

� � ��
H6�X I���00 �  {Eq. 26} 

j� � ST:l]\   {Eq. 27} 

�
 � �Ojk � .S
L�C.6H ���IC.�  {Eq. 28} 

where J� is the mean flow velocity between the plates and α is the mean heat transfer 
coefficient between the plate surface and the fluid. ∆p is the fractional pressure drop 
between the ends of the plate of length L. De is the equivalent diameter of passage. 
The fluid properties ρ, η, and λ are calculated at the mean fluid temperature. µ and µw 
are the fluid dynamic viscosity in the bulk and near the wall respectively. The 
common definition of De for plate heat exchangers is  d� � 2�  {Eq. 29} 

where b is the axial distance between two adjacent plate surfaces. One important 
factor when designing a plate heat exchanger is the maximum acceptable pressure 
drop. Increasing the heat transfer properties of the heat exchanger leads to increased 
pressure drop. This can be seen from Eq. 26 Figure 14where an increased friction 
factor leads to higher pressure drop. These factors will need to be weighted in order to 
achieve a compact heat exchanger design without exceeding the acceptable pressure 
drops. 

The heat transfer under free convection conditions across a vertical plate can be 
estimated using the Rayleigh number (Ra) and empirical correlations for the Nusselt 
(Nu) number (28). The Rayleigh number is a function of the gravitational acceleration 
G, the temperature of the surface, Ts, as well as the temperature of the bulk flow, T∞, 
the kinematic viscosity ν and the thermal diffusivity σ. For vertical plates the 
Rayleigh number is given as 

j�# � ��*��M��-#[
`�   {Eq. 30} 

where β is the inverse of the mean fluid temperature in Kelvin and x is the length of 
the plate. 

As suggested by Churchill and Chu (31) the Nusselt number for vertical plates can be 
calculated using 

mJ����� � �0.825 � i.W��ZN���/�
�hQHC.6�0P� I�/����/0 ¡

�
  {Eq. 31} 

 

3.4.5 Heat exchanger size 
A larger upgrading capacity requires more heat transfer surface and therefore larger 
heat exchangers. As shown by Chang, Chung and Park (27) the accumulation is 
concentrated to a rather small area, increasing the length of the heat exchanger plates 
is therefore not of the greatest importance. This is assuming that all (or nearly all) the 
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CO2 still has sufficient time to desublimate before reaching the end of the heat 
exchanger plates, otherwise the length has to be increased.  

The plate spacing is typically in the range from 2 to 6 mm and a larger spacing 
implies a larger area for the biogas to flow through. This reduces the flow velocity 
compared to the heat transfer surface area, assuming that all other dimensions of the 
heat exchanger are unchanged. The Reynolds number is unaffected by the plate 
spacing, since the factors cancel each other out. This would suggest that the 
turbulence is the same independently of the plate spacing (29).  

Increasing the number of plates in the heat exchanger divides the flow into a larger 
number of streams. This reduces the mass flow rate and flow velocity in each 
individual stream. This results in a longer residence time and an increased area that 
the CO2 comes into contact with. The reduced velocity results in less turbulent flow 
conditions and reduced heat and mass transfer properties.  
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4 Experimental setup 
This chapter provides a description of the process and describes the purpose and setup 
of the tests. 

 

4.1 Process description 
The test rig consists mainly of two plate heat exchangers, HX A and HX B. HX A is 
used for the desublimation of CO2. HX B is used to cool the refrigerant media which 
in turn cools HX A. N2 (l) is used to cool the refrigerant media, which is a mixture of 
LPG and N2 (g). “g” indicates gaseous phase and “l” indicates liquid phase.  

A simplified process schematic of the test rig is shown in Figure 15. Liquid nitrogen 
is filled in a container connected to HX B. This container is placed on the same level 
as HX B. There is a certain level of liquid nitrogen filling up HX B, which evaporates 
continuously under atmospheric pressure. The gas mixture of LPG and N2 partly 

condenses into a liquid refrigerant on the opposite side of the heat exchanger. The 
refrigerant stream enters HX A counter-currently and vaporizes. CO2 desublimates 
from the biogas stream while CH4 is left in gaseous form. 

 

Figure 15 Simplified lab rig schematics 

CH4 and CO2 are injected into the rig using pressurized canisters, and so are the 
components of the refrigerant. In order to analyze the gas concentrations in the 
outgoing biogas a NDIR sensor is used. It analyzes the spectroscopic properties of the 
gas, i.e. its ability to absorb infra red light with certain wavelengths. A NDIR sensor 
consists of an infrared lamp directed towards the gas stream. A detector with an 
optical filter that removes all light except the light with the specific wavelength of 
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interest is mounted behind the gas stream. The sensor registers the volumetric fraction 
of the measured specie in the gas stream.  

The analyzer uses a gas pre-treatment system to extract 60 liters/hour of biogas from 
the test rig. When there is no biogas flow through the NDIR sensor, the system 
analyzes the surrounding air. This explains the registered level of O2 later when the 
results are presented. 

The two plate heat exchangers used in this experimental setup consist of 10 chevron 
corrugated plates each. The plates have a width of 72 mm and a height of 187 mm. 
The heat exchangers are configured as one pass/one pass, i.e. the two streams only 
pass the plates one time before reaching the outlet. One of the main advantages with 
the proposed test rig design is that it consists of simple components. The process is 
designed to run under a relatively low pressure which further reduces the need for 
expensive components. 

In order to measure the temperature distribution across HX A, five thermocouples are 
attached to the back side of the exchanger. The placement of the thermocouples is 
illustrated in Figure 16, where the specified dimensions are given in millimeters. The 
figure is oriented in the same way as shown in Figure 15, with the incoming biogas 
entering from the top and the refrigerant media entering from the bottom. 

 

Figure 16 HX A thermocouple placement 

It should be mentioned that the refrigerant media flows on the other side of the plate 
where the thermocouples are placed. 

The flow rate is measured using Kytola® A-2BR Flow meters which are calibrated for 
the flow of air at 20 °C and atmospheric pressure. These conditions are hereafter 
referred to as “normal” conditions. They can also be used to measure flow rates for 
other gases using a recalculation formula given by Kytola®. This formula is 

�� � ��i¢��Z��Z�0�0Z�0Z��  {Eq. 32} 
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where ��  is the calculated real normal flow rate for the gas flowing through the meter. ��i is the displayed value of the Kytola® A-2BR flow meter. r1 is the specific gravity of 
air, r2 is the specific gravity of the measured gas. T1 is the normal temperature, i.e. 
293 K. T2 is the temperature of the gas flowing through the meter. p1 is the normal 
pressure, 1.013 bar (absolute pressure) and p2 is the pressure of the gas flowing 
through the meter. 

The time to heat exchanger “freeze-in” where the gas flow is hindered from passing 
through the heat exchanger was estimated. The volume available for gas flow inside 
the heat exchangers is approximately 0.00027 m3. Using the assumption from Chapter 
3.3 that the CO2 frost density is around 500 kg/m3 and assuming a CO2 mass flow rate 
of 7.38*10-5 kg/s, the time to total “freeze-in” is 4100 seconds, or 68 minutes. The 
accumulated mass of CO2 frost is then equal to 135 grams assuming that the frost 
layer is evenly distributed over the entire heat exchanger surface area. 
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4.2 Heat balance 
In order to get an estimate of the process heat flow requirement a general heat balance 
over the two heat exchangers is presented here. A linear approximation for the species 
specific heat values (Cp) is used when calculating the heat removal demand. The 
notation i refers to the heat of sublimation and the heat of vaporization for the species. 
The LPG in the refrigerant media completely condenses in HX B and later completely 
vaporizes in HX A. The liquid nitrogen completely vaporizes in HX B. For the 
desublimation efficiency, ηd is used. It represents the mass flow of desublimated CO2 
in relation to the incoming CO2 mass flow. 

In this analysis, heat transfer with surroundings is neglected. The actual heat losses 
were measured, and are presented in Chapter 5.2. 

Heat exchanger A 

Figure 17 shows a schematic illustration of the heat transfer and CO2 accumulation on 
one plate in HX A. The heat is transported from the hot biogas stream across the plate 
to the cold refrigerant stream. 

 

Figure 17 Schematic overview of one plate in HX A 

w�£G � �� �
� ¤ �g�
�¥+�0�� � �� ��� ¤ �g���¥+�0�� $ ¦��� ���F���  {Eq. 33} 

w��h � �� �L� ¤ �g�L�¥+�[�6 � �� .� ¤ �g.�¥+�[�6 �  {Eq. 34} 

 �� �L�F�L�  w�£G � w� �h � 0  {Eq. 35} 
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Heat exchanger B 

The other heat exchanger in the system, HX B, is shown in Figure 18. Heat is 
transferred from the hot refrigerant stream to the liquid nitrogen, which evaporates. 

 

Figure 18 Schematic overview of one plate in HX B 

w��� � �� �L� ¤ �g�L�¥+�§0 ¨�©�§0 ª« � �� .� ¤ �g.�¥+�§0 AS}�§0 ª« $  {Eq. 36} 
           �� �L�F�L�   

w�.�¬ � �� .�¬ ¤ �g.�¬¥+�/0 ¨�©�/0 ª« � �� .�¬F.�  {Eq. 37} 

w��� � w�.�¬ � 0  {Eq. 38} 

The required heat removal from the primary biogas stream in order to desublimate all 
the CO2 is 580.9 kJ/mn

3 biogas. The incoming biogas has a temperature of 20 °C and 
an exit temperature of -90 °C. The biogas consists of 40% Vol. CO2 and 60% Vol. 
CH4. The amount of required heat removal can be compared to the calorific value of 
the biogas when combusted with oxygen i.e. 

Δ�<�
� � 50.216 &¯°G �
�  {Eq. 39} 

YCH� � 0.6 �A³ �
��A³ £�AG�´ Z i.ihp °G�
� �A³� �
�⁄i.i��� °G £�AG�´ �A³�⁄  £�AG�´ � 0.353 °G �
�°G £�AG�´  {Eq. 40} 

Δ�<£�AG�´ � Δ�<�
� Z ¶�
� � 17.73 &¯°G £�AG�´ � 21.52 &¯�«[  £�AG�´  {Eq. 41} 

The biogas heat removal demand amounts to 2.7% of the calorific value of the biogas. 
The heat flow needed to cool the incoming biogas stream from 20 to around -90 °C 
and desublimate all the CO2 is 50 W. This is calculated using flow rates for CH4 and 
CO2 of 1.23 and 0.82 l/min respectively at a pressure of 3 bar. In order to keep the 
temperature inside HX A constant, the refrigerant media has to transport this heat 
away. One important fact about the separation process is that 84% of the heat removal 
demand comes from the CO2 desublimation heat. 

The convective heat transfer coefficient for the refrigerant flow inside HX B is  
70 Wm-2K-1 using the theory in Chapter 3.4.4. The flow rates of the refrigerants are 
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2.78 l/min and 1.85 l/min for LPG and N2 respectively. These flow rates are specified 
for an operational pressure of 2 bar. For simplicity, effects from the condensation of 
the refrigerant media are not included in these calculations. The condensation leads to 
increased heat transfer properties of the refrigerant flow. The heat transfer is 
dependent on the gas flow rates, where a higher gas flow rate results in an increased 
convective heat transfer coefficient. 

The heat transfer on the liquid N2-side of HX B is regarded as free convection heat 
transfer across a vertical plate. Using the correlations for Ra and Nu in Eq. 30 and Eq. 
31 the convective heat transfer coefficient is 282 Wm-2K-1

. The total heat transfer 
coefficient U, given by Eq. 24 is dominated by the heat transfer on the limiting side of 
the heat exchanger. In this case the convective heat transfer coefficient is much larger 
on the liquid N2 side. The total heat transfer is limited by the refrigerant flow and not 
by the liquid N2. The value of the overall heat transfer coefficient U is then  
56 Wm-2K-1

. The impact of the heat transfer resistance from the heat exchanger 
material (steel) is neglected. 

 

4.3 Purpose of tests 
The tests were conducted in order to answer a certain set of questions regarding the 
heat exchangers ability to separate CO2 from CH4. The main questions to be answered 
were 

1. Can biogas with less than 1% Vol. CO2 be produced during at least 5 minutes 
of operation? 

2. What operational parameters affect the heat exchanger functionality? 
3. What characterizes the regeneration process? How long time is required? 

Other questions connected to the main questions: 

• How is the biogas purity, i.e. the outlet volumetric concentration of methane, 
affected by the heat exchanger surface temperature? 

• What effect on the frost formation has an increased mass flow rate of 
incoming biogas?  

• Will there be any unforeseen complications due to the frost formation? 

 

4.4 Procedure 
Before the start of the separation process the incoming biogas composition was 
adjusted to resemble a typical composition of biogas, i.e. 60% Vol. CH4 and 40% Vol. 
CO2. The volumetric flow rate of the biogas as well as the operational pressure was 
set prior to the start of the “cool-down” process. Liquid nitrogen was filled into the 
container in order to cool down HX B. The refrigerant media was then used to cool 
down HX A prior to starting the separation cycle.  

The critical temperature for the initial CO2 desublimation is around -80 °C under 
pressurized conditions, see “sublimation line” in Figure 8. Once HX A had reached a 
sufficiently low temperature, the refrigerant media was adjusted to an adequate mass 
flow rate and temperature needed to transfer all required heat from the biogas. After 
this the biogas flow was started and the desublimation of CO2 started instantly. The 
separation process continued until the differential pressure over HX A became too 
large, or until the outlet concentration of CO2 became too high. 
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After the separation process had finished and HX A had frozen up with CO2, the heat 
exchanger was regenerated. This was done by letting the refrigerant media pass 
through HX A without first being chilled in HX B. This was possible by changing the 
setting of the bypass valve which can be seen above HX B in Figure 15, diverting the 
flow from the heat exchanger. When the regeneration process was started, the 
temperature inside HX A was still below the desublimation temperature of CO2 and 
the temperature first had to be increased to a point where sublimation of CO2 could 
start. Once HX A reached a high enough temperature, the CO2 frost was sublimated to 
gas and was pushed out of the system. The extracted CO2 could be captured if 
desirable. This regenerative process continued until all the frozen CO2 had been 
sublimated. After this, HX A was ready for the next separation cycle. 
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5 Results and discussion 
In this chapter, results regarding the operation of the test rig as well as the results from 
gas composition measurements and temperature measurements are shown. The 
separation chapter is divided into several different test scenarios with different initial 
and operational parameters which are documented in Table 5. Following the results 
from each test are some discussions regarding different aspects of the separation 
process. All gas concentrations are given as volumetric fractions. 

 

5.1 Experimental experiences 
Due to the fact that the density of the gas increases when the temperature is lowered 
as well as that the incoming CO2 is being desublimated, the pressure was not the same 
during operation as it was prior to cool-down. Therefore it was problematic to test the 
CO2 separation process under specific controlled pressures. The biogas flow rate 
increased compared to the pre-set values as a result of the lowered pressure inside the 
test rig. 

At temperatures approaching -196 °C, LPG becomes highly viscous. This resulted in 
that HX B “clogged” up with LPG, which had negative impact on the heat transfer 
properties of the refrigerant. After a certain amount of time it became impossible for 
the refrigerant flow to pass through HX B. The LPG was instead switched to methane 
with a purity of around 99.7% methane. Included in the 0.3% of remaining substances 
are mainly other hydrocarbons and around 5 ppm of water. Improvements to the heat 
transfer properties were noticed compared to when using LPG. The problem with the 
“clogging” up of HX B did however not disappear completely. 

Relative to the flow rates of gas passing through the two heat exchangers, the thermal 
inertia of the heat exchangers was very large. The thermal inertia of an object refers to 
the amount of heat required to change its temperature. Achieving a uniform 
temperature distribution in HX A was shown to be difficult, especially during tests 
with low heat exchanger temperatures, i.e. below -100 °C. During these tests the 
average temperature over all the measuring points on the heat exchanger was used to 
determine the starting temperature conditions. These conditions were not ideal to 
draw conclusions from, since the temperature difference over the heat exchanger was 
large. As a matter of fact, the distribution of the frost layer across the heat exchanger 
surface as well as the density of the frost layer varied along the heat exchanger. 

 

5.2 Separation 
The biogas purity, i.e. the volumetric outlet concentration of CH4 in the upgraded gas 
was the main parameter of interest during the tests. The time for one separation cycle 
to complete, i.e. the time until the “freeze-in” of HX A, was in the range of 10 
minutes assuming that the flow rate of CO2 was kept according to the value specified 
in Chapter 4.2. 

In Table 5 the different operating conditions during the separation tests are shown. As 
can be seen from Table 5, the values measured during operation differ quite a bit 
between the different tests. This is due to that the flow rate, pressure and temperature 
depend on each other. The average temperature specified is the average temperature 
of HX A prior to start.  
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Table 5 Test operating conditions 

Test  Inlet CO2 

concentration 
[%] 1 

V�CO�;l¹/min? 2 V�CH�;l¹/min? 2 Absolute 
pressure 
[bar] 2 

Average 
temperature 
HX A [°C] 1 

1 37.2 1.13 1.88 1.8 -122 

2 38.3 1.08 2.06 2.0 -111 

3 37.9 2.07 3.40 2.0 -111 

4 37.4 1.21 1.93 1.0 -111 

5 38.0 1.13 1.88 1.8 -82 

6 38.2 1.14 2.08 2.0 -92 

7 37.8 0.91 2.06 2.0 -102 

8 37.8 1.10 2.10 1.7 -110 

As can be seen in Table 5 the ratio between the volumetric flow rates of CO2 and CH4 

does not exactly equal the inlet CO2 concentration specified. This was due to that the 
flow meters were read manually, where some measurement uncertainties were 
incorporated. The concentrations given by the digital NDIR-sensors were used 
determine the inlet CO2 concentrations. 

A summation of the biogas purity as a result of different temperature in HX A during 
the tests is shown in Table 6. The biogas purity for Test 1-4 was registered during the 
initial period of the tests, before the purity had started to decrease because of 
increasing temperature in HX A. The presented biogas purity for Test 5-8 was taken 
as an average value during the separation period. 

  

                                                
1
 Measured values prior to biogas separation 

2
 Measured values during biogas separation 
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Table 6 Biogas purity as result of HX A temperature 

Test HX A Temperature [°C] Biogas purity [%] 

1 -122 100 

2 -111 100 

3 -111 99 

4 -111 99 

5 -82 84 

6 -92 98 

7 -102 99.5 

8 -110 100 

 

Figure 19 shows the measured volumetric concentration of CO2 and the theoretical 
saturation curve for CO2 as a function of heat exchanger temperature. The measured 
concentrations are below the values for what is theoretically possible to reach. This is 
due to that the measured values are given for the average temperature of HX A. The 
temperature was however lower in the bottom part of the heat exchanger, which 
explains the lower concentrations. 

 

Figure 19 Measured and saturated volumetric CO2 concentration 

  



 
38

The accumulated amount of CO2 in the heat exchanger was calculated by integrating 
the NDIR measurements over the separation period. The inlet volumetric 
concentration of CO2 prior to start was known. By subtracting the known incoming 
CO2 concentration with the value measured by the NDIR sensor and using the 
incoming mass flow rate of CO2, an estimate of the mass accumulation was obtained. 
The results from these calculations are shown in Table 7. 

Table 7 Accumulated amount of CO2 

Test Accumulated CO2 [g] Accumulated CO2 per heat 
transfer surface [g/m2] 

Stopping condition 

1 23.8 (13.3 3) 238.5 (133.3 3) Low biogas purity 

2 26.6 (13.6 3) 266.6 (136.3 3) HX A freeze up 

3 31.0 (13.6 3) 310.6 (136.3 3) Low biogas purity 

4 18.6 (11.3 3) 186.4 (113.2 3) Low biogas purity 

5 10.1 101.2 HX A freeze up 

6 18.2 182.4 HX A freeze up 

7 15.9 159.3 HX A freeze up 

8 15.7 157.3 HX A freeze up 

The calculated amount of CO2 that could be desublimated inside the heat exchanger, 
as stated in Chapter 4.1, was 135 g. This was shown to differ greatly from the results 
of the test runs, as did the freeze in time discussed in the same chapter. During the 
experimental tests between 10.1 and 31.0 grams of CO2 was desublimated. The 
projected heat transfer surface of the heat exchanger was 0.1 m2. 

Before the biogas flow was started there were significant heat losses to the 
surrounding, or to be correct heat losses to the test rig. The refrigerant media mass 
flow rate combined with the inlet and outlet temperature needed to keep the 
temperature of HX A constant gave an indication about the heat losses. In “standby”-
mode before initiating biogas flow, the heat exchange with the surrounding amounted 
to 11 W. This was calculated from the data registered during Test 3. The resulting 
refrigerant conditions were found to be 9.8 ln/min with an inlet temperature close to  
-130 °C. 

In the presented tests the temperature required to reach concentrations below 2% CO2 
is marked with a dashed line. This is the saturation temperature of CO2 at the 
corresponding partial pressure for 2% CO2 corresponding at 2 bar to the desired purity 
of 98% methane. The saturation temperature however varies with CO2 concentration 
and total pressure. 

  

                                                
3
 These values are the amount of captured CO2 during operation with at least 98% volumetric outlet 

concentration of CH4 
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5.2.1 Test 1 
Constant inlet temperature and mass flow of the refrigerant media was used to 
establish the distribution of the heat flow inside HX A. The resulting NDIR 
measurements are shown in Figure 20. The biogas flow was initiated about 50 
seconds into the plot timeline, where a sharp increase in the amount of CH4 can be 
seen. Since the aim of the test was to determine the heat flow and temperature flux 
caused by the incoming biogas, the temperature of the heat exchanger was allowed to 
increase and the outlet biogas purity to be low. 

 

Figure 20 NDIR measurements, Test 1 

The outlet CH4 concentration stabilized at around 100% after a few seconds of 
operation. This level of biogas purity was maintained until about 500 seconds into the 
test, when the outlet CH4 concentration started to decrease.  

The corresponding temperature distribution along the heat exchanger is shown in 
Figure 21. There was a steady temperature increase all along HX A after the biogas 
flow was started, 50 seconds into the graph. Before that, the slight increase of the 
temperatures was due to heat losses. Initially after the biogas flow was started, the 
largest temperature increase was at measuring Point 7. This point was also the one 
closest to the biogas inlet. The temperature at the points further downstream of HX A 
increased one after another. After about 250 seconds the increase rate of T7 slowed 
down, approaching a level similar to the one prior to the start of the biogas flow. 

The desublimation temperature corresponding to a concentration of 2% CO2 is as 
previously mentioned also plotted. It can be noted that when this temperature 
intersected T11 the biogas purity started to decrease as shown in Figure 20. 
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Figure 21 HX A temperature distribution, Test 1 

By differentiating the temperature change over time at the different measurement 
points in Figure 21, and by knowing the thermal inertia of the heat exchanger, the heat 
flow at the different points for a specific time was calculated. The total heat flow is 
the sum of the independent points with an area of 0.018 m2 each. It should be noted 
that the “Heat Flow” plotted in Figure 22 originates from the temperature derivative 
with respect to time in HX A, and a low plotted heat flow does not necessarily mean 
that no heat is flowing from the biogas to the heat exchanger surface. The large initial 
changes in the temperatures were due to that the heat exchanger temperature was not 
in equilibrium with the heat from the incoming biogas. As the temperature profile 
leveled out, the heat flow decreased towards zero, and the system approached a stable 
operating point. 

There was a close correlation between the total heat flow and the biogas purity, shown 
in Figure 22 and Figure 20. After 500 seconds the total heat flow decreased 
drastically. At the same time the outlet concentration of CH4 started to decrease. 

 

Figure 22 HX A heat flow, Test 1 
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The largest heat flow after the start of the biogas flow was located at Point 7. After 
around 130 seconds the largest part of the heat flow was at Point 8 while the heat flow 
at Point 7 steadily decreased towards zero. This trend followed throughout the 
separation process, where the point downstream of the previous one increased as the 
heat flow at the point upstream decreased. After 800 seconds the temperature 
gradients in Figure 21 leveled out and there were no heat flow at the measuring points 
besides the heat losses.  

It can be noted that even though the heat flow at Point 7 was almost zero after 350 
seconds, the process was still able to continue without the heat exchanger freezing up 
and blocking all biogas flow. This means that the CO2 accumulated at the leading 
edge was not enough to block the biogas flow. 

The accumulated amount of CO2 inside HX A in this test was calculated to 23.8 
grams. As the heat exchanger did not freeze up during the test, the process was instead 
stopped when the outlet concentration of CO2 reached about 22%. 

5.2.1.1 Discussion 

As mentioned in Chapter 4.2 the heat demand from the separation process consists to 
84% of the CO2 desublimation heat. When HX A reached a temperature above the 
desublimation temperature, a lesser amount of CO2 could desublimate and a large 
decrease in heat flow was visible. The heat flow peak after 60 seconds at Point 7 in 
Figure 22 shows that the main part of the biogas cooling and CO2 desublimation took 
place there.  

As the CO2 frost layer was building up at Point 7, the heat transfer surface at that 
location became more insulated from the biogas flow and the temperature increase at 
that position was reduced. The heat front gradually advanced downstream of HX A, 
building up a frost layer along the heat exchanger surface. According to Chang, 
Chung and Park (27) the CO2 frost starts to form at a “frost point” and propagates 
further into the heat exchanger. This propagation behavior correlates well to the 
results presented here. 

After 800 seconds almost no heat flow can be seen from Figure 22 even though there 
was still CO2 accumulated according to the NDIR measurements in Figure 20. At this 
point the outlet biogas purity was 87%. The reason for this low biogas purity was the 
increased frost layer on the heat exchanger surface, which limited the heat transport 
from the biogas. The process was here approaching a stable operating point with more 
constant temperature distribution and CO2 desublimation efficiency inside the heat 
exchanger. 

5.2.2 Test 2 
Test 2, 3 and 4 investigated the internal temperature profile of HX A with different 
operating conditions for the biogas. A constant mass flow rate and inlet temperature 
of the refrigerant media was used during these three tests. The mass flow rate was set 
to 9.8 ln/min with an inlet temperature close to -130 °C. As mentioned earlier these 
specific refrigerant flow conditions were used to compensate for the heat losses prior 
to separation. During the separation process only N2 was used as refrigerant media. 
This was done since the CH4 was connected to both the refrigerant stream and the 
biogas stream through a “T”-connection. Using the CH4 for both streams 
simultaneously would have interfered with the pre-adjusted biogas concentration. 
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The position of the thermocouples on HX A was changed in this test. They were 
placed on the side of the heat exchanger instead of on the back. This alteration was 
done in order to get the thermocouples closer to the biogas stream, as compared to 
before where they were placed just outside the refrigerant stream. The new 
thermocouple placement is illustrated in Figure 23.  

 

Figure 23 New thermocouple placement 

The NDIR measurements are presented in Figure 24. Between 10 and 60 seconds 
from the initiation of the test, the flow of CH4 from the rig was step by step replacing 
the intake of air. The biogas purity was approximately 100% from this point until 
t = 400 seconds. From there on, the purity gradually decreased. Towards the end, at 
t = 1000 to 1100 seconds the purity was about 73%.  

 

Figure 24 NDIR measurements, Test 2 

The registered temperature profiles are shown in Figure 25. The average temperature 
at the start of the test run was -111.6 °C. The temperature of the incoming refrigerant 
T4 was kept at -129.5 °C. T7 increased rapidly at first (from 10 to 100 seconds). 
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Thereafter the rate of temperature increase slowed down to a more constant level for 
the rest of the run. This was due to the increasing CO2 frost layer and the increasing 
heat exchanger temperature at that position. T8 to T11 increased in a similar fashion. 

 

Figure 25 HX A temperature distribution, Test 2 

Figure 26 displays the heat flow at Point 7 to 11. The heat flow peak for Point 10 was 
shifted in time compared to Test 1. This was due to the alteration of the thermocouple 
placements. After 400 seconds the biogas purity started to decrease, and at that time 
the heat front had partially passed Point 10 and was almost at its peak for Point 11.  

 

Figure 26 HX A heat flow, Test 2 

The pressure inside HX A is shown in Figure 27. Just before the biogas flow was 
started the pressure was around 1 bar and increased to 2 bar directly after that. The 
pressure remained constant at 2 bar for 400 seconds.  After that point the pressure 
increased linearly to a peak level of 2.7 bar. At the time 1130 seconds HX A froze up 
and the biogas flow was stopped. The small peaks along the line were due to 
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measurement noise from the pressure sensor. The total amount of accumulated CO2 
during this test was 26.6 grams. 

 

Figure 27 HX A pressure, Test 2 

5.2.2.1 Discussion 

Apart from the average temperature of HX A, the placement of the thermocouples 
differed in Test 1 and Test 2. The thermocouple at Point 10 got misplaced during the 
position change, shifting it too far down HX A. This can be seen from the heat flow at 
Point 10 in Figure 26, which has moved further to the right. Due to this the total heat 
flow like the one plotted in Figure 22 for Test 1 was not plotted in Figure 26 for  
Test 2. 

The biogas purity was almost 100% for both Test 1 and 2. The separated amount of 
CO2 during Test 1 and 2 was 23.8 and 26.6 grams respectively. The amounts 
accumulated during the high purity regions were even more similar; 13.3 and 13.6 
grams respectively. 

The pressure started to increase after 400 seconds during Test 2, which can be seen in 
Figure 27. This can be explained by looking at the results from the NDIR 
measurements in Figure 24 where the amount of outgoing CO2 also started to 
increase. Since there was then a larger amount of moles gas inside HX A, the pressure 
increased. 

When the total pressure inside the heat exchanger increased as a result of less CO2 
desublimation, it followed that the partial pressure of the CO2 also increased. This 
resulted in an increased desublimation temperature of CO2, which in turn resulted in 
more desublimation. The system reached an equilibrium point between these factors. 

5.2.3 Test 3 
Test 3 had same initial settings as Test 2 except that the biogas flow rate was doubled. 
In Figure 28 the results from the NDIR measurements are shown. The CH4 
concentration was almost constant at 98.9% until about 220 seconds into the test. 
After this point the output concentration of CH4 decreased and approached a steady 
level. The test was stopped after 780 seconds due to low biogas purity. The same 
thermocouple placement as in Test 2 was used during this test. 
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The accumulated amount of CO2 during Test 2 and 3 was 13.6 grams and the high 
purity time periods were 400 and 190 seconds, respectively. The amount of upgraded 
biogas during the high purity time period was similar in Test 2 and Test 3. The halved 
time for upgrading the same amount of biogas followed from the doubled biogas mass 
flow compared to Test 2. 

 

Figure 28 NDIR measurements, Test 3 

The temperature distribution inside HX A is shown in Figure 29. The temperature 
profiles were very similar to the ones in Test 2. The temperatures at the points closest 
to the biogas inlet increased first, followed by the ones further down. 

 

Figure 29 HX A temperature distribution, Test 3 

Figure 30 shows the heat flow distribution. The registered values from the 
thermocouple at Point 10 were irregular with some distinctive fluctuations that were 
not present at the other measurement points.  
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Figure 30 HX A heat flow, Test 3 

Comparing the results in Figure 30 with the results from Test 2 in Figure 26 some 
differences can be noticed. In this test, Point 9 had a higher heat flow for a shorter 
period of time than Test 2. It also reached its peak point after 110 seconds compared 
to after 170 seconds in Test 2. Point 10 and 11 peaked earlier and the heat flow was 
concentrated to a shorter period of time.  

5.2.3.1 Discussion 

Compared to Test 2, Test 3 had 

• Doubled biogas mass flow rate 

• Doubled biogas flow velocity 

• Halved biogas residence time 

• Equal biogas pressure 

• Equal HX A temperature 

The heat flow in Test 3 was more evenly distributed than in Test 2, with heat peaks 
more similar in size. This was due to the increased flow velocity, where the residence 
time in Test 3 was insufficient for the CO2 to desublimate at the leading edge. The 
concentration of CO2 was therefore higher further into the heat exchanger, which 
increased the heat flow there. As said before, the CO2 desublimation process 
represents 84% of the total heat demand. Thus, large differences in heat flow give an 
indication about this process. 

Slightly lower biogas purity was registered during this test, which was due to 
insufficient residence time. When the biogas flow velocity was doubled, the residence 

time was halved and the mass transfer coefficient increased by a factor 1.4 �√2�, from 

Eq. 22. The CO2 mass transfer rate is given by integrating Eq. 6 over the heat 
exchanger length. By multiplying the mass transfer rate with the residence time, the 
amount of separated CO2 is given. A halved residence time changes the separated 

amount of CO2 with a factor 0.7 H h√�I. 
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5.2.4 Test 4 
Test 4 investigated the effects of a lower biogas pressure. Figure 31 shows the gas 
composition measurements from the NDIR gas analyzer. Upon test initiation, the 
biogas purity reached 98% after 42 seconds. Thereafter the purity remained constant, 
but increased somewhat towards the max notation 99.4% at t=216 seconds. From 
there on the purity decreased slowly and at t=290 seconds the purity dropped below 
99%. After this point the biogas purity decreased at a steady pace. The same 
thermocouple placement as in Test 2 was used during this test. 

The accumulated amount of CO2 during the period of high purity (>98% CH4) was 
11.3 grams in Test 4 and 13.6 grams in Test 2. The use of atmospheric pressure 
shortened the time with high biogas purity to 288 seconds as compared to 400 seconds 
in Test 2. 

 

Figure 31 NDIR measurements, Test 4 

Figure 32 shows the temperature distribution in HX A and the temperature of the 
incoming and outgoing refrigerant. The temperature of the incoming refrigerant 
remained between -131 and -131.5 °C throughout the run. The temperature profiles 
were similar to those in Test 3, but the rate of temperature decrease for T7 to T11 was 
lower. This resulted in a less “steep” look of the temperature curves. 
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Figure 32 HX A temperature distribution, Test 4 

The values from Point 10 were scattered due to measurement noise. The data was 
therefore time averaged before being plotted. 

 

Figure 33 HX A heat flow, Test 4 

Point 7-11 had their maximum heat flow earlier in Test 4 than in Test 2. Compared to 
Test 3, Point 7-8 peaked at the same time while Point 9-11 peaked considerably later 
in Test 4. When the biogas purity started to decrease after about 300 seconds there 
was a heat flow peak for Point 10 and the heat flow was still increasing for Point 11. 

5.2.4.1 Discussion 

As the pressure during this test was atmospheric, the 2% saturation temperature of 
CO2 was lower than during previous tests. The registered heat exchanger temperature 
never reached the 2% desublimation temperature even though high biogas purity was 
registered. The incoming refrigerant temperature was however well below this level 
and this was the reason for the high biogas purity. 
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Compared to Test 2, Test 4 had 

• Equal biogas mass flow rate 

• Doubled biogas flow velocity 

• Halved residence time 

• Halved biogas pressure 

• Equal HX A temperature 

The heat flow in Test 4 was more evenly distributed than in Test 2. This was due to 
insufficient residence time for the CO2 to desublimate at the leading edge. The 
desublimation process therefore occurred further into the heat exchanger, in a more 
evenly distributed manner. The registered biogas purity during this test was slightly 
lower, which followed from insufficient biogas residence time. As a matter of fact the 
desublimation temperature is also lower under a lower pressure, see Figure 8. This 
contributed to the lower separation efficiency. The decreased pressure also increased 
the molecular diffusion coefficient as seen in Eq. 16 but the shorter residence time had 
a larger impact on the separation. 

Looking at Test 2 and 4, the amount of CO2 stored at the lower pressure during Test 4 
was about 83% of that in Test 2. This was due to the lower desublimation 
temperature. The thermal inertia of HX A in this test could be used to desublimate 
less CO2 compared to the higher pressure case, since HX A had the same initial 
temperature.  

Compared to Test 3, Test 4 had 

• Halved biogas mass flow rate 

• Equal biogas flow velocity 

• Equal biogas residence time 

• Halved biogas pressure 

• Equal HX A temperature 

The heat flow was similar in Test 4 and Test 3. This means that the biogas flow 
velocity and residence time were of greater importance for the CO2 frost distribution 
than the biogas mass flow rate and pressure. The small increase in heat flow for 
Point 8 came from the decreased CO2 desublimation temperature, which postponed 
the process further towards Point 8, rather than at Point 7. 

5.2.5 Test 5 
The purpose of Test 5-8 was to determine how the purity of the biogas depends on the 
heat exchanger temperature. These four tests were started with the same initial 
settings except for the temperature, but as can be seen from Table 5 the operating 
conditions changed when the process was started. The initial thermocouple placement 
from Test 1 was used during this test. 

In this test, the average temperature of HX A was -82 °C. The gas composition 
measurements are shown in Figure 34. Initially there was a peak in the CH4 
concentration but it leveled out rapidly and stabilized at around 80%. As the process 
continued, the concentration of CH4 increased steadily. Despite this increase the 
temperatures in HX A were fairly constant. The process continued until the 
differential pressure over HX A became too large and the process had to be stopped. 
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Figure 34 NDIR measurements, Test 5 

After about 140 seconds the concentration of CH4 started to increase until it reached 
87% and HX A froze up. As can be seen in Figure 35 the incoming temperature of the 
refrigerant media T4 decreased steadily during the test. 

 

Figure 35 HX A temperature distribution, Test 5 

In this test, an even temperature distribution along HX A was achieved. The most 
significant temperature was at Point 7, 60 seconds after the start of the biogas flow. 
The total accumulated amount of CO2 in the heat exchanger was found to be 10.1 
grams. 

5.2.5.1 Discussion 

During Test 5 the outlet CH4 concentration increased throughout the run, as shown in 
Figure 34. This can be compared to the other tests where the concentration instead 
decreased with time. This was due to the fact that the inlet refrigerant temperature 
decreased steadily during the test. This resulted in lowered wall temperatures of the 
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plates in HX A. In turn, this led to a decreased temperature of the biogas gas film 
closest to the wall, resulting in higher separation efficiency. 

The initial peak in CH4 outlet concentration after 60 seconds can be explained by the 
fact that the initial temperature at Point 7 was sufficiently low to desublimate almost 
all the incoming CO2. Figure 35 shows that the temperature at this point rapidly 
increased once the biogas flow had been started. After a few seconds of operation, the 
temperature of HX A was not low enough to desublimate all of the incoming CO2. 

5.2.6 Test 6 
In this test, the average temperature of HX A was -92 °C. The test was stopped after 
560 seconds when the differential pressure over HX A became too large. The gas 
analyzer measurements are shown in Figure 36 where the biogas purity stayed at a 
constant level of about 98%. The altered thermocouple placement as used in Test 2 
was used during this test. 

 

Figure 36 NDIR measurements, Test 6 

 

Figure 37 HX A temperature distribution, Test 6 
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As shown in Figure 37, the largest temperature increase after the biogas flow was 
started can be seen at Point 7 and 8.  

A total of 18.2 grams of CO2 was accumulated during this test. 

5.2.6.1 Discussion 

The temperature of the five measurement points on the heat exchanger was above the 
2% CO2 desublimation temperature for the entire run. The temperature of the 
incoming refrigerant was however fluctuating above and below this level. After about 
260 seconds the temperature of the incoming refrigerant decreased well below this 
level. At the same time, the biogas purity increased to a level of around 98%. This 
means that the last part of the CO2 was desublimated below Point 11, since T11 was 
not sufficiently low. 

5.2.7 Test 7 
In this test, the average temperature of HX A was -102 °C. The purity was found to be 
high throughout the separation cycle as shown in Figure 38. The decreased purity at 
approximately t = 120 seconds was caused by an increased temperature of HX A (see 
lines for T7-T11 in Figure 39). This was momentarily compensated for by an 
increased refrigerant flow. The initial thermocouple placement from Test 1 was used 
during this test. 

 

Figure 38 NDIR measurements, Test 7 

Between t = 300 and 380 seconds the biogas purity decreased, as shown in Figure 38. 
This was at the same time as the temperature inside HX A increased, as can be seen in 
Figure 39. The total accumulated amount of CO2 in HX A was 15.9 grams. 
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Figure 39 HX A temperature distribution, Test 7 

When T4 was above the 2% CO2 desublimation temperature, the biogas purity 
decreased somewhat. 

5.2.8 Test 8 
High biogas purity was achieved using even lower HX A temperature. The initial 
average temperature of HX A for this test was -110 °C. The test was aborted when 
HX A froze up by the desublimated CO2. The initial thermocouple placement from 
Test 1 was used during this test. 

Figure 40 shows the gas composition measurements of the test run. The biogas purity 
was high, around 100% for the whole run. 

 

Figure 40 NDIR measurements, Test 8 

Figure 41 shows the temperature distribution in HX A during the test run. The total 
accumulated amount of CO2 in the heat exchanger was 15.7 grams. 
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Figure 41 HX A temperature distribution, Test 8 

5.2.8.1 Discussion 

The results presented for Test 5-8 showed that in order to reach close to 100% biogas 
purity, a heat exchanger temperature of -102 °C was sufficiently low. The 
successively decreased temperature resulted in increased CO2 mass transfer 
properties. This followed from the lowered saturation concentration as stated in 
Chapter 3.3. These results apply for the operating conditions used in Test 5-8, with a 
certain biogas mass flow rate and pressure. The results would however not be the 
same if the separation process was run under different operating conditions. If the 
biogas mass flow rate was increased, a lower heat exchanger temperature would be 
required in order to reach high biogas purity. If the biogas pressure was increased, a 
higher heat exchanger temperature would be sufficient. 

5.3 Process regeneration 
The sublimation of CO2 started when the CO2 frost layer reached a temperature of 
around -78 °C, since the regeneration was performed under atmospheric pressure. The 
mass flow rate of the refrigerant media was kept constant during the regeneration, 
with a CH4 flow rate of 16 ln/min and a N2 flow rate of 12 ln/min. During the 
regeneration, the refrigerant flow was completely bypassed HX B, i.e. the refrigerant 
was not cooled before entering HX A.  

Because of the large thermal inertia of the heat exchanger, some time was needed to 
heat up HX A to the sublimation temperature of CO2. As can be seen from Figure 42 
the time required from the start of the regenerative cycle until the first amount of CO2 
started to sublimate was around 5 minutes. Since all the regenerative cycles performed 
were very similar in time as well as temperature distribution, only one is presented 
here. A typical regeneration cycle needed around 30 minutes to finish, i.e. to 
sublimate all the accumulated CO2 frost. Initially there was also a small amount of 
trapped CH4 leaving the system. 
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Figure 42 Regenerative cycle, NDIR measurements 

Figure 43 shows the temperature distribution in HX A. The temperatures that 
increased first were T11 and T10, which are located furthest down HX A. These were 
later followed by the temperatures T9, T8 and finally T7. This was to be expected, 
mainly due to the fact that the refrigerant media entered HX A counter-currently and 
heated up the lower parts first.  

 

Figure 43 Temperature in HX A during regeneration 

During the first 200 seconds the temperatures at the top of HX A, primarily T7 and 
T8, decreased. This was due to that the temperature of the incoming refrigerant media 
was cooled below the temperature of T7 and T8 by the lower parts of HX A before 
reaching the upper parts of the exchanger. 

5.3.1.1 Discussion 

During the first period in Figure 42, HX A was still colder than the sublimation 
temperature of CO2. After about 180 seconds a small stream of methane started to 
pass through the analyzer. When HX A froze up and the biogas flow was stopped, 
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there was CH4 trapped inside the system. As the temperature of the heat exchanger 
increased during the regenerative process, the density of the gas decreased and the 
CH4 was therefore pushed out. 

After about 300 seconds the heat exchanger reached high enough temperature to 
initialize the sublimation of the frozen CO2. After this point the flow of sublimated 
CO2 increased rapidly until the concentration reached 100%. After 1300 seconds of 
regeneration all the CO2 had been sublimated, and the test rig was ready for the next 
cool-down cycle to begin. 

The slopes of the curves in Figure 43 can be used as an indication to where the CO2 
was accumulated. A steeper slope indicates that the refrigerant media was able to heat 
up HX A quicker and that there was less CO2 at that position using heat for 
sublimation. The temperature at Point 10 and 11 increased at an almost constant pace 
throughout the entire regeneration process. This was due to that a relatively small 
amount of CO2 frost was accumulated here. Otherwise it would have shown up as a 
change in the slope when no CO2 was remaining to absorb the heat. The temperature 
increase at Point 9 was almost constant until after about 950 seconds, and later at 
1125 seconds, where it started to increase faster. After 1125 seconds there was 
therefore no more CO2 frost at that position. The same is valid for Point 8 which also 
had a temperature increase at 1125 seconds. The last point to have a sudden increase 
in temperature was Point 7, which would suggest that the main part of the remaining 
CO2 was located there. This CO2 distribution profile is also supported by experiments 
performed by other researchers, as shown in Chapter 3.3. 

Running the separation process with lower HX A temperature means that the 
temperature needs to be increased more in order to regenerate it, resulting in a longer 
regeneration time. The sublimation temperature of CO2 increases with increasing 
pressure. For pure CO2 under atmospheric pressure the sublimation temperature is  
-78.5 °C while at 3 bar it is -64 °C. When using higher biogas pressure during 
separation a higher heat exchanger temperature is sufficient to still achieve high CO2 
desublimation efficiencies. It follows that when the regenerative process is started and 
the pressure is decreased to atmospheric level, a smaller temperature increase is 
required in order to start sublimation. This results in a shorter regeneration time. If the 
pressure during regeneration instead is higher than atmospheric level, the regeneration 
time will be longer. 

By using a large pressure difference between separation and regeneration, the pressure 
swing principle can be used, i.e. when the change in pressure is used for the purpose 
of altering the CO2 sublimation temperature. If the pressure swing is large enough, the 
temperature of the heat exchanger does not have to be increased in order to start CO2 
sublimation. This decreases the time required to complete the regeneration cycle. For 
instance, a vacuum pump can be used to decrease the pressure and enhance the 
sublimation process. This would although result in increased investment costs and 
further complexity of the upgrading rig. 
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6 Discussion  
 

Test rig equipment 

There were two additional thermocouples not mentioned within the results chapter, 
namely the ones placed on the incoming and outgoing biogas stream (T1 and T2). 
Since the separation process was only run for a relatively short period of time, the 
thermal inertia of the copper tubing dominated during the process. Therefore the 
temperatures at those points never had time to stabilize. 

The thermocouples T7 to T11 were placed both on the back and on the side of the heat 
exchanger. Both configurations were tested. When the thermocouples were placed on 
the back they measured the temperature of the refrigerant media more directly, since 
the refrigerant was on the other side of the back plate. The refrigerant flow was mixed 
well enough by the corrugations inside HX A to give a quick response to the 
temperature changes caused by the biogas flow. Thanks to this, the temperature 
profiles presented for Test 1, 5, 7 and 8 gave a clear indication about what happened 
to the temperature at the next plate where the refrigerant met the gas flow.  

The thermocouples were about one centimeter long and when placed on the side of 
HX A they extended to measure over several plates. The thermocouples therefore 
measured an average value over these plates and also over both the biogas stream and 
the refrigerant stream. No difference in temperature profiles could be seen between 
the two different thermocouple setups. 

 

Test experiences 

The highest biogas pressure the rig was tested for was 2 bar absolute pressure. When 
using higher pressure, the fluctuations in the flow of biogas were too large to achieve 
stable operation. 

At some points in the heat exchanger the temperature was lower than the average 
temperature, and in other parts higher. The CO2 that was not successfully captured 
upstream where the heat exchanger temperature was higher than the desublimation 
temperature was instead captured downstream where the temperature was lower than 
the desublimation temperature. Near the biogas inlet the temperature of the plates was 
above the average HX A temperature during the performed tests. Having isothermal 
plates in HX A would result in more accumulation closer to the leading edge.  

The heat losses to the test rig from the surroundings before the start of the biogas flow 
was measured to around 11 W. This was a significant amount since the heat demand 
from the separation process during the performed tests was about 23 W. These large 
heat losses followed from the fact that most tubing was not insulated and a lot of 
humidity from the air condensed and froze onto the tubes. 
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Test rig improvements 

Larger upgrading capacity requires more heat transfer surface and therefore larger 
heat exchangers. By increasing the number of plates in HX A the biogas flow is 
divided into a larger number of streams. This increases the heat exchanger area but 
decreases the flow velocity. In order to ensure even CO2 accumulation across the heat 
exchanger plates, the biogas flow velocity needs to be increased. This is done by 
increasing the biogas mass flow rate. 

By increasing the heat exchanger plate length and also increasing the biogas flow 
velocity, the CO2 becomes evenly distributed while still maintaining high separation 
efficiency due to the longer residence time. 

It is possible to liquefy the CO2 while still extracting CH4 in gaseous phase. A 
continuous drain of liquefied CO2 eliminates the problem with the heat exchanger 
freezing up. Liquefying CO2 requires process pressures of at least 10 bar. Thus in 
order to make liquefaction possible, high pressure equipment is needed. 

 

Cycle running time 

Heating up HX A to sublimation temperature makes up a major part of the time 
required for the regeneration cycle. The upgrading process can be made more time 
efficient by running the separation cycle for as long as possible. By doing this, the 
regeneration cycle takes a smaller proportion of the total time. 

A larger pressure “swing” can be used to reduce the time needed to increase the 
temperature of HX A to sublimation temperature. A larger part of the regeneration 
time will thus be used for the actual sublimation of CO2.  

By using two or more heat exchangers in parallel operation, one heat exchanger can 
desublimate CO2 and freeze up, while the other one is being regenerated. In this way, 
the process does not need to be stopped because of heat exchanger freeze up. 

The separation cycle time is limited by the time until heat exchanger freeze up. A high 
frost layer density is desirable in order to prolong the time until the frost layer grows 
thick enough to hinder the biogas flow. As shown in Chapter 3.3, the density of the 
frost layer depends on several factors. The factors resulting in increased CO2 frost 
layer density are; a low plate temperature, a high flow velocity and a high pressure. 
By performing the separation under these conditions the cycle running time can be 
increased. 
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Biogas temperature and CO2 frost distribution 

The desublimation temperature of CO2 decreases with decreasing partial pressure, as 
mentioned in Chapter 3.3. This means that when the biogas enters the heat exchanger 
with a composition of 40% CO2 and 60% CH4, a temperature of -80 °C is required to 
desublimate the first amount of CO2. 

In order to freeze out CO2 evenly across the heat exchanger surface, the biogas should 
be successively cooled. By cooling the biogas along the CO2 saturation curve with a 
constant decrease in concentration, from 40% down to 1%, an even CO2 frost layer 
will be formed. At 2 bar absolute biogas pressure this means that the CO2 partial 
pressure should decrease from 0.8 bar to 0.02 bar. The corresponding temperature 
curve is shown in Figure 44. 

 

Figure 44 Biogas cooling curve for an even CO2 distribution 

The temperature is plotted for a heat exchanger length of 187 mm since that was the 
length of HX A. The temperature profile shows what temperature the biogas should 
have at each point in the heat exchanger, however the temperature of the heat 
exchanger has to be below this level. 
 
The biogas enters the heat exchanger at around 20 °C and in order for it to reach  
-81 °C at the beginning of the plate, the heat exchanger temperature at the upper part 
has to be significantly lower than this. Another option is to pre-cool the biogas to a 
temperature of around -70 °C before it enters the separation heat exchanger. This 
would make the required heat exchanger temperature distribution more similar to that 
in Figure 44. The temperature of the heat exchanger would although have to be lower 
in order to have sufficient thermal driving force. 
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7 Conclusions 
 

Separation 

Biogas purity exceeding 99% was measured and proven to be achievable during 
continuous operation for a time period of around 9 minutes.  

The upgraded biogas purity is highly dependent on the temperature of the heat 
exchanger. In order to reach 99% biogas purity, the lowest temperature in the heat 
exchanger has to be below -118 °C. 

Higher biogas flow velocity results in a more evenly distributed CO2 frost layer. 
Reduced biogas residence time results in lower separation efficiency. 

The biogas purity is higher when running the separation process with higher biogas 
pressure, compared to using lower pressure. An increased biogas pressure reduces the 
need for a low heat exchanger temperature. A high biogas pressure during separation 
also enables the pressure swing principle to be used for regeneration, reducing the 
need for unnecessary heating of HX A. 

 

Heat exchanger regeneration 

The time required for one regeneration cycle is large compared to the time for one 
separation cycle. 

The regeneration time is reduced by 

• A small temperature difference between the temperature of the heat exchanger 
during the previous separation cycle and the sublimation temperature during 
the regeneration cycle 

• A high temperature and flow rate of the regenerative refrigerant 

• A low pressure inside HX A 

If the pressure swing principle is not used, having a heat exchanger with small heat 
capacity also reduces the regeneration time. 
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